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About the Book

This book provides an introduction to the basic concepts of chemical reactor analysis and
design. It is aimed at both the senior level undergraduate student in Chemical Engineering
and the working professional who may require an understanding of the basics of this area.

This book starts with an introduction to the area of chemical reactions, reactor classifica-
tions, and transport phenomena, which is followed by a summary of the important
concepts in thermodynamics that are used in reactor analysis. This introduction is fol-
lowed by a detailed development of mole and energy balances in ideal reactors, including
multiple reactor systems. A detailed explanation of homogeneous reaction kinetics is then
given, including a discussion of experimental techniques in kinetic data analysis. The next
chapter describes techniques used in analyzing nonideal reactors, including the residence
time distribution and mixing effects. The remainder of the book is devoted to catalytic
systems. This latter part of the book contains chapters on the kinetics of catalytic systems,
heat and mass transfer effects, and heterogeneous reactor analysis. The final chapter is
devoted to experimental methods in catalysis.

There are many worked-out examples and case studies presented in the text. Additional
problems are given at the back of each chapter.

At the end of reading this book, and working the problems and examples, the reader
should have a good basic knowledge sufficient to perform most of the common reaction
engineering calculations that are required for the typical practicing engineer.
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Preface

It has been about 10 years since the first edition of this book was published, and it is prob-
ably appropriate to begin by offering a justification for writing the book initially, and
generating a second edition. As noted in the preface to the first edition, there are many
good textbooks on chemical reaction engineering in existence. Many of the existing books
on chemical reaction engineering are both excellent and comprehensive. (Elements of
Chemical Reaction Engineering by Scott Fogler [1999] and Chemical Reaction Engineering by
Octave Levenspiel [1999] are both considered classics in the field.) However, it can be this
very comprehensiveness that may make them confusing to the neophyte. Most books con-
tain material sufficient for several courses on chemical reaction engineering, although in
some books the more complex topics are touched on only lightly. Other texts contain a mix
of undergraduate and graduate level material, which can also make it difficult for the
beginner in this topic to progress easily. This book, therefore, is not meant to be either
comprehensive or complete, nor is it intended to offer a guide to reactor appreciation or
give detailed historical perspectives. Rather, it is intended to provide an effective intro-
duction to reactor analysis, and contains sufficient material to be covered in two terms of
about 35-50 min lectures each on reactor analysis. At the end of reading this book, and
working the problems and examples, the reader should have a good basic knowledge suf-
ficient to perform most of the common reaction engineering calculations that are required
for the typical practicing engineer.

Chemical kinetics and reactor design probably remain as the engineering specialization
that separates the chemical engineer from other types of engineer. Detailed mastery of the
subject is not, however, essential for the typical chemical engineering graduate at the
Bachelor level, because only a few percent of such graduates become involved in research
and design careers that involve complex chemical reaction engineering calculations. On
the other hand, a significant number of chemical engineers are employed during some
stage in their careers with responsibilities involving the operation of a chemical process
plant; as process engineers they are expected to provide objective interpretations regard-
ing reactor performance and means of improving its operation. In this regard some train-
ing in the area of chemical reaction engineering is essential to enable the understanding
of the factors that affect the performance of a chemical reactor, and thus to effect
performance-enhancing measures. This book is thus directed to the majority of students
who will be generalists, rather than the small minority who will become specialists in the
art of reactor design.

For this, the second edition, the scope of the material has been significantly enhanced.
In addition to rearranging the material from the first edition, and the correction of the
inevitable errors, five chapters have been added on catalytic reaction engineering. Whereas
the first edition was designed for a single course in reaction analysis, and thus focused on
homogeneous systems, this edition is designed for two courses in reaction engineering.

This book grew from a set of lecture notes in reactor analysis that was used in the senior
year undergraduate courses in reaction engineering. As mentioned, it was designed to be
used for two courses in reaction analysis. It should be possible to cover all of the material
presented in the text in two courses consisting of around 35 lectures, each of 50 min dura-
tion, and 10-12 1 h problem-solving periods.
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XX Preface

As noted, this textbook is based on the contents of two undergraduate courses in chem-
ical reaction engineering taught in the Department of Chemical and Materials Engineering
at the University of Alberta. The students taking these courses have previously taken
courses in thermodynamics, numerical methods, heat transfer, and fluid flow. Some
knowledge in all of these areas is assumed, and these basics are not discussed in detail, if
at all. The exception is thermodynamics of chemical reactions. Because of the importance
of this topic to chemical reaction engineering, more than a passing mention is made to
this area. It should be noted, however, that the material on chemical reaction thermody-
namics is brief, and is intended only to provide a refresher to the student whose knowl-
edge is a bit rusty. Some prior knowledge of kinetics is useful, for understanding the
material in this book.

The order in which the chapters are presented reflects the sequence of the material as
presented in the author’s courses in chemical reaction engineering. Some readers may be
surprised to see that basic reactor mole balances are discussed prior to the detailed devel-
opment of kinetics and rate expressions. This choice is deliberate, and reflects the authors’
experience. If simple reactors, especially flow reactors, are introduced early, it tends to
eliminate the impression that a reaction rate is defined as the rate of change of concentra-
tion with time. This appears to be an artifact from kinetics as taught in many chemistry
classes, where only batch reactors are considered. However, Chapter 5 on kinetics does
stand on its own, and could probably be taught prior to Chapter 3 if the instructor feels
strongly about it. If this book is used for two courses, then it is suggested that the first
course covers Chapters 1 through 4, and either Chapter 5 or 6. The second course would
then include Chapter 5 or 6 and Chapters 7 through 11.

Numerical methods are presented in an Appendix. They are essential to the solution of
most realistic problems in chemical reaction engineering. There is much good software
available on the market today, which makes the solution of the nonlinear problems encoun-
tered in CRE relatively straightforward. The reader is expected to have sufficient under-
standing of numerical methods to be able to solve systems of linear and nonlinear algebraic
equations, as well as systems of first-order nonlinear ordinary differential equations.

There are many worked out examples presented in the text, as experience has shown
that these are one of the most effective learning tools. Additional problems are given at the
back of each chapter.

As this is by design a simple text, and in no way intended to be a comprehensive refer-
ence text, suggestions for further reading have been provided. There are many books
available, so the student should be able to find one that suits his or her style.

MATLAB® is a registered trademark of The MathWorks, Inc. For product information,
please contact:

The MathWorks, Inc.

3 Apple Hill Drive

Natick, MA 01760-2098 USA
Tel: 508 647 7000

Fax: 508-647-7001

E-mail: info@mathworks.com
Web: www.mathworks.com
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Nomenclature

Some commonly used symbols are given in the following list. The list is not all inclusive,
and in most cases symbols are defined when they are introduced. It should be pointed out
that various books on chemical reaction engineering may use different symbols or give dif-
ferent meanings to the symbols used here. Also, some symbols may have more than one
meaning (sometimes many): the correct one depends on the context. The units given below
are for the most part the standard SI units. Other units are used in various books and also
in this text. Symbols representing variables are usually written in italics, whilst symbols
representing chemical species (a, B, C, etc.) are written in normal script. Separate lists are
given for Roman letters and Greek letters; however, where the Greek A is used to indicate a
change in the value of a property, the corresponding variable appears in the main variable
list, according to the alphabetical order determined by the letter following the A symbol.

The use of double subscripts has been avoided as much as possible. Rather, when two
subscripts are required to identify a quantity, the subscripts are separated by commas
when necessary. For example, F,, is used to denote the total molar flow rate at the inlet to a
reactor.

activity of component j in solution, dimensionless
wetted surface of packed bed, m™
surface area per unit volume, m
pre-exponential factor, units vary
concentration, mol/m?3
concentration of species j, mol/m?
concentration of species j at time zero or at reactor inlet, mol/m3
final concentration of species j at time ¢ (batch reactor), mol/m3
concentration of species j at reactor outlet (flow reactor), mol/m?
constant pressure heat capacity, J/mol K
constant volume heat capacity, J/mol K
pore diameter, m
diameter, m
diffusion coefficient, m2/s
effective diffusivity, m?/s
Knudsen diffusion coefficient, m?/s
Particle diameter, m
total energy, J/mol
activation energy, J/mol
friction factor, dimensionless
f; fugacity of component j, bar
fi fugacity of component j in solution, bar
i fugacity of component j at the standard state, bar
) residence time density function, dimensionless
F; molar flow rate of species j, mol/s
F, total molar flow rate, mol/s
F() cumulative residence time distribution function, dimensionless
g acceleration owing to gravity, 9.81 m/s?
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Nomenclature

superficial mass velocity, kg/m? s

molar free energy of component j, J/mol

molar free energy of component j in the standard state, J/mol
standard free energy change of formation, J/mol
standard free energy change of formation at 298 K, J/mol
free energy of reaction for arbitrary process, J/mol
standard free energy change of reaction, J/mol
standard free energy change of reaction at 298 K, J/mol
heat transfer coefficient, W/m? K

enthalpy, ] or J/mol

heat of adsorption, J or J/mol

standard enthalpy change of formation, J/mol
standard enthalpy change of formation at 298 K, J/mol
enthalpy of reaction for arbitrary process, J/mol
standard enthalpy change of reaction, J/mol
standard enthalpy change of reaction at 298 K, J/mol
rate constant (various subscripts used), various units
thermal conductivity, W/m K

adsorption rate constant, various units

desorption rate constant, various units

mass transfer coefficient, m/s

equilibrium constant, dimensionless

permeability of porous medium, m?

pressure equilibrium constant ideal gas, bar”
equilibrium constant ideal gas, dimensionless
length, m

mass, kg

mass flow rate, kg/s

mass of species j, kg

molar mass of species j, kg/kmol

average molar mass of mixture, kg/kmol

number of moles, mol

number of moles of species j, mol

molar flux of species j, mol/m?s

total number of moles, mol

pressure bar

rate of heat transfer, W = J/s

incremental volumetric flow rate, m3/s

volumetric flow rate, m3/s

radial coordinate or radius, m

rate of mass transfer, mol/m?s

rate of heat transfer, W/m?

rate of adsorption, mol/m3 s

rate of formation of species j, units vary

rate of disappearance of species j, units vary

recycle ratio

gas constant, 8.314/mol - K

steric factor, dimensionless

point selectivity, dimensionless
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[0Sz standard entropy change of reaction, J/mol - K

t time, s

t mean residence time, s

T temperature, °C or K

u velocity, m/s

U, mean velocity, m/s

u internal energy, | or J/mol

u overall heat transfer coefficient, W/m?2 K

v velocity, m/s

v volume adsorbed, m?

v, volume adsorbed in a monolayer, m?

U, average velocity, m/s

v, superficial velocity, m/s

%4 volume, m3

w; mass fraction of species j, dimensionless

W mass of catalyst, kg

W work, W = J/s

W expansion (pressure volume) work, W = J/s

W flow work, W = J/s

Wi shaft work, W = J/s

WI(t) washout function, dimensionless

X; liquid phase mole fraction of species j, dimensionless
X; fractional conversion of species j,dimensionless

Y gas phase mole fraction of species j, dimensionless

Y; gas phase mole fraction of species j, dimensionless

z height above a reference point, distance along reactorm
z; mole fraction of component j, dimensionless

Zag frequency of collisions between A and B, collisions/m?s
I

Greek Letters

stoichiometric coefficient, positive for reactants and products
coefficient of thermal expansion, K™

porosity, dimensionless

porosity, dimensionless

contact angle, dimensionless

volume fraction, dimensionless

Thiele modulus, dimensionless

effectiveness factor, dimensionless

activity coefficient of component j, dimensionless

residual life, s

viscosity, Pa s

ith moment of the residence time distribution, dimensionless
Stoichiometric coefficient, negative for reactants, positive for products
normalized moments of RTD function, dimensionless
normalized residence time, dimensionless
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Nomenclature

XXX
0; fractional coverage of surface sites by species i, dimensionless
0, fraction of vacant sites, dimensionless

p density, kg/m3

P bulk density, catalyst mass divided by reactor volume, kg/m?
Pc catalyst density, kg/m?

o surface tension, N/m

4 variance of the residence time distribution, dimensionless

T space time, s

I

Abbreviations

AES Auger electron spectroscopy

BET Brunauer-Emmett-Teller

CSTR Continuous stirred tank reactor

CVBR Constant volume batch reactor

GHSV Gas hourly space velocity

HTF Heat transfer fluid

LHHW  Langmuir-Hinshelwood-Hougen-Watson

LHSV Liquid hourly space velocity

PFR Plug flow reactor

RTD Residence time distribution

SAM Scanning Auger microscopy

SEM Scanning electron microscopy

% Space velocity

TEM Transmission electron microscopy

XPS X-ray photoelectron spectroscopy
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Introduction

The analysis and design of chemical reactors is an area that is a distinguishing feature of
chemical engineering. Although some other engineering disciplines deal with chemically
reacting systems, this domain is usually reserved for the chemical engineering profession.
As will be seen throughout this text, it is an area that relies extensively on all of the basic
building blocks of the chemical engineering curriculum. A well-designed reactor is one
that produces a desired product safely, without adverse environmental effects, in an
economical manner, and to a desired specification.

Chemical reaction engineering involves the application of basic chemical engineering
principles to the analysis and design of chemical reactors. Chemical reactors are the heart
of the majority of industrial chemical plants, including those based on the exploitation of
biotechnology. The understanding, analysis, and design of chemical reactors utilize all of
the concepts taught in a classical chemical engineering program, and, as such, can be said
to be at the apex of a chemical engineer’s education. Many of the operations in a chemical
plant can be viewed as supporting the reactor. For example, heat exchange, separations
processes, and so on may be used to pretreat a reactor feed, and then to separate the reactor
effluent into its constituent parts. Process control may be used to maintain the reactor
operation at the desired set point. The development of a good level of proficiency in reactor
analysis therefore requires a good understanding of all of the basic chemical engineering
principles.

The importance and versatility of reaction engineering in the manufacture of useful
products can be illustrated by considering some of the possible products that can be made
from a natural gas feedstock. An overview of some of the myriad possibilities is illustrated
in Figure 1.1. Natural gas consists primarily of methane and ethane, with some higher
light hydrocarbons (sometimes referred to as condensate). Typically, natural gas is sepa-
rated into three streams, consisting of methane, ethane, and other hydrocarbons. The
ethane can be fed to a chemical reactor where it is dehydrogenated to form a mixture of
ethene and hydrogen. After removing the hydrogen from the effluent, the ethene may then
be reacted in different reactors under different operating conditions to form various types
of polyethylene, such as low-density polyethylene (LDPE) or high-density polyethylene
(HDPE). Polyethylene is used in a wide variety of consumer products. Ethane can also be
partially oxidized to produce ethylene oxide, which may then be reacted with water to
produce ethylene glycol. Ethylene glycol is widely used as a coolant.

Methane gas can be burned with air in a chemical reaction to provide thermal energy for
heating applications. Alternatively, methane may be mixed with steam and fed to a
catalytic reactor to produce a mixture of carbon monoxide and hydrogen, often referred to
as synthesis gas (or colloquially, syngas). Synthesis gas may be used as feed to another
reactor to produce methanol, which is used in many consumer products, for example, deic-
ing fluid and gasoline additives. Methanol may also be reacted with oxygen to form form-
aldehyde. Methanol and butene can be combined in a different type of reactor to form
methyl-tert-butyl-ether (MTBE), which is used as a gasoline additive, among other things.
Methanol can also be reacted over yet another type of catalyst to form gasoline and water.
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FIGURE 1.1

[lustration of some possible products that can be made from natural gas using chemical reactors. The symbol
R in a box denotes a reactor and S denotes a separator. Each reactor is operated differently. Note that not all
reactants and/or products present are shown in each case.

In another process, the carbon monoxide is removed from the syngas to leave an
essentially pure hydrogen stream. The hydrogen is mixed with nitrogen, and then passed
through a high-pressure reactor to produce ammonia. Ammonia is used directly in the
manufacture of many items. Ammonia can also be oxidized to form nitrogen dioxide
(NO,), which, when mixed with water, forms nitric acid. Note that the heart of each of
these processes is the chemical reactor. The choice of the operating conditions of the
reactor, including the catalyst type, determines the product produced.

Chemical reaction engineering is involved in both the analysis of existing systems and
the development of new processes, and both roles may be encountered by the active
chemical engineer.

1.1 Process Development

Chemical reaction engineering plays a role at all levels of process design and development.
At each step, different methodologies are employed, as each step in the process has differ-
ent objectives. The steps in the development of a process from idea to production plant
may be broadly outlined as:

e Discovery—A new reaction is usually discovered and developed in a research
laboratory, either at a university or in an industry. The discovery may be the result of
fundamental or exploratory research, conducted solely to “see what happens if ....”
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Such research is often conducted in university laboratories. Alternatively, there may
be a perceived need for a product, and a research program is designed to find a way
of producing that product economically.

o Technical and economic feasibility—Once a new discovery has been made, analysis is
usually performed to determine its economic viability. The discovery must offer
the promise of a new product, or a new or improved process for manufacturing an
existing product.

o Commercial reactor development—Once it has been determined that a process offers
promise, a reactor must be design. The design will include a determination of the
type of reactor to be used and the operating conditions. The design of a reactor
requires that the kinetics of the reaction be known, which, in turn, will require the
experimental determination of reaction rate parameters. The development phase
will include much bench-scale and pilot-scale work, and comprehensive reactor
modeling before a full-scale reactor can be built.

e Process or plant development—The final phase of the analysis is the development of
the complete chemical plant or process unit. This phase involves the design of feed
and product stream processing equipment, including separations units, heat
exchangers, and so on.

1.2 Basic Building Blocks of Chemical Reaction Engineering

It was stated that chemical reaction engineering is at the apex of chemical engineering,
using as it does all of the principles of chemical engineering. This section briefly outlines
the importance of each major engineering concept and its contribution to the area of
chemical reaction engineering. Furthermore, the difference between the three fundamen-
tal parts of chemical reaction engineering—chemical kinetics, chemical reactor analysis, and
chemical reactor design—is explained. Figure 1.2 shows a simplified diagram of the
relationship among some of the key chemical engineering areas.

Chemical kinetics deals with the velocity of reactions: broadly speaking, it tells us how
long it will take to achieve a specified level of conversion and what products will be formed.
Transport phenomena are key elements of chemical engineering, and hence chemical reac-
tion engineering. The three transport phenomena are the transport of momentum (fluid
flow), the transport of energy, and the transport of mass. These three phenomena are usu-
ally covered in courses on fluid mechanics, heat transfer, and mass transfer (including sepa-
rations processes) in the chemical engineering curriculum. Thermodynamics plays a role in
the prediction of equilibrium states of reactions, energy changes on reaction, and, in some
cases, vapor-liquid equilibrium. Combining kinetics, transport equations, and thermody-
namics, reactor analysis is used to predict concentrations and temperatures in a given type
of reactor. Reactor analysis involves the solution of systems of complex equations that gov-
ern the transport, thermodynamics, and kinetics of the reaction. The solution of these equa-
tions usually requires equally complex mathematical methods, involving the numerical
solution of systems of equations on a computer. Therefore, both mathematical and com-
puter methods are used extensively. Reactor analysis is used to predict temperature and
concentration distributions, and hence the rate of conversion of reactants into products, in a
given reactor type with specified operating conditions. It does not deal with topics such as
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FIGURE 1.2
[lustration of the relationship of kinetics, reactor analysis, and reactor design to the main areas of the chemical
engineering curriculum.

vessel wall thickness or other mechanical design considerations. The complete topic of
reactor design, as opposed to reactor analysis, includes these considerations, and leads to a
working reactor concept. Reactor design will thus require knowledge in areas such as
strength of materials and other aspects of materials science. This book deals exclusively
with reactor analysis, and not reactor design. Finally, once a reactor design is selected, the
ancillary equipment, such as separations units, heat exchangers, and so on, is included to
give a complete process design. The development of a final design usually requires an itera-
tive procedure. For example, a preliminary reactor design may require the use of less than
ideal separations equipment, and therefore the engineer designing the process may return
to the reactor design and analysis stages to make needed changes to the final design.

1.3 Outline of the Book

The remainder of this book covers the material required for basic reactor analysis. The rest
of this chapter is devoted to an introduction to kinetics, reactor types, and some commonly
used terms. Chapter 2 provides a review of chemical engineering thermodynamics.
Chapters 3 through 6 cover homogeneous reactions and homogeneous reactors. Chapter 3
covers mole balances in ideal reactors for three common reactor types. Chapter 4 covers
energy balances in ideal reactors. Chapter 5 covers the area of chemical reaction kinetics,
including mechanisms of reaction and rate expressions. Experimental methods are also
explained in this chapter. Chapter 6 provides an introduction to nonideal reactors. Chapters
7 through 11 deal with material on catalytic systems, both kinetics and reactors. Chapter 7
is an introduction and overview of catalytic systems. Chapter 8 covers catalytic kinetics,
including adsorption. Chapter 9 deals with the transport processes that occur in catalytic
systems. Chapter 10 explores some of the common catalytic reactor designs, with an
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emphasis on the fixed bed reactor for gas-phase reactants. Finally, Chapter 11 explains
some of the experimental methods used in catalytic reactions.

1.4 Introduction to Chemical Reactions

A chemical reaction involves the rearrangement of the chemical bonds in the molecules
that participate in the reaction. This rearrangement of bonds may involve a single mole-
cule that can undergo an internal rearrangement to form an isomer, or one in which the
molecule can split into two or more fragments. More commonly, the reaction proceeds
between two or more molecules, with a complex restructuring of these molecules. For
example, the combustion of methane, CH,, is represented by the overall reaction

CH, + 20, — CO, + 2H,0 1.1)

The stoichiometry of the reaction refers to the number of reactant and product molecules
that participate in the reaction. In the reaction of Equation 1.1, one molecule of methane
reacts with two molecules of oxygen to give one molecule of carbon dioxide and two mol-
ecules of water. Typically, methane is mixed with air and then burned: the air provides a
source of oxygen. In addition, air contains nitrogen that does not participate in the com-
bustion reaction: species present in a reacting mixture that do not react are referred to as
inert. Furthermore, if methane is burned in air, there are usually more than 2 mol of oxy-
gen present for each mole of methane present. Oxygen would therefore be considered an
excess reactant, as there is more than the amount required by the reaction stoichiometry.
Methane would be the limiting reactant because, if the reaction proceeds to completion,
methane will be the first reactant to be totally consumed.

The reader may have noticed that the reaction representing the combustion of methane
was written with an arrow pointing from the reactants (methane and oxygen) to the prod-
ucts (water and carbon dioxide). Before proceeding further, we introduce the concept of
reversible and irreversible reactions. Consider, for illustration purposes, the reactions
involving carbon monoxide, water, hydrogen, and methane. It was stated in the introduc-
tion that a mixture of methane and water can be passed over a catalyst to produce carbon
monoxide and hydrogen. This reaction can be written as

CH, +H,0 — CO +3H, (1.2)

However, if carbon monoxide and hydrogen are passed over a nickel catalyst under the
appropriate conditions of temperature and pressure, methane and water will be produced.
This reaction is

CO + 3H, — CH, + H,0 (1.3)

It canbe seen that the reaction of Equation 1.3 is simply the reverse reaction of Equation 1.2.
The reaction among these species is therefore called a reversible reaction and the reaction is
typically represented in the following manner:

CO + 3H, = CH, + H,0 (14)
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The double arrow between the reactants and products shows that the reaction can
proceed in either direction. The distribution between the reactants and the products
depends on the reactor temperature and pressure, the catalyst (if present), and the value of
the equilibrium constant (equilibrium considerations are discussed in Chapter 2). When a
reaction can easily proceed in either direction, particular attention often must be paid to
the reactor operating conditions. In contrast to reversible reactions, there are many reac-
tions that may, for all practical purposes, be considered irreversible. A reaction is usually
called irreversible if the equilibrium constant is so large that the reaction can proceed
essentially to completion, that is, the conversion of reactants into products is essentially
complete, and little if any of the limiting reactant remains (assuming sufficient residence
time in the reactor). Such reactions are usually written with a single arrow between
reactants and products, as was done with the combustion of the methane example cited
earlier in this section.

In common with other disciplines, the study of chemical reactions can be codified by
classifying reactions according to their important features. Although there are count-
less chemical reactions, all of them can be divided into homogeneous and heterogeneous
reactions.

® Homogeneous reaction—In a homogeneous system, all of the species involved in the
reaction are present in a single phase. For example, the combustion of methane
and air in a burner where a flame is present is a homogeneous reaction. Many
industrial reactions are carried out in a single phase. In the illustration of reactions
from natural gas discussed previously, the dehydrogenation of ethane to produce
hydrogen and ethene is a homogeneous reaction.

e Heterogeneous reaction—In a heterogeneous system, more than one phase is
involved in the reaction. An example is the combustion of a solid fuel, such as
wood being burned, where both solid and gas phases are present. Many industrial
processes use solid catalysts. In such a system, the reactants and products are
either gases or liquids, so such systems are also heterogeneous.

1.4.1 Rate of Reaction

In reactor analysis, the rate of reaction is of primary interest. The rate of reaction is a measure
of how quickly a reaction occurs. In other words, for specified conditions of temperature
and reactant concentration, the rate of reaction determines how long it will take to achieve
a given conversion of reactants into products. The rate of reaction may be expressed in
terms of the rate of disappearance of a reactant, or the rate of formation of a product. The
rate of reaction may have a variety of units, the common one is mol/s. Usually, the reaction
rate is expressed in terms of reactor volume (e.g.,, mol/m? - s), mass of catalyst (e.g., mol/
kg - s), or catalyst surface area (e.g., mol/m? - s).

Chemical reactions may be conducted in the presence of a cafalyst. A catalyst is a
substance which increases the rate of a reaction by providing an alternative reaction
pathway between reactants and products. This path has a smaller activation energy than
the uncatalyzed reaction. The catalyst participates in the chemical reaction but is not
ultimately changed (in the ideal case), although the catalyst may lose its activity over time.
Catalysts can be divided into homogeneous catalysts, in which the catalyst and the reactants
are in the same phase, and heterogeneous catalysts, in which the catalyst is in a different
phase than the reactants.
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1.5 Classification and Types of Reactors

Chemical reactors have many designs and configurations. Although there is a danger of
oversimplification when attempting to classify reactors, there are nonetheless a number of
factors that are typically used to distinguish among reactor types.

The presence of flow streams during reaction is one important criterion for reactor
classification. Batch reactors do not have inlet and outlet flow streams during operation. In
contrast, continuous flow reactors are operated with inlet and outlet process streams. The level
of mixing, which is related to the flow pattern, is also important, and reactors can be oper-
ated in any region from perfect mixing to negligible mixing. The number of phases (solid,
liquid, or vapor) in the reactor is also important. Homogeneous reactors contain a single phase,
and heterogeneous reactors (also called multiphase reactors) contain more than one phase.

1.5.1 Batch and Semibatch Operation

One of the most fundamental classifications of chemical reactors distinguishes between
those reactors in which an initial quantity of material is reacted without the addition or
removal of material, and those that operate with inlet and outlet flows. Those without
flows are called batch reactors, and form an important area of reactor analysis.

1.5.1.1 Batch Reactor

A batch reactor has no inlet or outlet flows. In operation, the reactor is charged with reactants,
the reaction proceeds, and then the reactor is emptied. Batch reactors can have constant or
variable volume. They are often used where small quantities of very expensive products are
produced, for example, in the pharmaceutical industry to produce drugs. In addition,
many fermentation reactors (e.g., those used in the production of beer or ale) are operated
as batch reactors. Batch reactors are also used in kinetic analysis, a topic discussed in
detail in Chapter 5.

A typical batch reactor consists of a stirred tank. Figure 1.3 shows a tank that is stirred
by a single impeller located along the axis of the tank. Typically, baffles are used at the
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A typical batch reactor that may consist of a stirred tank containing the reactants. There are no inlet or outlet
streams present during operation.
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tank wall to ensure a flow pattern conducive to good mixing of the reactor contents. Note
that the reactor illustrated is just one possible arrangement, and many configurations are
used in practice. Batch reactors may be used for reactions with single or multiple phases,
and for both catalytic and noncatalytic reactions. Furthermore, batch reactors may be well
mixed, in which case the temperature and concentrations of all species are uniform
throughout the reaction vessel, or they may contain significant gradients of temperature
and/or concentration.

1.5.1.2 Semibatch Reactor

The term “semibatch reactor” is often applied to reactors that operate in neither fully
continuous nor batch mode. A typical example is shown in Figure 1.4. The reactor may
initially contain a mass of material, and, during the course of reaction, material is added
but none is removed. After some time, the addition might be stopped and the products
removed. Alternatively, once the addition of material stops, the reactor may continue to
operate as a batch reactor. The semibatch reactor is a transient reactor, and cannot operate
at steady state.

Semibatch operation can also be used to describe the start-up of a continuous flow
reactor (see Section 1.6.2). In this scenario, once the reactor is full, an effluent stream from
the reactor commences, and the reactor volume may remain constant during subsequent
operation.

1.5.2 Continuous Flow Reactors

Continuous reactors have inlet and/or outlet streams. As with batch reactors, they may be
homogeneous or heterogeneous reactors. Continuous reactors are often operated at steady
state, that is, where the mass flow rate into the reactor is equal to the mass flow rate out of
the reactor, and the temperatures and concentrations at all points in the reactor do not
change with time. Unsteady-state operation may be used under some circumstances and
will prevail during start-up, shutdown, or after a change in one of the process variables.
Continuous reactors vary widely in configuration and are often classified according to

Reactants
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A semibatch reactor that may be a well-stirred tank reactor to which material is added during the operation. For
a liquid-phase reaction with no effluent stream, the reacting volume will increase with time.
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their internal flow patterns. In common with many chemical engineering applications,
much use is made of “ideal” or model flow patterns. A large amount of reactor analysis is
based on these ideal flow patterns. The two commonly encountered ideal reactor types are
the perfectly mixed and the plug flow reactors.

1.5.2.1 Perfectly Mixed Flow Reactor

In anideal perfectly mixed reactor, the mixing inside the reactor is assumed to be complete;
thus, both the temperature and the concentration of all of the species are the same at every
point in the reactor. A consequence of this uniform composition is that the temperature
and composition of the effluent stream is the same as that in the reactor. Although many
reactor configurations are possible, a perfectly mixed flow reactor usually consists of a
stirred tank, as seen in Figure 1.5.

The reactor vessel usually contains some baffles at the wall to enhance turbulence and
hence the level of mixing. A variety of impellers designs have been used in commercial
reactors: two common examples are Rushton turbines and propellers. With a well-designed
reactor, nearly perfect mixing can be achieved under some operating conditions. Typically,
perfect mixing can be closely approximated in liquid-phase reactions where the fluid has
a low viscosity and simple rheological behavior. Reactions involving highly viscous non-
Newtonian fluids usually require special consideration, and perfect mixing is rarely
achieved with these fluids.

The sizing of the tank and impeller owes a lot to experience and empirical data. As
mentioned, stirred tank reactors are most commonly used for liquid-phase reactions,
although some gas-phase reactions are also conducted in stirred tank reactors.

1.5.2.2 Plug Flow Reactor

A plug flow reactor consists of a vessel (usually a tube) through which the reacting fluid
flows. It is assumed that there is no mixing in the direction of the flow and complete mix-
ing in the direction transverse to the flow. No reactor can operate in perfect plug flow, but
in many cases the operation is close enough for the assumption of plug flow to be valid.

Reactants

Products
and

—> .
remaining
<) / reactants
FIGURE 1.5

[lustration of a typical well-mixed continuous flow reactor. When the fluid in the reactor is perfectly mixed, the
temperature and concentration are the same at every point in the reactor.
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Uniform concentration, velocity

" and temperature profiles
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FIGURE 1.6
Velocity pattern in a plug flow reactor. The velocity is uniform across the diameter. Concentration and
temperature are also assumed to be constant across the diameter.

In a plug flow reactor, concentration, temperature, and velocity gradients can therefore
exist in the axial direction, but not in the radial direction. The plug flow reactor flow pat-
tern is illustrated in Figure 1.6.

Perfect mixing and plug flow are the two extremes of mixing which can occur in flow
reactors. Most flow reactors operate with intermediate levels of mixing, and very
sophisticated models have been developed to explain mixing in reactors. Plug flow and
perfectly mixed reactors are treated in detail in Chapter 3 (isothermal case) and Chapter 4
(nonisothermal case), while some of the methods used to analyze nonideal reactors are
introduced in Chapter 6.

1.5.3 Classification by Number of Phases

One of the principal methods of classifying reactors uses the number of phases (solid,
liquid, and/or gas) that are present in the reactor. The reactants, products, and catalyst (if
present) may exist in more than one phase, which gives rise to the distinction made
between homogeneous and heterogeneous reactors.

o Homogeneous reactors—The contents of the reactor are all in a single phase. In other
words, the reactants, products, and any catalyst present are all of the same phase.
In practical chemical engineering systems, this single phase is either a liquid or a
gas.

* Heterogeneous reactors—In a heterogeneous reactor, two or more phases are present.
In such a reactor, there could be solid, liquid, or gaseous reactants and products,
as well as a catalyst. A reactor in which all of the reactants and products exist in a
single phase (liquid or gas), but which contains a solid catalyst is a heterogeneous
reactor. The transport of mass and energy in multiphase reactors is more complex
than in single-phase reactors; hence, these reactors are more difficult to analyze
and model.

1.5.4 Catalytic Reactors

In Section 1.1, the concept of the catalyst was introduced. It was stated that a catalyst is a
substance that can increase the rate of reaction. The role of the catalyst and its influence on
reactor analysis is discussed in detail in Chapters 7 through 11: suffice to say at this point
that a catalyst can be an extremely useful tool for the process design engineer. Although
catalysts and catalytic reactors have a multitude of forms, catalytic reactors in which a
solid catalyst is used comprise a class of heterogeneous reactors that are extremely impor-
tant in the chemical process industries. Reactors with solid catalysts have many designs,
which are introduced in Chapter 7 and discussed in more detail in Chapter 10.
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In this book, both homogeneous and heterogeneous reactors are considered. Because
homogeneous reactors are easier to analyze than heterogeneous reactors, a “pseudo-
homogeneous” model is often used for heterogeneous reactors. In such a model, the
presence of the catalyst is not accounted for in a rigorous way.

1.6 Reactor Performance Measures

When considering the design or operation of a chemical reactor, a quantifiable means of
identifying the performance or behavior of a reactor is needed. The performance of a
chemical reactor is often related to the extent of reaction that occurs in it, or by the amount
of feed that is processed in a given time for a given reactor volume. The first measure gives
an indication of the fraction of reactants that are converted into products, while the second
gives an indication of the total production rate of the desired product. The following terms
are commonly used.

1.6.1 Conversion

The conversion (or fractional conversion), denoted X, is a frequently used measure of the
degree of reaction. It is defined as

X = moles of aspecies that have reacted

moles of same speciesinitially present (1.5)

This definition will be applied differently for batch and flow reactors. For a batch reactor,
the conversion of reactant A is defined in terms of the number of moles of reactant initially
present, N,,, and the number of moles present after reaction, N,y

_ Nao = Nay

X
A Nao

(1.6)

In a flow reactor, the fractional conversion is often expressed in terms of the molar flow
rate of the reactant at the reactor inlet, F,,, and the reactor outlet, F,.:

_ FAO - FAE

X
A Fao

(1.7)

Sometimes the conversion may be written using concentration. This definition is only
valid for a constant-density system, and should not be used where the mass density of the
mixture changes.

_ Cao = Cyuy

X
A Cao

(1.8)

An example of a constant-density system is a constant-volume batch reactor. In such a
system, both mass and volume are constant; hence, so is the density.
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Example 1.1

Consider the reaction represented by the overall expression

A+B=C (19)

Initially, 50 mol of A and 25 mol of B are present. Calculate the fractional conversion
of A and B after 10 mol of C are formed.

SOLUTION

The formation of 10 mol of C requires the reaction of 10 mol each of A and B. Therefore,
40 mol of A and 15 mol of B are left, and the conversions are

Nag - Na 50 - 40
XA = = =
Nao 50

0.2 (1.10)

Xy = Npy - Ny _ 25-15 _

0.4 (111)
Nio 25

Comments: The fractional conversion of A is 1/2 that of B. If all of the B reacted, 25 mol of
A would still be left, so the maximum fractional conversion of A is 0.50. In this example,
A is present in excess, and B is the limiting reactant.

1.6.2 Space Velocity

Space velocity is a term frequently used in reactor analysis. It is defined as the ratio of the
volumetric feed flow rate and the reactor volume. The space velocity has units of inverse
time. The definition is given mathematically as

SV =

<o

(1.12)

The volumetric feed flow rate, denoted Q, is specified at some arbitrary conditions of
pressure and temperature, which are sometimes but not always the reactor inlet condi-
tions. Because the flow rate is usually a function of temperature and pressure, a space
velocity specified without T and P given should be treated with caution. Space velocity can
be a useful measure when scaling reactors, that is, when designing a reactor for a larger
throughput using information obtained on smaller reactors. Some examples of space
velocities are given in the following paragraphs.

1.6.3 Liquid Hourly Space Velocity

To compute liquid hourly space velocity (LHSV), the volumetric feed flow rate to the
reactor is specified as a liquid at some temperature, for example, 20°C. LHSV is often used
when the reactants are liquid at room temperature. Note that this does not imply that the
reactants are fed to the reactor in liquid form. If they are preheated, they may partially or
completely vaporize. A good example is the hydrotreating of middle distillate, where the
distillate is a liquid at ambient temperature. When preheated to reactor inlet temperature,
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some of the feed vaporizes; the amount depends on the distillate composition. The unit of
LHSVish.

1.6.4 Gas Hourly Space Velocity

The gas hourly space velocity (GHSV) is used for gaseous feed streams with the volumetric
flow rate expressed in terms of volume per hour; thus, the GHSV has a unit of h™. The
conditions may be standard temperature and pressure (STP), reactor inlet conditions, or
other specified conditions. It is important that the temperature and pressure of the feed be
stated because the volumetric flow rate of a gas will change significantly if it is subjected
to temperature and pressure changes.

1.6.4.1 Space Time

The space time is closely related to the space velocity, and is defined as

_v
Q

T (1.13)

From Equation 1.13 it is seen that the space time is essentially the reciprocal of the space
velocity. However, it must be emphasized that for the space time to be equal to the recipro-
cal of the space velocity, the conditions of temperature and pressure under which the feed
flow rate is specified must be the same. Space time data are frequently given with the feed
conditions at the reactor inlet temperature and pressure, although they are sometimes
quoted at other conditions. It is necessary to be vigilant when using either space time or
space velocity.

1.6.4.2 Residence Time

The residence time is the length of time that species spend in the reactor. Depending
on the reactor type, not all molecules that enter the reactor spend the same length of time
in the reactor, and thus for any given reactor there will exist a distribution of residence
times. The distribution of residence times is called (appropriately!) the residence time
distribution (RTD). The average length of time that molecules spend in the reactor is
called the mean residence time, t,,. The mean residence time is not equal to the space
time except for constant-density fluids. The concept of residence time is explored more
fully in Chapter 6.

1.7 Introduction to Rate Function

When analyzing a reactor, it is necessary to quantify the reaction rate. To this end, the rate
of reaction is usually expressed as a function of the temperature and the concentrations of
the reactants and products. The rate function, rate equation, and rate expression are all terms
for the relationship among the rate of reaction, the concentration of species in the mixture,
and the temperature. This concept is introduced in this section and considered in further
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detail in Chapter 5. Consider a general reversible reaction, represented by the following
stoichiometry:

aA +bB+---=rR+s5+-- (1.14)

The rate expression is written in the following generic functional form:

(-7a) = f(T,Ca,Cs,...,Cr,Cs,...) (1.15)

where (-r,) is the rate of disappearance of species A. The concentrations of both reactants
and products may appear in the function because either the reaction is reversible or the
products may inhibit the forward reaction in some manner. In Equation 1.15, the rate is
expressed in terms of reactant A and the rates of reaction of the different components in
the mixture are related to each other by the stoichiometry of the reaction. For example, for
the reaction given by Equation 1.14, the rate of reaction of B is related to the rate of reaction
of A by

a
(—rA) = E(—VB) (116)
The general relationship among the rates of reaction for this reaction can be written as

1(—TA) = l(—rB) = er = 1rs, and so on (117)
a r s

When referring to the rate of reaction, it is important to know to which component the
rate refers. The rate equation can take many forms. Consider, for example, a simple irre-
versible reaction

A—R (118)

The rate equation might have the form of a simple power law model, such as
(=7a) = kCa (1.19)

Alternatively, the rate equation may have a complex nonlinear form, for example, a ratio
like

() = FCa

(1 + k2 CA )2 (120)

where k, k;, and k, are constants that are functions of temperature.
Note that the value of the rate constant(s) may vary, depending on the stoichiometry and
the way in which the rate is expressed. For example, consider the irreversible reaction

A + 2B — products
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Note that 2 mol of B reacts for each mole of A. For illustration purposes, suppose that the
rate equations for the rates of disappearance of A and B might respectively be written as

(-7a) = ki Ca Cs (1.21)
(-78) = ky Ca Cp (1.22)

The rates of disappearance of A and B must both have the same functional form. Hence,
the concentration dependence in both rate equations is the same. Note, however, that
because 2 mol of B reacts for each mole of A, the rate of disappearance of B must be twice
the rate of disappearance of A. The value of the rate constant is different in each equation,
reflecting the stoichiometry of the reaction. In short

k, = 2k (1.23)

It is very important that when numerical values of the rate constant are quoted for a
given reaction, the basis of the value is also given. Otherwise, the risk of error is greatly
increased.

A wide variety of functional forms for the rate equation are possible. Although the
design engineer is often interested in a simple expression for computational simplicity,
such a form is not possible for every reaction of industrial significance.

1.8 Transport Phenomena in Reactors

Reactor analysis relies on the conservation equations for momentum, mass, and energy.
These balances are discussed briefly in the following sections and in detail in Chapters 3
and 4.

1.8.1 Material Balances

Material balances are important in reactor analysis because they provide information
about the composition of the species and the variation of concentration within a reactor.
The distribution of reactants, intermediates, and products may all be important. Material
balances enable the reaction rate to be quantified and hence the transfer of energy from one
form to another. Material balances are normally performed by following the molar flow
rate of a species. For example, if methane was the reactant, a material balance performed
for a control volume in an open system would be

Molar flow Molar flow ) Rate of
Disappearance .
of methane of methane accumulation
. - = of methane
into out of of methane

by reaction

the system the system in the system
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1.8.2 Energy Balance

In most reactors, the energy balance is of paramount importance. The conservation of
energy equation enables the calculation of things such as the temperature changes that
occur as the reaction proceeds and tells us how much energy is transferred to or from a
system. In particular, we are interested in knowing how much thermal energy is released
or absorbed for a given feed composition and the resulting temperature of the process
stream. The temperature of the reacting stream governs, among other things, the rate of
reaction. The general energy balance equation for a system is

Rate of Rate of Rate of
energy flow energy flow | | accumulation
intothe | out of | ofenergy

system the system in the system

In addition to the energy flows, we are also interested in changes between different forms
of energy. For example, during the course of a chemical reaction, a change in composition
of the reacting mixture occurs. When a composition change occurs, the internal energy of
the molecules of the process stream also changes. The energy gained or lost by the molecules
must be balanced by a corresponding energy change of the system or surroundings so as to
preserve the continuity of energy principle. Usually, the counterbalancing energy change is
a change in the amount of thermal energy present, which manifests itself as a temperature
change of the system or requires some heat transfer with the surroundings. Energy changes
in systems are discussed in the thermodynamics review of Section 2.2 and the analysis of
energy changes in reactors is developed in Chapter 4.

1.8.3 Momentum Balances

Momentum balances can be important in reactor analysis because they provide information
about the pressure drop across the unit, and the variations in velocity and pressure profiles
within the reactor. The relative importance of these terms varies with the application. In
some cases, it may suffice to have an estimate of the overall pressure drop across the reac-
tor; in others, detailed information on velocity and pressure profiles may be important, for
example, to calculate flow patterns or developing flow profiles. The momentum balance
for a control volume in an open system is

Rate of Rate of Sum of Rate of
momentum momentum forces acting | | momentum

into the |~ out of on the ~ |accumulation

system the system system in the system

In a flow reactor, forces such as friction and pressure act on the system. The velocity
depends on fluid density and hence temperature and pressure. As reactions proceed, the
temperature of the fluid may change which affects the momentum balance.

1.8.4 Coupling of Material, Energy, and Momentum Balances

In a reactor, the material, energy, and momentum balances are all interrelated and should
(strictly speaking) be solved simultaneously. It is clear that as the temperature has a very
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strong effect on the rate of reaction, then, at a minimum, material and energy balances
would normally need to be solved together. The inclusion of the momentum balance may
not be necessary, however, because pressure drops across many reactors are low and hence
the effect that a change in pressure has on the solution of the material and energy balances
is negligible. Changes in velocity as a result of density or temperature variations can often
be monitored with a simple expression. However, depending on the nature of the
application modeled (e.g., the rate expression is strongly dependent on pressure), it may be
necessary to couple the momentum balance equations.

Most of the analysis in this text is based on the ideal reactor assumption, in which the
momentum balance equation is not used. However, the reader should not always assume
that such a proposition is valid, even though a very large number of practical problems can
be solved to a satisfactory level of accuracy with this assumption.

1.9 Numerical Methods

Many of the problems encountered in chemical reactor analysis do not readily yield to
analytical (exact) solutions. Difficulties arise because of the nonlinear nature of chemical
reaction phenomena, especially in the exponential temperature dependence of the rate
constants (see Chapters 4 and 5 for details). The problems in this book require the ability
to solve systems of nonlinear algebraic equations as well as systems of nonlinear ordinary
differential equations (ODE). A wide variety of methods exist for the solutions of such
systems. For example, systems of nonlinear equations can be solved using Gauss—Seidel or
Newton—-Raphson methods, while systems of ODE (initial value problems) can be solved
using one of the variants of the Runga—Kutta method. These methods are explained in
various books on numerical analysis, for example, Conte and de Boor (1980) and Faires and
Burden (1993). It is assumed that the reader is able to use an appropriate numerical method
where necessary to solve such systems.

Many software packages exist which can be used to solve equations numerically. These
packages, when used appropriately, can offer a considerable saving of time in problem
solution, and the reader is encouraged to explore such tools.

Appendix 1 gives a good primer of the numerical techniques required for chemical
reactor analysis.
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Thermodynamics of Chemical Reactions

Thermodynamics was identified in Chapter 1 as one of the key pillars in the field of
chemical reactor analysis. Indeed, few reactor designs can be successfully executed in the
absence of comprehensive thermodynamic calculations or, at the least, making some key
thermodynamic assumptions. Several areas of chemical engineering thermodynamics are
of major importance in chemical reaction engineering. They include, but are not limited to,
the following:

1. Enthalpy change of reaction and enthalpy changes owing to temperature changes. Knowledge
of these factors enables the prediction of temperature changes in the reactor and the
calculation of heating/cooling requirements.

2. Chemical reaction equilibrium calculations enable the prediction of the maximum
theoretical conversion at a given temperature.

3. Vapor liquid equilibrium is important in systems with both gaseous and liquid spe-
cies. In such systems, a combined chemical reaction and phase equilibrium may
be present.

2.1 Basic Definitions

The following sections give a brief introduction to the basic thermodynamic terms. A more
detailed presentation of the enthalpy changes during reactions is then given. Finally, the
calculation of reaction equilibrium is reviewed.

2.1.1 Open and Closed Systems

Thermodynamics divides the universe into a system and its surroundings. The system is
the portion of the universe (e.g., a chemical reactor) that is to be analyzed while the remain-
der of the universe is the surroundings. The system boundary separates the system from
the surroundings. The definition of the system is arbitrary, and depends simply on where
one draws the boundary.

Chemical reactors may be either open or closed systems. In a closed system, the mass of
the total material in the reactor remains constant and no mass enters or leaves the system.
The volume of a closed system may change, and energy in the form of work or heat can
enter or leave the system. The batch reactor is thus a closed system. In an open system,
material is allowed to cross the system boundary. The mass contained within the system
may remain constant with time (inflow equals outflow) or it may change with time (inflow
not equal to outflow). Flow reactors are all examples of open systems, as material enters
and leaves these systems. When deriving the material and energy balance equations for
systems, it is important to know whether they are open or closed.

19
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2.1.2 Thermodynamic Standard State

The thermodynamic state of a system is the condition in which that system exists.
Associated with a state are values of temperature, pressure, volume, energy, enthalpy,
entropy, and so on. Thermodynamics is concerned with changes that occur in system vari-
ables when the system moves from one state to another along a specified path. A thermo-
dynamic convenience commonly used is the standard state. It is used, for example, in
calculating enthalpy changes in reactions. For gaseous systems, the standard state is usu-
ally taken as the pure component at ideal gas conditions (see Section 2.1.3.1), 1 bar pressure
(100 kPa), and the temperature of the system. Prior to 1982, the official standard state pressure
for a gas was 1 atm (101.325 kPa) and many texts still use this value as the standard state.
The differences between the two states are minor. For liquid systems, the standard state is
taken as the pure liquid at the temperature of the system and 1 bar pressure.

2.1.3 Equations of State

The behavior of a fluid is governed by an equation of state. This equation gives the relation-
ship among pressure, volume, and temperature (PVT). These variables are all easily
measured quantities, so it is not surprising that they have been selected as the variables
used to characterize the behavior of fluids. Changes in other thermodynamic quantities
are often expressed in terms of changes in pressure, volume, and temperature for the same
reason.

2.1.3.1 Ideal Gas Law

The simplest equation of state for a gas is the ideal gas law: although it is an approximation
and involves a number of simplifying assumptions, it is widely used for gases at low-to-
moderate pressure (up to a few bars for most gases). The equation is

PV = NR,T @1

where N is the number of moles. The value of the gas constant, R,, is 8.314 J/mol-K. The
ideal gas law involves assumptions and should be used carefully. It works best for gases at
high temperature and low pressure. For example, for simple gases and mixtures such as
air, it is accurate to within 1% for temperatures from 300 to 1800 K and pressures in the
range of 1-20 bar (100-2000 kPa).

2.1.3.2 Nonideal Gas Behavior

At some temperatures or pressures, gases will not behave according to the ideal gas law
because at those conditions the assumptions made in developing the ideal gas law are not
valid. In such a case, the gas is said to be nonideal. Many equations have been developed
to model the behavior of nonideal gases, with the simplest equation using a compressibility
factor, Z, to account for the deviation from the ideal. The equation is

PV = ZNR,T 2.2)

If the compressibility factor equals one, the gas behaves as an ideal gas. The computation
of Z is relatively straightforward. It is usually calculated using the reduced temperature and
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pressure, which are in turn defined as the temperature and pressure divided by the critical
temperature and pressure, respectively. See, for example, Smith et al. (1996) or Sandler (1999).

2.1.4 Multicomponent Mixtures

Chemical reactions always involve multicomponent mixtures, and the properties of each
component can be related to the average properties of the mixture. The properties may be
based on the mass of the system or on the number of moles in it. Let 1; denote the mass of
component j in a mixture of n components: hence m1,, m,, m;, and so on. The total system
mass is therefore

m - Em 23

For a mixture of volume V, the mixture mass density and the species mass density are
given as a ratio of mass to volume, as follows:

m m;
= p= 24
P=y Pi=7, 24)
The mass fraction, wy, is defined as
m _ Pj
W, = = 2.5
j 0 2.5)

When analyzing reacting systems, it is most common to work with moles and molar
concentrations, rather than mass and mass fractions, because rate expressions are usually
expressed in terms of molar concentrations. If M; denotes the molar mass of species j, the
number of moles, N, is

m .
N; = - 2.
The molar density (or concentration), C, is given by
N, p;
c.=i_Pi ‘
VoM @7)
The mole fraction of component j in a gaseous mixture is denoted y; and is
G
i 2.8
y] C ( )

The partial pressure of a component in an ideal gas mixture is defined as the product of
mole fraction and the total pressure as follows:

Py =y;P 29
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Equation 2.9 is only valid for an ideal gas. The average molar mass of a mixture, M, is

ms

j=1
The use of Equation 2.10 is illustrated in Example 2.1.

Example 2.1

Calculate the molar mass of air composed of 78.08 mol% N,, 20.95 mol% O,, and
0.97 mol% Ar.

SOLUTION

The average molar mass of the mixture is the weighted average of the molar masses of
the components. The molar mass of N, is 28.01, that of O, is 32, and Ar is 39.9. Therefore,
the molar mass of air is

28.01 x 0.7808 + 32.00 x 0.2095 + 0.0097 x 39.9 = 28.96 g/mol

Therefore, 28.96 kg of air is equivalent to 1000 mol of air.

The volumetric flow rate, Q, of an ideal gas is related to the total molar flow rate, F;:

PQ = FR,T 2.11)

The use of Equation 2.11 is illustrated in Example 2.2.

Example 2.2

A process stream has a pressure of 20 bar and a temperature of 800 K. The stream is
a mixture of methane and air. The mass flow rate of air is 10 kg/s and the mass flow
rate of methane is 0.25 kg/s. Calculate the mole fraction of methane in the feed and the
volumetric flow rate.

SOLUTION

The mass flow rates are converted to molar flow rates by dividing by the molar mass;
therefore, the molar flow rate of methane is

T’i’lCH4 _ 025kg/s
Mcau,  16.03 kg/kmol

Feny = = 0.0156 kmol/s = 15.6 mol/s

The molar flow rate for air is

fite  10kg/s
M. 28.96 kg/kmol

Fi = =0.3453 kmol/s = 345.3 mol/s

The mole fraction is the moles of a substance divided by the total number of moles. The
number of moles can be replaced by the molar flow rates, therefore
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Fen, 15.6
- - ~0.0432
YO S o + Fa 15643453

The sum of the mole fraction of air and methane must be one, therefore

yair =1- yCH4 =1-0.0432 = 0.9568

To calculate the volumetric flow rate, substitute the values of molar flow rate, tempera-
ture, pressure, and the gas constant into the ideal gas law for a stream to obtain

_ ER,T _ (15.6 + 345.3) mol/s x 8.314 J/mol - K x 800 K
p 20 x 10° Pa

Q =1.20m’/s

When canceling units in this equation, note that the unit of energy, ], is equivalent to
units of Pa-m3.

2.2 Energy Changes in Systems

It is necessary to analyze the energy changes that accompany a chemical reaction. The
energy of a system is composed of three parts: the kinetic energy that depends on the
velocity of a flowing stream, the potential energy resulting from the position of the system
relative to a reference point, and the internal energy, U. The latter quantity is a measure of
the molecular and atomic motion within the fluid. In most chemical reactors, changes in
kinetic and potential energy are assumed to be minor, and are usually ignored. Internal
energy changes are discussed in detail in Chapter 4.

2.2.1 Enthalpy

In many chemical reactors, the pressure of the system is assumed to be constant, or approx-
imately constant. In a constant-pressure system, it is convenient to work in terms of the
enthalpy of the system, and most energy balances performed on reacting systems are in
fact enthalpy balances. The enthalpy of a system is defined as

H=U+PV (2.12)

We are concerned with enthalpy changes that occur because of temperature changes,
composition changes owing to chemical reaction, and, to a lesser extent, pressure changes.
These effects are discussed below.

2.2.2 Energy Change Resulting from Temperature Change: Heat Capacity

The enthalpy and internal energy change that occurs because of a temperature change
is quantified using the heat capacity. Two heat capacities are used: the constant-
volume heat capacity, denoted C,, and the constant-pressure heat capacity, denoted C,.
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The constant-volume heat capacity is defined as the rate of change in internal energy
with temperature when the volume of the system is held constant, or

ou

Cy = (ﬁ)v 2.13)

The constant-pressure heat capacity is defined as the rate of change in enthalpy with
temperature when the pressure of the system is held constant, or

Cr = (%)P @14

These equations are written in partial derivative form to indicate that although the inter-
nal energy, U, is usually a function of temperature and density (or specific volume), the
heat capacity, Cy, has been measured along a path of constant volume. Likewise, C; has
been evaluated when the pressure has been held constant. The heat capacity is a strong
function of temperature and a weak function of pressure. Usually the heat capacity of a gas
is expressed as a polynomial function, such as

Cp=a+bT +cT*+dT? (2.15)

This heat capacity is valid for the ideal gas state, that is, where the ideal gas law is
being used (i.e., when the compressibility factor is one). At very high pressures in critical
applications, the pressure dependency of heat capacity may be important. See Reid et al.
(1987) for calculation methods. For ideal gas mixtures, the molar heat capacity of the
mixture is the sum of the heat capacities of the components multiplied by their respec-
tive mole fractions. For an ideal gas, the heat capacities are related by the universal gas
constant:

Cr=Cy +R (2.16)

For liquids and solids, the two heat capacities are approximately equal. Constants in the
heat capacity polynomial are given in Appendix 2 for some simple compounds.

Example 2.3

A gas mixture is made by mixing 2 mol% CH,, 1 mol% CO,, 1 mol% H,0, and 96 mol%
air. Use the data in Appendix 2 to perform the following calculations:

a. Derive an expression for C; of this mixture as a function of temperature.

b. Calculate the value of C, at 500 K.

c¢. Determine the enthalpy change per mole for an increase in temperature of this
mixture from 500 to 800 K at 1 bar (100 kPa) pressure.

SOLUTION

a. The heat capacity of the mixture is a weighted average of the heat capacities
of the components. From Appendix 2, we have the values for the coefficients
in the heat capacity polynomial.
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a b c d
CH, 19.86 5.016 x 10® 1.267 x 10%  K10.99 x 10%
CO, 2222 59711 x 10%  K3.495 x 10%® 7.457 x 10®
H,O 32.19 0.1920 x 10 1.054 x 10®  K3.589 x 10%
Air 28.09 0.1965 x 10™  0.4799 x 10%  K1.965 x 10%

The heat capacity of the mixture expressed as a function of temperature is a polynomial
in which the coefficients (i.e,, the a, b, ¢, and d) are the weighted averages of the 4, b, c,
and d of the components. Therefore, the value of 2 in the polynomial for the mixture is

a = (19.86)(0.02) + (22.22)(0.01) + (32.19)(0.01) + (28.09)(0.96) = 27.91

Similarly,

b =0.3506 x 1072, ¢ = 0.4616 x 107, d = -2.068 x 10~

These values are substituted into the heat capacity polynomial to give the tempera-
ture function for the heat capacity of 1 mol of the mixture:

Cp = 2791+ 3.506 x 10°T + 4.616 x 10°T? - 2.068 x 10°T*J/mol - K

b. Substituting 500 K into the preceding equation gives a value of

Cp = 30.56 J/mol - K

c. For a constant-pressure process, the heat transfer to the system equals the
enthalpy change:
T2
AH = | CpdT

1

Substituting the polynomial expression for heat capacity and the numerical values for
the constants gives the integral equation

800
AH = f (27.91 + 3.506 x 10T + 4.616 x 10°T? - 2.068 x 10~°T*)dT

500
Performing the integration and substituting the numbers gives

3.506 x 107 ( 4.616 x 107° (

AH = 27.91(800 - 500) + 8002 - 5002) + 800° - 500°)
2068 x 10 (

L 800* - 500*) = 9473 J /mol

A common engineering approximation is to compute the enthalpy change by using
the average of the heat capacities evaluated at 500 and 800 K. From part (b)

Cp =30.56 J/mol-K at 500 K and Cp, = 32.61 J/mol-K at 800 K

25
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The average of the two values is 31.58 J/mol- K. Therefore,

AH ~ (31.58 /mol - K)(800 — 500)K = 9475 J/mol

In this case, it is a good approximation to use the average value of heat capacity to
calculate the enthalpy change.

2.2.3 Enthalpy Change with Pressure

The enthalpy change with pressure at constant temperature can be defined in terms of
PVT (details are beyond the scope of this book; further information is available in Sandler,
1999). It can be shown that the enthalpy change with pressure at constant temperature and
composition is given by

(%’) - V_T(W)P _V-TVB (2.17)

o oT
where B is the coefficient of thermal expansion. The advantage of using Equation 2.17 to
compute changes in enthalpy with pressure is that the calculation can be done using easily
measurable PVT data. For example, the enthalpy change with pressure for an ideal gas is

found by differentiating the ideal gas law. Take the partial derivative of V with respect to
T and constant P to give

v NR,
( aT)p P @18)
Substitution of Equation 2.18 into Equation 2.17 gives
v NR
V-T|—| |[=|V-T Ll1=lv-Vv]=0 2.19
-G |- ) ) @

Itis seen that this relationship reduces to zero: in other words, as long as ideal gas behavior
can be assumed for the gas mixture under study, pressure changes will not affect the
enthalpy of the gas. In cases where real gas behavior must be used in the reactor analysis,
the equation of state can be used to evaluate the change in enthalpy that occurs when the
pressure changes. As always, when analyzing reacting systems, it is necessary to decide
whether the increased complexity of using a real gas model, rather than assuming ideal
behavior, is justified in terms of the improved accuracy of the solution.

2.2.4 Energy Change owing to Composition Change: Heat of Reaction

Energy changes that accompany chemical reactions are very important. Two different quan-
tities are commonly used to quantify energy changes in reactors, and the choice of which to
use depends on the type of reactor being analyzed. The two quantities are the internal energy
change of reaction and the enthalpy change of reaction. The enthalpy change of reaction is often
referred to as the heat of reaction. These two energy changes can be defined as follows:

Al = internal energy change of reaction: the difference in internal energy between
reactants and products.
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AHy = enthalpy change of reaction: the difference in enthalpy between reactants
and products owing to reaction. Sometimes, this quantity is called the “heat of
reaction.”

If the energy change of reaction is negative, the reaction is exothermic, and heat is released.
If it is positive, the reaction is endothermic and heat is absorbed. A complete description of
AUy and AHj includes the temperature and pressure at which the value is applicable. Both
quantities depend on temperature and pressure, although the pressure dependence is
often ignored.

To standardize calculation and reporting methods, the standard state is usually used.
Recall that the standard state is defined as:

1. For gases—ideal gas state at 1 bar pressure
2. For liquids—pure liquid at 1 bar pressure

and the temperature of the system. The standard state is commonly denoted with a
superscript ’; therefore, AHy and AUy, denote the standard enthalpy change and standard
internal energy change, respectively. Because the standard state is specified at the tem-
perature of the system, both AH; and AUy, are functions of temperature. Data are usually
tabulated at a reference temperature of 298 K; thus, AHy, s denotes the standard enthalpy
change of reaction at 298 K. AUy 5 can be calculated from enthalpy of formation data. The
standard heats of formation are defined as the enthalpy change that occurs when com-
pounds are formed from the elements with both reactants and products in their standard
state (1 bar pressure and the temperature of the system). They are usually tabulated at
298.15 K and some values for some common compounds are given in Appendix 2.
Consider the hypothetical reversible reaction

aA + bB = cC+dD (2.20)

where 4, b, ¢, and d are the stoichiometric coefficients. Let AH; ,o3 denote the standard
enthalpy of formation. Then the enthalpy of reaction is given by

AHR 298 = C(AH},z%)C + d(AH},z%)D - a(AH},m)A - b(AH},zt)s)B

Usually, the value is normalized with respect to one of the components. Define o, as the
stoichiometric coefficient for any component j in the reaction, positive for both reactants
and products. The enthalpy of reaction per mole of species k is

. 1 . .
AHR,298 = ; Z Q.jAHf’zgg - E G.]‘AHfrzgg (221)
k

products reactants

For example, for our hypothetical reaction, the AHy ,4s per mole of species A that reacts
is

AHj 505 = %[C(AH}”S)C + d(AH} ) - a(AH} x5) - b(AH;,Z%)B] 2.22)
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Example 2.4

Use heat of formation data to calculate the standard heat of reaction for the combustion
of 1 mol of methane. The overall reaction is

CH4 + 202 e COZ + ZHzo

SOLUTION
From Appendix 2, the relevant heats of formation at 298.15 K are

Methane —74.90 kJ /mol
Oxygen 0.0

Carbon dioxide —393.8 k] /mol
Water vapor —242.0 k] /mol

The standard heat of reaction is the sum of the heats of formation of the products minus
the heats of formation of the reactants. This calculation must take into account the stoi-
chiometry of the reaction. If we let o, represent a stoichiometric coefficient (which is
defined here as a positive number for both reactants and products), the generic formula
for computing a standard heat of reaction is

. 1
AHR 595 = —
k

2 0 AH 05 E A 05 (2.23)
products reactants

Equation 2.23 gives the standard heat of reaction per mole of species k, which could be
either a reactant or a product. For the combustion of methane, we have

AHi s = (Ao )+ 2(AHj s ), = 2(AHj s}, = (AHj ),

Note that the heats of formation are multiplied by the stoichiometric coefficients of the
reaction. Substitution of the numerical values gives

AHR 25 = (-393.8) + (2)(-242.0) - (2)(0) — (-74.90)= -802.9 kJ/mol

This value is the heat of reaction for 1 mol of methane.

A negative value of AHY , indicates an exothermic reaction, while a positive value
denotes an endothermic reaction. Thus, the combustion of methane occurs with a release
of thermal energy.

2.2.4.1 Computing the Enthalpy of Reaction at Other Temperatures

Chemical reactions are rarely carried out at the standard state and 298 K. To use data at
298 K, we make use of the fact that AHY is a state function, that is, its value does not depend
on the path, only on the initial and final state of the system.

Consider a system compound of reactants at some temperature T, and pressure P;. We wish
to compute AHy (T, P,) for converting these reactants to products. This calculation may be
done by defining an alternate path, such that the reaction is carried out at standard conditions
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Reactants AH (T}, Py) Products
———————— >
Py T, Py T,
f
AH, AH,
Y
Reactants AHR (T) Products
———————— >
1 bar T, 1 bar T,
AH, AH,
Y
Reactants AHp 298 L Products
1b 298.15 K B 298.15 K
ar AH, ar

FIGURE 2.1

Alternate calculation pathway used to compute the enthalpy change of reaction at different temperatures and
pressures.

and 298 K, at which conditions AH may be readily computed from enthalpy of formation data.
This path is a five-step process, as shown in Figure 2.1 and summarized in the following:

Step 1: Take the reactants at T; and P, to the ideal gas state at 1 bar and T;. The enthalpy
change associated with this step is AH,.

Step 2: Take the reactants from T; and 1 atm to 298 K and 1 bar. This enthalpy change
is AH,.

Step 3: Convert the reactants in the standard state at 298 K to products in the standard
state at 298 K. This enthalpy change is AH;.

Step 4: Take the products from the standard state at 298 K to standard state and tem-
perature T;. Call this enthalpy change AH,.

Step 5: Take the products to temperature T; and pressure P;. Call this AH;.

The total enthalpy change is the sum of the changes that occur in these five steps, or

AH(Ty,P) = AH, + AH, + AH; + AH, + AH; (2.24)

Note that AH; = AHy ,4, the standard heat of reaction at 298 K, and is computed from the
values of standard heats of formation. To evaluate temperature and pressure effects, we recall

dH=(ﬁ) dT+(ﬁ) dp (2.25)
o), op ).

Furthermore, recall that (0H/dT), = C,, the constant-pressure heat capacity. AH, is com-
puted as
298

AH, = f CpdT (2.26)
T
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The C; of the reactants is based on the stoichiometric amounts. AH, is computed as

T
AH, = ((CpdT (2.27)

298

The C; is for the products, based on the stoichiometric amount. To compute the pressure
effect, we use the following thermodynamic relationship:

() =71, a2

If the equation of state is known, the term (dV/dT), can be computed and thus (0H/dP);
obtained. Alternatively, the enthalpy departure curves, derived from the theory of
corresponding states, may be used to calculate AH, and AH;. Example 2.5 illustrates the
calculation of AHy at temperatures other than 298 K.

Example 2.5

Consider the oxidation of methane, represented by the reaction
CH4 + 202 - COZ + 2Hzo

Derive an expression for the standard heat of reaction as a function of temperature and
use it to calculate the standard heat of reaction at 800 K.

SOLUTION

Calculate the standard heat of reaction, that is, the heat of reaction at 1 bar pressure. The
heat of reaction at a temperature T is calculated by defining a path as follows:

a. Change the temperature of the reactants from T to 298.15 K.

b. Carry out the reaction at 298.15 K (in the previous example AHI({,298 for this
reaction was computed to be —802.9 kJ/mol).

c. Take the temperature of the products to the (same) temperature T.

The enthalpy changes which accompany the temperature changes can be computed
using the heat capacities of the respective mixtures. It is useful to take a basis for cal-
culation purposes, and therefore we take the basis of 1 mol of methane and 2 mol of
oxygen. The resulting heat of reaction will therefore be the value per mole of methane
that reacts. The heat of reaction at T is the sum of the enthalpy changes for these steps.
The generic formula for this operation is

298 T
AH;{,T = i z faij dT |+ AH;{,zgg + i E fajCP dT
(0773 Ok
reactants T productsog

Note that the result is normalized to species k. Rearrangement gives

T

AH} ¢ = AHj 5o f L f Z ,Cp - z a,Cp \dT (2.29)
Ok 298 \ products reactants
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The difference in heat capacity between products and reactants is defined as

ACP = Z (X.]Cp - 2 (Xij (230)
products reactants
If the heat capacity is expressed as a polynomial in temperature, then
ACp =Aa + AbT + AcT? + AdT? 2.31)
The coefficients are defined in terms of the reactants and products, that is
Aa = Z (l/ﬂ] - 2 (llll] (232)
products reactants

Similar definitions apply for Ab, Ac, and Ad. The values for the coefficients in the heat
capacity polynomials are given in Appendix 2:

a b c d
CH, 19.86 5.016 x 102 1.267 x 105 -10.99 x 10~
CO, 2222 59711x102 —3.495 x 10 7.457 x 10~
H,O 3219 0.1920x 102 1.054 x 10-° —3.589 x 10~

O, 25.44 1518 x 102  —0.7144 x 10-® 1.310 x 10-°

Using the basis of 1 mol of methane and 2 mol of oxygen, the constants in the heat
capacity polynomial for the mixture are computed, that is, the resulting constants are
the values for the mixture of 1 mol of methane and 2 mol of oxygen. The values are

a=1x19.86+2 x 25.44 = 70.74
b=1x5016x10"2+2x1.518 x 10 = 8.052 x 1072
c=1x1267 x10° + 2 x -0.7144 x 10 = -1.618 x 10™°

d=1x-1099x10” +2x1.310 x 10~ = -8.37 x 10~

When using these data, it should be remembered that the coefficients apply to an equa-
tion for C, that has units of J/mol-K. The coefficients of the product mixture (1 mol of
carbon monoxide and 2 mol of water) are computed in a similar manner:

a = 86.60

b = 6.355x 107
c=-1387x10"°
d=279%x107°

Note: These are the heat capacities of an amount of mixture based on 1 mol of methane,
not 1 mol of mixture. Therefore, the difference in each constant value between the prod-
ucts and the reactants is computed as
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Aa = 86.60 - 70.74 = 15.86
Ab = 6.355x 107 - 8.052x 10 = -1.697 x 1072
Ac = -1.387 x 10”° - (-1.618 x 10™*) = -1.189 x 10™°
Ad =279%107" - (-8.37 x107°) = 8.649 x 10~°

The difference in heat capacity between the products and the reactants is therefore

AC, =15.86 + -1.697 x 10T - 1.225x 10°T? + 8.649 x 10°T°

The integral of this quantity can be obtained by substitution and integration:

T
AC,dT = -3886 + 15.86T - 8.485 x 10°T* - 3.963 x 10°T" + 2.16 x 107 T*
298

We divide by 1000 (to convert to kJ/mol-K) and substitute values to give
AHj = -806.9 + 1.586 x 10T - 8.485 x 10°T* - 3.963 x 10°T* + 2.16 x 10 T*

This equation is a general equation for the standard heat of reaction in kJ/mol.
Substituting 800 K into the equation gives a value of —800.9 k]/mol. This is within 1% of
the value at 298 K.

Note: This value for the heat of reaction is valid when water is present as a vapor,
which is usually the case in combustion calculations when the products have a high
temperature. If water will be present as a liquid during the reaction, the latent heat of
vaporization of water must be considered. The value of the heat of reaction in that case
would be altered by the value of the latent heat of vaporization of water, and the heat of
combustion of methane would have a larger negative value.

2.2.4.2 Generalized Stoichiometric Coefficient

The calculations with the enthalpy of reaction shown in this section have adopted the conven-
tion that the stoichiometric coefficients are positive for both reactants and products. Although
this convention is widely used, and can make grasping the concepts and calculation method-
ology easier, a more generalized set of equations can also be written using another conven-
tion. In this alternate convention, the stoichiometric coefficients are defined as negative for
reactants and positive for products. These alternate stoichiometric coefficients will be denoted
with the symbol v. For the same hypothetical reaction considered previously

aA +bB = cC +dD (2.33)

The stoichiometric coefficients 2 and b have negative values, while the values ¢ and d
have positive values. Using generalized coefficients, the enthalpy of reaction per mole of
species k can be written in terms of a single summation:

. 1
AHR 28 = —

‘Vk‘ V]'AH}/zgg (234)

all'species
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The absolute value must be used on the stoichiometric coefficient of the normalizing
component. The enthalpy of the reaction in Equation 2.33 is obtained by substitution into
Equation 2.34:

AHR 298 = C(AH},Z%)C + d(AH},z%)D - ﬂ(AH}/z%)A - b(AH;,z%)B

It is easily seen that this result is the same as before. Because it is advantageous to use
Equation 2.34 when programming general solutions, this second convention is also widely
used. The second convention is also used in developing the equations that govern chemi-
cal reaction equilibrium, a topic that is considered in Section 2.3. As always, when refer-
ring to work in other books, and using literature results, it is essential to take care when
interpreting results and the explanations offered there.

2.3 Chemical Reaction Equilibrium

The equilibrium state for a system is defined as the state in which a system exists when the
free energy of the system is at a minimum. For a nonreacting system, it is relatively easy to
determine a minimum free energy for the system at any given temperature and pressure;
for a system in which chemical reactions occur, it is more difficult. A chemical reaction
results in a change in free energy. For any given set of reactants, there are often many pos-
sible products, and the free energy changes therefore depend on what reactions actually
occur (i.e, the minimum free energy for a system can change if different reactions are
allowed to occur). For example, consider the combustion of methane. This reaction can be
represented by

CH4 + 202 = C02 + 2H20

The equilibrium composition for this reaction can be calculated (using the methods
described in this section) assuming that only the two reactants and two products are pres-
ent. At any given temperature and pressure, the equilibrium composition will have a
unique value corresponding to the equilibrium. However, the reaction scheme as written
may not accurately represent what is actually occurring in the reactor. For example, it may
be more realistic to represent the combustion of methane by a two-step process in which
CO is present as follows:

CH4 + %Oz = CO + 2H20
CO + %Oz = COZ

In this scheme, an additional species, CO, is allowed to be present. The presence of CO
changes the composition of the system at which the free energy minimum occurs. It fol-
lows therefore that when performing equilibrium calculations on reacting mixtures it is
necessary to specify what products are to be permitted in the system. Obviously, this selec-
tion should reflect what actually occurs in the reactor. Such an equilibrium is referred to
as a constrained equilibrium.
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This concept can be illustrated on a more complex system. Consider a mixture of synthe-
sis gas, CO and H,. This mixture can be reacted over various catalysts to form different
products: for example, methanol, hydrocarbons and water (Fischer-Tropsch synthesis), or
methane and water. With such a wide variety of possible products, it is very important to
identify carefully what species will be present at equilibrium. The equilibrium calcula-
tions are restricted to the products that are observed to form in the reactor under the
operating conditions of interest.

2.3.1 Derivation of Equilibrium Constant

We now derive the thermodynamic statement of reaction equilibrium. Consider the reaction

bB + cC = dD + ¢E (2.35)

The standard free energy change for this reaction, denoted with the superscript “,” is
defined as the free energy difference between the reactants and products with all species
in their standard state. For the model reaction, this quantity is

AGy = dGp + eGr - bGs - ¢Ge (2.36)

where G; is the partial molar free energy of species i. For any arbitrary isothermal process,
the difference in free energy between the reactants and products is

AGy = dGp + eGg - bGs - ¢Gc (2.37)
Combining Equations 2.36 and 2.37 gives

Mﬁ—AG&=45D—aﬂ+eﬁE—éa—bﬁ%—aa—4éc—aa (2.39)

A change in partial molar free energy for an isothermal process is related to a change in
the fugacity of the component:

(dG; = RyTdIn f;) (239

where _]?] is the fugacity of component j in the mixture. If we integrate Equation 2.39
between the standard state and some arbitrary state, we obtain

j (2.40)

"‘H)

Q=d+&ﬂ%

o

]

~~

The ratio of fugacities is a property called the activity, denoted a;; therefore

G; - G; = R,TIng; (2.41)
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Substituting Equation 2.41 into Equation 2.38 gives
AGr - AGg = dR,TInap + eR;TInag — bR TInag - cR,TIndc (2.42)

Group the terms containing the In into a single term

AGg - AGj = R,TIn

(2.43)

—
>
S
>
[
~———

The criterion for chemical reaction equilibrium is that the free energy difference between
reactants and products is zero, that is, AGy = 0. Substituting AG; =0 into Equation 2.43
gives

AGi ( abas |
- =R,1 - = R,InK
T g nkﬁga”c} g 1 (244)

equilibrium

The equilibrium constant, K, relates the values of the reactant and product activities
when the system is at equilibrium. The constant K is dimensionless because the activities
are dimensionless, and its value can be computed from the standard free energy change of
reaction. K can be expressed in a general form. Let v; be the stoichiometric coefficient of
component j, negative for reactants and positive for products. The expression for K is then

K- r‘[a;f (2.45)
:

Note that the equilibrium constant includes the stoichiometric coefficients. Thus, the
numerical value of K for the reaction

NZ + 3H2 = 2NH3
would be different from the value for the same reaction written as
%Nz + %Hz = NH3

When using K values, it is essential to know the stoichiometric coefficients that are to be
used.

2.3.2 Computing Standard Free Energy Change

The equilibrium constant is defined in terms of the standard free energy change and thus
its numerical value can be calculated if the standard free energy change is known. In most
chemical engineering calculations, the standard state is taken as 1 bar pressure and the
temperature of the system (the same standard state as used for AHy). Standard free energy
changes of reaction can be computed from standard free energies of formation. These



36 Introduction to Chemical Reactor Analysis

values are usually tabulated at a temperature of 298.15 K. The standard free energy of reac-
tion is given by

AGi 295 = Z AGias = N AGj s (2.46)
products reactants

Equation 2.46 can be used to calculate the free energy change for the reaction at 298 K,
and hence the value of the equilibrium constant at 298 K. Because reactions are rarely car-
ried out at 298 K, it is necessary to develop methods for calculating the free energy change
at other temperatures.

2.3.3 Temperature Dependence of Equilibrium Constant

The equilibrium constant is defined at the standard state, which is 1 bar pressure and the
temperature of the system. Because the standard free energy of reaction is defined at 1
bar, it follows that the numerical value of the equilibrium constant is not a function of
pressure. However, as the standard state is defined at the temperature of the system, the
standard free energy change of reaction depends on the temperature, and hence so does
the equilibrium constant. The standard free energy change of reaction at other tempera-
tures may be computed provided that the entropy change of reaction, denoted [ISk, and
[JH are available. The following equation provides a relationship among these
variables:

AGr  AH

T T

- ASy (2.47)

Both [JSk and [JHj are functions of temperature, as follows:

and dASR _ ACp
oT

a(AHR) i
aT

where AC; is the difference in heat capacity between the products and reactants. Equation
2.47 can be used directly to compute the free energy change at other temperatures, or,
alternatively, the equation can be manipulated to give an explicit equation in terms of the
equilibrium constant. We start by differentiating Equation 2.47 at constant P to give

[ AGR\) . . .
d 1(0AHz\  AHi { dASy)
a;JJ “rlar )T Lt ), @48

The change in the values of AS; and AHy with temperature is related to the difference in
the heat capacity between the products and the reactants, as follows:

G(AHE) _ 1 0ASk

— AC» (2.49)
T aT
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Substitute the terms of Equation 2.49 into Equation 2.48 and simplify:

_a/AGE\ _ AHj
Wil (2.50)
aT

Recall the definition of the equilibrium constant:

_ACR _ RoInk (2.51)
T
Equation 2.51 can be differentiated:
[ AGk )
= -R,9(InK 2.52
81\ T J ga( n ) (2.52)

Substitution of Equation 2.52 into Equation 2.50 gives the final result

dInK _ AHp
dT  R,T?

(2.53)

Equation 2.53 is the van't Hoff equation. Remember, the value of AH; depends on the
temperature; hence, the usual procedure is to develop an equation for AH as a function of
temperature, which is then substituted into Equation 2.53 and the result integrated.
Provided that K at one temperature is known, the value of K at other temperatures may be
determined.

An approximation that is often made when calculating equilibrium constants is to
assume a constant value for AHy. The integrated form of the van't Hoff equation may then
be written as

off)- (3

The best value of AH to use is the value calculated at the average of T) and T..

2.3.4 Computing Equilibrium Composition

The quantity usually desired in an equilibrium calculation is the mixture composition
when equilibrium is achieved at a given temperature and pressure. This calculation has
minor variations for liquid or gas mixtures, but the principles are the same in both cases.
Consider the generic form of the equation for the equilibrium constant developed in

Section 2.3.1:
K= Ha;f (2.55)
=
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Recall that v; is negative for reactants and positive for products. Also recall that the
activity, 4;, is defined as the fugacity ratio f;/f;. The fugacity of component j in solution,
fi, can be defined in terms of the pure component fugacity, f;, and an activity coefficient,
y;, that is

A~

f]' = Y]'ijj (256)

where z; is the mole fraction of j in the solution. The activity coefficient may be a
function of both temperature and composition and, in the general case, is usually
determined experimentally. Therefore, the activity of component j in solution can be
written as

~ . Z .
i = Yfffff (2.57)
]

Thus, the equilibrium constant is now written explicitly in terms of the mixture mole
fractions:

iz’
K_HL ) (2.58)

Provided that K, Y and f] are known, then z; the mole fraction at equilibrium, can be
computed. The difference for liquid-, gas-, and solid-phase reactions are given below.

2.3.4.1 Liquid-Phase Reactions

For liquid-phase reactions, the usual convention is to denote liquid-phase mole fractions as
x;, that is, set z; = x;. For most liquids, the fugacity is not a strong function of pressure and
therefore the fugacity ratio is approximately written as

S @1 2.59
£ (2.59)

For ideal solutions, the activity coefficient has a value of one, Y;=1. For nonideal solu-
tions, y; = 1 and furthermore it is a strong function of x;. Its value is computed from rela-
tionships such as the van Laar, Margules, and Wilson equations. For nonideal solutions,
therefore

aj=";j%j (2.60)

and

n

K = I;[(xjy ;)7 2.61)
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The calculation of the equilibrium composition for a liquid reacting mixture requires
equations for the activity coefficients of every species present.

2.3.4.2 Gas-Phase Reactions

For gaseous reactions, the usual convention is to denote gas-phase mole fractions as y;
thus, z;=y,. The fugacity of component j in solution, f;, can be written as

fi=vivifi = Yj]/j(j;)P 2.62)

where P is the total pressure. The fugacity coefficient, ¢;, is defined as ¢; = f;/P and
may be determined from an equation of state (e.g., Peng—Robinson or Redlich-Kwong
equations). Thus, the fugacity of component j in solution is

A

Most gases form ideal solutions for which Y =1,s0

n 6. P M
K = (yfj‘fj\ (2.64)
. j
Equation 2.64 can be written as
Ky K vi
K== p2Y (2.65)
P

where

K, = 1_,[4)}’ K, = l_l[yfv] Ky = H(ff)Vj
J= J= J=

When fjisequaltol bar,thenK . =1.Note that for this definition of standard state, the
units of pressure in the previous equations must be in bar. If P and T are known, K and K,
can be computed; hence K| can be calculated and thereby the composition at equilibrium.

For the special case of an ideal gas, ¢; =1, P; = f] = y;P and thus K, = 1. Then
K = K,P2Y = Hpj”f - Kp (2.66)

Many gas-phase reactions in industrial reactors are carried out at pressures near
atmospheric, and in such cases, assuming that the gas behaves like an ideal gas is often
appropriate.
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Example 2.6

Consider the gas-phase reaction of CO and H, to form methanol:

CO + 2H2 = CHSOH

For a stoichiometric feed composition, perform the following calculations:

a. Find the equilibrium conversion at 298 K and 1 bar, assuming ideal gases.

b. Find the equilibrium conversion at 515 K and 100 bar, assuming ideal gases.

c. Find the equilibrium conversion at 515 K and 100 bar, assuming real gases. For
the real gas case, we must compute ¢ using, for example, the method of cor-
responding states. The critical properties, reduced properties, and values of ¢
are given in the following table:

T.(K) P,(atm) Tz(K) P, (atm) (]

CH,OH 512.6 81.0 1.00 1.235 0.54
cO 132.9 35.0 3.88 2.86 0.98
H, 33.2 13.0 15.5 7.69 1.05

SOLUTION
With KfO =1, Equation 2.65 is written as

K = K, K,P2"

The pressure P is in bar, and

Ky = l_][y]Yf K¢ = 1_1[4)7]
j= j=

To calculate the value of the equilibrium constant, first compute the free energy change
of reaction. Using the information in Appendix 1, the following values can be calculated:

AGg 205 = -25,200 J/mol and AHp s = -90,700 J/mol
The equilibrium constant is calculated from Equation 2.51:
AGi = -R,TInK
Therefore
-25,200 = -(8.314)(298)InK
which gives

Kaes = 2.614 x 10*



Thermodynamics of Chemical Reactions 41

This value is the equilibrium constant at 298 K. To perform the equilibrium calculations,
it is necessary to take a basis for the reaction. Let the basis be a starting mixture of 1 mol
of CO and 2 mol of H,. At298 K and 1 bar, the mixture is given as an ideal gas and there-
fore K, = 1. The summation of the stoichiometric coefficients is

1

2Vj:1_2_1=_2
£

The equilibrium constant can thus be expressed as

3 -2

Yen,on
= 2
Yoo Vi,

Taking the starting basis of 1 mol of CO, let € moles react. The number of moles of each
component at equilibrium can then be expressed by

NCO =1-¢
Ny, =2(1-¢)
NCH3OH =¢

Nt 3-2¢

Substitution of these values into the expression for the equilibrium constant gives

8(3 - 28)2

4(1-¢)

Solve by iteration for the unknown value to get € =0.9783. The conversion of CO is
97.83%. This value is the solution to part (a).

To solve part (b), it is first necessary to calculate the value of the equilibrium constant
at 515 K. To do this calculation, Equation 2.53 is used.

K = ﬁ@ ~2e)'P? or 2614x10* =

d(InK)  AHj
T  R,T?

The first step is compute an equation for [J[Hy. Recall that the temperature dependence
is given by Equation 2.49:
o(AHR)
aT

= ACp

The change in heat capacity between reactants and products is

n

ACP = 2 V]'Cp,]‘
=
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From Appendix 1, the following values are obtained for the heat capacity polynomial:

Cp =a+bT +cT?+dT?

Compound a b c d

cO 28.11 0.1675 x 102 0.5363 x 10 —2.218 x 107
H, 29.06 —0.1913 x 102 0.3997 x 10-° —0.869 x 10-?
CH,0OH 19.02 9.137 x 102 -1.216 X105 -8.030 x 10~°

Substitution of these coefficients gives the equation

ACp = -67.21 + 9.352 x 1072T - 2.552x 107°T? - 4.074 x 107°T?

The general equation for [JHr can be written as

T
AHy 1 = AHj o5 + J ACpdT 2.67)
98

Substitution of the heat capacity and enthalpy of formation data, followed by integra-
tion gives

AHy 1 = —66,326 — 67.21T + 4.676 x 10T - 8.506 x 10°T* - 1.018 x 10°T* 2.68)

Equation 2.68 for [JHk can now be used to develop an equation for In K using the van’t
Hoff equation (Equation 2.53):

T
InKy = InKags + J‘ AHR gr (2.69)

2
) R,T

Substitution of the numerical values and integration gives

7978

In(Kr) = 27.74 + - 8.084InT + 5.624 x 10T - 5.115x 107 T* - 4.081x 107" T*

(2.70)

At a temperature of 515 K, Equation 2.70 gives a value for the equilibrium constant of
K515=1.120 x 10%2. Therefore, substitution gives the following expression for the conver-
sion at equilibrium:

8(3 - 28)2

4(1-¢)

1.120x 107 = (100) 2.71)

Solving Equation 2.71 by trial and error gives the result € =0.8529. By increasing T
and P, we reduce equilibrium yield to 85.29%. However, this value assumes that the
compounds are ideal gases, which is not true at this temperature and pressure.
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For part (c), it is necessary to add the effect of the fugacity coefficients of the
components. For each component, the value of ¢ is given. These values were computed
using the method of corresponding states. Substituting these values gives

054
(0.98)(1.05)°

0.500 2.72)

When Equation 2.72 is included in the equilibrium calculation, we obtain the expression

5(3 - 28)2

4(1-¢)

1.120x1072% = % 0.500 x 10072 (2.73)

Solution of Equation 2.73 gives € = 0.8857. The conversion at this T and P is 88.57% using
the real gas assumption.

2.3.4.3 Solid-Phase Reactions

When a component in reacting mixture is present as a pure solid, its activity has a value of
one at low-to-moderate pressure. Therefore, if a mixture of gases and pure solids are
involved in a reaction, the presence of the solid does not affect the overall gas-phase
composition at equilibrium. Consider the reaction between ferrous oxide and carbon mon-
oxide to produce metallic iron and carbon dioxide. The overall reaction is given by the
following equation, where the subscript (s) denotes a solid and the subscript (g) denotes a
gaseous component:

FeO(s) + CO(g) = Fe(s) + COz(g) (274)
The equilibrium constant can be written in terms of activities at equilibrium:

red
K=( e CO,

relc ) (2.75)
A5e0ACO / equilibrium

If both FeO and Fe are present as pure components (i.e., they do not form a solution),
their activities are both one. For ideal gases, the activities depend on the partial pressures.
The equilibrium composition can thus be written in terms of the gas-phase partial pres-
sures, that is

K=@

2.76
Py (2.76)

Because the equilibrium composition does not include the solid activities, the amount of
FeO and Fe present at equilibrium cannot be determined directly from the equilibrium
constant alone, but rather requires a knowledge of the starting composition as well. The
ratio of Fe and FeO in the final mixture can be calculated from a mole balance, as illus-
trated in Example 2.7.
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Example 2.7

Consider the reduction of FeO by CO gas. The overall reaction is given as follows, where
the subscript (s) denotes a solid and the subscript (g) denotes a gaseous component:

FeO(S) + CO(g) = Fe(s) + COz(g) (277)

At 1273 K, the equilibrium constant for the reaction has a value of 0.4. At this tempera-
ture, pure CO is added to FeO and the mixture is allowed to reach equilibrium at a
total pressure of 1 bar. Calculate the number of moles of Fe formed for each mole of CO
initially in the mixture.

SOLUTION
The assumption is made that the gases are ideal. Take the initial total pressure as 1 bar

of CO, and let x denote the partial pressure of CO at equilibrium. The equation that
describes the equilibrium composition of the gas phase is then

Kol _1=x_ oy (2.78)
PCO X

Solving for x gives a value of x = 0.714; therefore, the final equilibrium partial pressure
of CO is 0.714 bar. The fraction of the CO converted is equal to (1 — x), or 0.286. The par-
tial pressure is directly proportional to the number of moles, and therefore at equilib-
rium, each mole of CO initially present will react to leave 0.714 mol of CO and 0.286 mol
of CO,. Thus, from the reaction stoichiometry, for each mole of CO initially present,
0.286 mol of Fe will be formed.

Note that the preceding calculation gives no indication of the actual amounts of either
FeO or Fe present at equilibrium. Furthermore, it is assumed in the calculation that suf-
ficient FeO is initially present so that, when equilibrium is reached, both FeO and Fe
are present. Suppose, for example, that the initial mixture contained 1 mol of CO and
0.5 mol of FeO. The calculation tells us that 0.286 mol of Fe is formed for each mole of CO
initially present, and thus it is evident that the final solid composition will be 0.286 mol
of Fe and 0.214 mol of FeO. If, on the other hand, 1 mol of CO was to be added to 0.25 mol
of FeO, then equilibrium cannot be established because <0.285 mol of FeO is available.
In this case, all of the FeO would react to Fe and the final gas-phase composition would
be 0.75 mol of CO and 0.25 mol of CO,.

2.3.5 Equilibrium Compositions with Multiple Reactions

When more than one reaction occurs in a mixture, the computation of the equilibrium
composition is more complex than the single reaction case. In the multiple reaction case, all
of the possible reactions must simultaneously be in equilibrium. Calculations of equilib-
rium compositions in such systems can be quite complex, and require a knowledge of
which products can reasonably be expected to occur. For example, in the illustration used
at the beginning of the chapter, in which the possible reactions of synthesis gas were dis-
cussed, it was seen that a myriad of possible products could be formed. Indeed, in this
example, the possibilities are literally almost infinite. Two methods are commonly used to
solve multireaction equilibrium problems. In the first method, the minimum number of
independent reactions required to describe the system is written, then an equilibrium
expression is written for each one. The resulting set of nonlinear equations is then solved
numerically. The second method is based on the minimization of the Gibbs free energy for
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the system as a whole. Details of these methods can be found in, for example, Smith et al.
(1996) and Sandler (1999).

2.4 Summary

Chemical reaction engineering encompasses a broad range of practical applications which
have seen the development of a wide variety of reactor types. The analysis of chemical
reactors draws on many of the fundamentals of chemical engineering, and, as such, is
often represented as being the pinnacle of the education of a chemical engineer. Although
there are many types of chemical reactor, a solid foundation in the understanding of the
analysis of the basic ideal reactor provides a good starting point for the analysis of more
complex types.

One of the more important underpinnings of chemical reactor analysis is the science
of thermodynamics. Thermodynamics is employed in calculating enthalpy changes in
reactors as well as equilibrium compositions.

More detailed information on thermodynamics can be found in the references given in
the “Recommended Readings” in frontmatter.

PROBLEMS

21 Ammonia is an important raw material used in the manufacture of, among
other things, fertilizers. Ammonia can be produced by the catalytic reaction
between nitrogen and hydrogen. The overall reaction is

%Nz + %Hz = NH3

Industrially, this reaction is carried out at elevated pressures where the gases
are not ideal. Calculate the equilibrium composition for this operation at a reac-
tor pressure of 1000 bar and temperature of 723 K. The feed consists of 21 mol%
N,, 63 mol% H,, and 16 mol% inert Ar. The fugacities of pure hydrogen, nitro-
gen, and ammonia are 1350, 1380, and 860 bar, respectively. Other thermody-
namic data are available in Appendix 1.

2.2 Ethene (ethylene) is used in the production of many useful chemicals, including
polyethylene. Ethene is produced by the thermal cracking of ethane, which
desaturates the ethane molecule, producing ethene and hydrogen. The overall
reaction is

C2H6 = C2H4 + H2

a. Calculate the equilibrium fractional conversion of ethane cracked for a reac-
tor feed of pure ethane at a pressure of 120 kPa and a temperature of 1023 K.
Use the data in Appendix 1. At this temperature and pressure, the fugacity
coefficients of the three components are all equal to one.



46

2.3

24

2.5

Introduction to Chemical Reactor Analysis

b. Use the data in Appendix 1 to calculate the amount of heat transfer required
per mole of ethane cracked for the operation in part (a) to maintain the tem-
perature at 1023 K. Is the heat transferred to or from the reactor?

The manufacture of sulfuric acid required sulfur trioxide. In this process, sulfur
is first burned with air to produce sulfur dioxide. The sulfur dioxide is then
oxidized in a catalytic reactor to produce sulfur trioxide. The gas from a sulfur
burner consists of 8§ mol% SO,, 11 mol% O,, and 81 mol% N,. This gaseous mix-
ture is passed to a catalytic reactor where SO, is oxidized to SO;. The reactor exit
temperature is 500°C and the pressure is 1 bar. The equilibrium constant at
500°C is 85 and fugacity coefficients are essentially equal to one. Calculate the
reactor exit conversion of SO, if equilibrium is established. The reaction is

SOZ + %02 = SO3
Repeat the calculation for a total reactor pressure of 2 bar.
Consider the oxidation of sulfur dioxide to sulfur trioxide:
SOZ + %Oz = SOg
The equilibrium constant is 85 at 500°C. The enthalpy of reaction is —98.2 kJ/mol

of SO, converted, and may be assumed to be constant. The heat capacities of the
species may be assumed to have constant values of

N, 28.8 J/mol 0O, 32.6 J/mol
SO, 47.7 J/mol SO, 64.0 J/mol

A mixture of SO,, O,, and N, enters an adiabatic oxidation reactor. The mixture
reacts and comes to equilibrium. Calculate the final temperature of the mixture
if the initial temperature is 400°C. The initial composition of the mixture is
8 mol% SO,, 11 mol% O,, and 81 mol% N,. The total pressure is 100 kPa (1 bar).

Palladium catalyst is used in the catalytic oxidation of methane. The active form
of palladium is the oxide form, which can decompose to palladium metal and
oxygen gas. The overall reaction is

PdO = Pd + 10,

Palladium oxide and palladium metal are solids. The free energy change of
reaction is

AISR = 11,273 + T[2.8910g:0(T) - 18.57]

8

If the oxygen partial pressure above the catalyst is 0.2 bar, calculate the tempera-
ture at which the PdO catalyst will decompose to Pd. Repeat the calculation for
an oxygen pressure of 1 bar.
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2.6 The steam reforming reaction, that is, the reaction between water vapor and
methane, typically involves multiple reactions. For example, the following two
reactions can be used to describe the process:

CH4 + Hzo = CO + 3H2
CH4 + 2H20 = C02 + 4H2

Assume that both of these reactions achieve equilibrium at 593 K. The equilib-
rium constants at this temperature for the two reactions are 0.41 and 1.09, respec-
tively. Calculate the equilibrium composition if the starting composition is 5 mol
of steam and 1 mol of methane at a pressure of 2 bar.

2.7 Many solids decompose to yield another solid and a gas. Consider the decom-
position of limestone (calcium carbonate), which produces lime (calcium oxide)
and carbon dioxide gas. The overall reaction is

CaCO3(S) = CaO(S) + COz(g)

The decomposition reaction will only occur if the activity of the gas in contact
with the solid has a value lower than the equilibrium value. The pressure of the
gas at which the decomposition of the solid occurs is called the decomposition
pressure.

a. Calculate the decomposition pressure of limestone at 1000 K.

b. Calculate the temperature that corresponds to a decomposition pressure of
1 bar.

The standard free energy change of the reaction at 298.15 K is 134.3 kJ/mol. The
standard enthalpy change of reaction at 298.15 K is 182.1 kJ/mol. The heat capac-

ities are
6
(Cp)eaco, = 82:26 + 497 x 107°T - % J/mol-K
5
(Cp)eso = 41.8+2.02 x 10T - 4.51T7>;10]/m01 ‘K
I
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Mole Balances in Ideal Reactors

Chapter 1 gave an introduction and overview of chemical reaction engineering and
presented an introduction to some of the common reactor types. This chapter begins the
development of the methodology required for the analysis of chemically reacting systems.
The material presented in this chapter describes the development of the mole balance
equations required for the analysis of three types of ideal reactors. To preserve simplicity
at this stage in the development, temperature effects are not considered in this chapter.
Three conditions must therefore be satisfied. First, the reacting fluid must have a uniform
temperature at all locations in the reactor. Second, the temperature at every point in the
reactor must stay constant with time. Third, when a flow reactor is considered, the inlet
and outlet streams must also have the same temperature. When these three constraints are
met, it is not necessary to solve an energy balance equation to calculate the extent of reac-
tion because the temperature is known for the entire system.

The discussion is furthermore limited to ideal reactors. These reactors have a well-
defined flow pattern and a known level of mixing. One of two extremes of mixing, either
perfect mixing or zero mixing, is assumed. These mixing patterns were introduced in
Chapter 1 as the perfect mixing and plug flow assumptions. In this chapter, these flow pat-
terns are explained in more detail and the effect that each assumption has on the develop-
ment of the mole balance is shown. When an ideal reactor is assumed, pressure drops
across the reactor are ignored and because the flow pattern within the reactor is also
assumed to be known, it is not necessary to solve the momentum balance equation to
deduce the velocity and pressure distribution in the reactor.

With the temperature, pressure, and velocity patterns known, the only remaining vari-
able in the reactor is the concentration distribution of the reactants and products. In the
following sections, the mole balance equations are derived for the three major types of
ideal reactors. These three reactors were introduced in Chapter 1 and are the perfectly
mixed batch reactor, the perfectly mixed continuous stirred tank reactor, and the plug flow
reactor (PFR). We start by introducing the general mole balance equation, and then show
how variants of the general equation are used to describe the different reactor types. The
mole balance equations are developed for single- and multiple-reactor systems, and for
single and multiple reactions. Both steady-state and transient systems are considered in
this chapter.

3.1 General Mole Balance Equation

In chemical reaction analysis, the conservation equations are usually based on mole bal-
ances rather than mass balances. Although mass can be used as a basis for calculations
involving reactors, it is usually considered to be more convenient to work in terms of
moles. Mass is always conserved in a chemical reaction, but the total number of moles may

49
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change. When the mole balance is performed in reactor analysis, it is usually done with
respect to a single species.

We start the derivation of the mole balance equation by developing the general mole
balance over an incremental reactor volume element. Consider an incremental volume
element of a chemical reactor, AV, over an incremental time, Af. Let j be some species in
the reactor. The species j flows into the volume element at some rate and flows out at
another rate. Furthermore, some moles may be created or destroyed by reaction inside
the volume element and, in the transient case, some accumulation of moles may occur as
well. The mole balance for some component j over the volume increment can be expressed
in words by

Molar flow Molar flow Rate of formation Rate of
of j - of jout |+ of j byreaction |= accumulation
into AV of AV in AV of j in AV during At

Let F; represent the molar flow rate of component j, and 7, the rate of formation of compo-
nent j. The rate of formation of j is expressed as a rate per volume, so the rate of formation
of j in the volume AV is the product of the rate and the volume. The rate of accumulation of
moles in the volume element can be expressed in terms of the number of moles of j, denoted
N, at the beginning and end of a time increment, At. Therefore, the mole balance equation

can be represented mathematically as

(N)+A _(N) AN
F‘fl‘in_P}‘aut + T]AV = [ - tAt ] t] = Atj (31)

Equation 3.1 represents a general mole balance over a discrete volume element.
Depending on the type of reactor to which Equation 3.1 is applied, different mole balance
equations result. The final form depends on whether or not the concentration in the reactor
varies with position or is uniform throughout the entire volume. The following sections
show how the specific mole balances for the perfectly mixed batch reactor, the PFR, and
the perfectly mixed continuous reactor are developed.

3.2 Perfectly Mixed Batch Reactor

A batch reactor does not have any inlet or outlet streams during operation. Material is
added to the vessel, the reaction occurs, then the vessel is emptied: therefore, F=0 for
both inlet and outlet. Batch reactors can be operated in a variety of ways; in the following
analysis, it is assumed that the reaction mixture is homogeneous, that is, all the contents
are in a single phase. Perfect mixing is also assumed, which means that there are no
spatial variations in temperature and composition. Eliminating the flow terms from
Equation 3.1 gives

AV = [(Nj)nm B (Nf)t] _ AN; (3.2
At At
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If the concentration of all species is the same at every point in the reactor volume, the
incremental volume can be replaced by the total volume. Furthermore, the discrete time
change can be replaced by the differential time element by taking the limit of an infinitesi-
mally small time step. With these changes, Equation 3.2 is written as a differential
equation:

1 dN;
1= v 3.3

Equation 3.3 is valid for all homogeneous perfectly mixed batch reactors. The volume, V,
is the total volume of the reaction mixture and may change during the course of the
reaction.

Note that r; is the rate of formation of component j. Equation 3.3 can also be (and quite
often is) written in terms of the rate of disappearance of a reactant, denoted A. The rate
of disappearance of a species is written as the minus of the rate of formation, that is as
(=r4). Note that if reactant A is being consumed in a reaction, its rate of disappearance,
(=r4), is a positive number. The mole balance for species A in terms of its rate of
disappearance is then

1 dNy4
(-n) = - (34)

The following sections show how the batch reactor mole balance is applied to both
constant- and variable-volume batch reactors.

3.2.1 Constant-Volume Batch Reactor

The constant-volume batch reactor is perhaps the most widely used type of batch reactor.
In this mode of operation, the volume of the reaction mixture does not change with time.
Most liquid-phase reactions do not undergo significant volume changes with reaction,
although there are some exceptions. A gas-phase reaction that occurs in a reactor with
fixed walls will also be constant in volume. If the moles change on reaction for a gas-
phase reaction, the pressure inside the reactor will change to compensate for the change
in number of moles.

In a constant-volume batch reactor, it is common to perform the mole balance calcula-
tions in terms of concentrations, rather than the number of moles. The moles of species A
is simply the product of the volume and the concentration, that is

Na = CaV (3.5)

Substitution of Equation 3.5 into Equation 3.4, and assuming constant volume, gives

- = - 3.6
voodt dt )

(o) = 1d(VCy)  dCa

It is important to emphasize that Equation 3.6 is only valid for a constant-volume batch
reactor, is not generally applicable to all reactors, and is not a definition of reaction rate.



52 Introduction to Chemical Reactor Analysis

Because the volume, and hence the mass density, is constant, the conversion of a reactant
A may be defined using the concentrations. The fractional conversion of A for a constant-
volume process is defined as

_ CAO - CA

X
A Cao

3.7)

In Equation 3.7, C, is the initial concentration of A in the reactor, and C, is the concentra-
tion at time ¢. Equation 3.7 can be rearranged to give an explicit equation for C,:

Ca = Cao(1-X4) (3.8)

Both sides of Equation 3.8 can be differentiated with respect to time to give

dCy . dXa
dr T

(3.9)

Substitution of Equation 3.9 into Equation 3.6 gives an expression for the reaction rate in
terms of the fraction conversion of reactant A:

(—TA) _ _dCA C dXA

- 3.10
dt dt ¢10)

= “A0

Equation 3.10 is the basic mole balance for the constant-volume batch reactor. The analy-
sis of a constant-volume batch reactor is illustrated in Example 3.1 following Section 3.2.2.

3.2.2 Variable-Volume Batch Reactor

In a variable-volume batch reactor, the volume of the reacting mixture changes with
time. This change can result from an imposed volume change by an external force. For
example, a gas-phase reaction might be conducted in a cylinder fitted with a piston.
During operation, the piston might be moved by the application of an external force.
Alternatively, during the course of reaction, a gas-phase reaction might resultin a change
in the number of moles present in the reactor. If the reactor is operated in such a way that
the pressure of the reactor is held constant, the volume of the reactor will adjust. In a
variable-volume reactor, the conversion cannot be easily defined in terms of the concen-
tration because a change in the volume yields a change in concentration even if no reac-
tion has occurred. The conversion must be defined in terms of the number of moles. For
reactant A

- NAO _NA

X
A Nao

(3.11)

Equation 3.11 can be rearranged to the form

Na = Nao(1-X,4) 312
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The mole balance equation for the variable-volume well-mixed batch reactor is simply
the general equation developed earlier. That is, in terms of the rate of disappearance of
species A, the mole balance is

1dN
(1) = - 5 (3.13)

The reactor volume, V, must be related to either time or the moles of A present at any
time. The use of the batch reactor mole balance for the variable volume case is illustrated
in Example 3.1.

Example 3.1

An irreversible gas-phase reaction is carried out in a batch reactor at 25°C. The reac-
tion is

A+B—-C
The rate of disappearance of reactant A is given by the following function:

(—rA) = kCACp mol/m3s, where k = 3.5x107° m3/mol S (3.14)

The reactor is filled with an equal number of moles of A and B. The initial concentra-
tion of A is Cy, = 50.0 mol/m?. Calculate the fractional conversion of A after 500 s for the
following three types of batch reactors. Assume ideal gases.

a. Constant-volume reactor
b. Constant-pressure reactor
c. Variable-volume reactor where V =V, (1 + 0.001¢)

SOLUTION

The initial concentrations of A and B are equal, and 1 mol of A reacts for each mole of
B that reacts. It follows that the concentrations of A and B are equal at all times and we
may write the rate function as

(—rA) = kC%, where Cu = % (3.15)

The solution for each of the three cases is obtained by application of the appropriate
form of the mole balance equation.

a. Constant-Volume Batch Reactor (CVBR)

The first step is to substitute the rate function, Equation 3.15, into the mole balance equa-
tion. As the volume of the reactor is constant, Equation 3.6 is used:

dCa

= kCi 3.16
oA -k (16

(=7a) = -

Equation 3.16 contains one dependent variable, the concentration of A. Equation 3.16
can be integrated over a time interval of 0 to t, during which the concentration changes
from C,, to C,. The integral equation is



54

Introduction to Chemical Reactor Analysis

CAf

t
f kdt = - dCZA (3.17)
0 Ca

CA0

Integrating Equation 3.17 between the limits gives

CAf

kt = 1 = LN (3.18)
Calc AD Car Cao
Substitution of the numerical values of the variables leads to
-5),..3 1 1 5
(3.5 x 10 )m /mol 5(500)s = —— - — m*/mol (3.19)
Cas 50

Note that the units are consistent. Solving Equation 3.19 for the final concentration
gives a value of C,;=26.66 mol/m? The final conversion can be computed from this
value as follows:

_ Cao - Car 50 -26.66

X
A Co 50

= 0.467

Note that this definition of conversion is only valid because the volume of the reactor
is constant.

b. Constant-Pressure Batch Reactor (CPBR)

The reaction being considered is a gas-phase reaction which undergoes a change in
moles on reaction. If both the pressure and the temperature of the reactor are to be held
constant, the volume of the reactor must change as the reaction proceeds. The mole bal-
ance equation to use is therefore Equation 3.13. Substitute the rate expression, Equation
3.15, into Equation 3.13, to give

_1dN,

= kC3 3.20
v @ A (3:20)

Equation 3.20 contains three independent variables: N,, C,, and V. The equation must
be expressed in terms of one of these variables only. It is best to write the mole balance
in terms of the number of moles of A. The concentration and the number of moles are
related by the volume of the reaction mixture; hence

2
Ca = Na which gives —ldNA = kNZA
1% VvV dt 1%

(3.21)

The volume occupied by a gas is a function of the total number of moles present, the
temperature, and the pressure. The total number of moles present is simply the sum of
all the moles of the different species in the system:

N, = ENi = Nu + Nj + N¢ (3.22)
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The number of moles of A, B, and C are related by the reaction stoichiometry. We want
to express the total number of moles in terms of the number of moles of A only. The easi-
est way to represent this is to build a stoichiometric table, as follows:

Species  Initial Moles Moles after Reaction
A Nao N,

B Ny =Ny Np=Npg— (Npo—Ny) =Ny
C Ng=0 Nc=Nyo— Ny

Total N, =2N,, N,=Nyo+ N,

If we assume that the mixture behaves like an ideal gas, the volume, pressure, and the
total number of moles can be related using the ideal gas law:

The initial volume, V,, and the volume for any given extent of reaction, V, are there-
fore, respectively, given by

R,T

R, T and V =(Ny + NA)%

Vo = 2Nao

Taking the ratio of the two volumes yields an expression for the volume as a function
of the extent of reaction:

K=(NA0+NA) or V=V0(NA0+NA) (3.23)
VO 2NA0 2Z\]AO
Substituting Equation 3.23 into Equation 3.21 gives

- dt =V0(NAO+NA)

Equation 3.24 can be rearranged and expressed in integral form:

INak mi o N+ N "N 1
a0k fdt=f(7A°2 A)dNA=f( §°+—)dNA
v JUT UM JIng TN

These integrals have analytical solutions:

Ny

_, Naok

0

Nar
+In NA\

t
-]
0 A INa Mo (3.25)
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Substitution of the limits in Equation 3.25 gives

—2N%Okt = —ZkCAot = NAOI:

0

1 1

= |+ (M) (3.26)
Nao NAf

Nao

Finally, substitution of the numerical values into Equation 3.26 gives

NAO _ ln(NAO\

(-2)(3:5x107)(50)(00) = 1 = % — In )

Solving for (N,;/N ) by iteration gives a value of (N,/N,,) = 0.491. This ratio is related
to the fractional conversion as follows:

Na - N N
= AT o A 2120491 = 0.509

Xa
NAO A0
Note that the volume decreases during the course of the reaction, which gives a
higher effective concentration, compared to the constant volume case, and therefore the
average rate of reaction is higher. Ultimately, a higher fractional conversion is obtained
for the same reaction time, compared to the constant volume case.

c. Imposed Volume Change with Time

In the final case, the reactor volume is changed using an imposed external means, so
that the volume varies according to the following function in time:

V = Vo (1 +0.001t) (327)

In this case, the volume change is imposed in a defined manner, so both the reactor
volume and pressure must change with time. The mole balance for this reactor can be
obtained by substitution of Equation 3.27 for the reactor volume into the batch reactor
mole balance, Equation 3.13, to get

dN, KN (3.29)

dt Vp(1+0.001)

Equation 3.28 can be written in integral form as

Na

vdNo __kpoodt (3:29)
f Ni Vof (1+0.001t)
Nao 0

Performing the integration

Nay ,
L. —L(L) In (1 + 0.001¢) (3.30)
NA Nao VO 0001 0
Substituting the limits into Equation 3.30 gives
L1 K n(1+0001) (3.31)

Ny Nao 0001V,
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Rearranging Equation 3.31

NAO 1 k NAO

- In (1 +0.001t) = LU (1.5) (3.32)
Ny 0.001 V;

0.001

Performing the final substitutions and solving give the final results

N
Nao 17006 or A _ 0585 andso X0 = 0415

Af A0

Summary of the Three Cases

The results of the three cases are summarized below. Note that the highest conver-
sion is achieved when the volume decreases during the reaction. A decreasing volume
effectively results in a higher average concentration during the reaction, which gives a
higher average rate of reaction.

a. Constant volume X, =0.467
b. Constant pressure X, =0.509
c. Variable volume and pressure X, =0415

This section has introduced the concept of the well-mixed batch reactor. With the assump-
tions used, it was seen that the mole balance is an ordinary first-order differential equation
that relates the moles of the species in the reactor to time using a rate of reaction for those
species. It is important to appreciate the differences that are obtained when a reactor is
operated with either constant or variable volume. These differences are especially impor-
tant when defining the fractional conversion of a reactant. Generally speaking, liquid-phase
reactions are usually assumed to occur in a constant-volume environment, while gas-phase
reactions may have either constant or variable volume. If the reactor walls are fixed and the
reacting mixture fills the vessel entirely, the volume must be constant by definition.

3.3 Plug Flow Reactor

This section introduces the mole balance equation for the PFR operating at steady
state. The PFR usually consists of a tube or a duct through which the reacting fluid
flows. Although PFRs can be of any cross-sectional shape, they are commonly comprised of
a circular tube of constant cross-sectional area. This version is often called a tubular reactor,
although caution should be used with these labels. The term “tubular reactor” may also be
used for a reactor of circular cross section which does not operate in plug flow.

3.3.1 Plug Flow Assumptions

The plug flow assumptions refer to the assumed nature of the fluid flow within the tube.
The assumptions are described in the following;:

1. Flat velocity profile along the reactor radius. When a fluid flows down a tube, the
wall exerts a drag force on the fluid. This drag force is passed by adjacent fluid
layers into the bulk of the fluid. The result is a velocity profile along the radius of
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the tube, with the fluid velocity equal to zero at the wall and having a maximum
value at the centerline. This profile is most pronounced in laminar flow, where the
fully developed velocity profile in a circular duct is parabolic. As the flow becomes
increasingly turbulent, the velocity profile will tend to become flatter at the center
of the pipe, with a steeper drop off to a zero velocity at the wall. Therefore, the
higher the mean velocity in the reactor, the flatter the velocity profile will become.
Plug flow assumes that the velocity profile is completely flat, that is, there are no
radial variations in the velocity. In other words, the velocity at any radial position
is equal to the average velocity of the fluid. This assumption will cause the least
error in fully developed turbulent flow, that is, when the Reynolds number is
greater than 10,000.

2. No radial variations in concentration or temperature. In addition to assuming a
flat velocity profile, it is also assumed that there is perfect mixing in the radial
direction. In other words, the concentration and temperature along a radius at any
given axial position are constant. This assumption is best when applied to the
fully developed turbulent flow case.

3. No axial mixing. A key assumption in plug flow is that there is no mixing along
the axial direction as a result of either molecular diffusion or dispersive mixing
processes. In reality, the concentration of the reacting stream will change as it
flows through the reactor, creating axial gradients in concentration. These gradi-
ents will cause diffusion to occur. The plug flow model assumes that these diffu-
sion processes are minor compared to the bulk movement of fluid, and can be
ignored.

3.3.2 Plug Flow Mole Balance

Consider a volume element within a pipe through which the reacting fluid is flowing,
as represented in Figure 3.1. The mole balance over this volume element for a time inter-
val At may be written in terms of the molar flow rate of species j into and out of the
volume element, and the change in concentration of j within the element over the time
interval.

+ 1AV = AVC]”A’Athf (3.33)

F,

]‘V

-F

7‘V+AV

At steady state, the right-hand side of Equation 3.33 is equal to zero and

F.

J‘v

-F

f‘vmv

+1AV =0 (3.34)

Ely —————— AV — Flyar

FIGURE 3.1
Volume element of a plug flow reactor used to develop the mole balance equation.
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Equation 3.34 can be rearranged to give an expression in terms of reaction rate:

- Flvaay - Flv (3.35)
AV
In the limit, AV tends to the differential volume element dV which gives a differential
equation

dr,
r= 3.36
= (3.36)

Equation 3.36 is the steady-state PFR mole balance equation. The same expression writ-
ten in terms of the rate of disappearance of a reactant A is

(=1y) = _ii‘? (3.37)

The mole balance equation can also be written in terms of the conversion of a reactant,
denoted A. The conversion in a steady-state flow reactor is defined in terms of a change in
molar flow rate of the species of interest, as follows:

XA=M or FA=FAO(1_XA)
Fao

Substitution of the conversion of A into Equation 3.37 gives

dax
(=1a) = Fro~gy7 (3.38)

Equation 3.38 can be integrated over a volume, V, between the inlet and outlet molar flow
rates, denoted F,, and F,;. The integral form of the PFR mole balance, Equation 3.37, is

p " dF
f dv =V =- A (3.39)
0

v, (=7a)

The integral form of Equation 3.38 is

XAk

Vv dXa

Fao  J (1)

(3.40)

3.3.3 Space Time in Plug Flow Reactor

The space time and space velocity were introduced in Chapter 1 as useful methods of
quantifying reactor throughput. Recall that the space time in a flow reactor is typically
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defined as the ratio of the reactor volume to the volumetric flow rate of the inlet stream
measured at the reactor inlet conditions. The inlet molar flow rate in the PFR mole balance
can be expressed in terms of the inlet volumetric flow rate, Q. The relationship between
molar and volumetric flow rates is

Fao = QoCao (341)

Equation 3.40 can then be written as

X

AE
14 dXa
—— =1 = Cy
Qo ! (-=7a)

(342)

In Equation 3.42, 1 is the space time of the reactor.

3.3.4 Mean Residence Time in Plug Flow Reactor

The mean residence time was also introduced in Chapter 1 as a measure of the average
amount of time that molecules can spend in the reactor. A higher mean residence time
implies a higher conversion of reactants, provided that equilibrium is not reached. The
mean residence time, t,, for a PFR is defined as

\4
dv
b = | — 3.43
[ o (3.43)

The volumetric flow rate in the reactor changes with position if the mass density of the
fluid changes, either as a result of temperature changes or if the number of moles changes
in a gas-phase reaction. When the mass density of the fluid is constant, the following rela-
tionship is true:

N L S (3.44)

The mean residence time is equal to the space time, if, and only if, the density is constant and the
space time is based on the conditions at the reactor inlet.
The application of the plug flow mole balance is illustrated in Example 3.2.

Example 3.2
Consider the irreversible ideal gas-phase reaction as follows:
A+B—-C
The reaction is carried out in a PFR at a constant 25°C, with a space time of 500 s. The

feed contains only reactants A and B in equal concentrations of 50 mol/m?3. The rate of
reaction of A is given by

(-7a) = kCACs, wherek = 3.5 x 10°m’/mol - s (3.45)
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This reaction is the same one used in Example 3.1. Calculate the exit fractional conver-
sion of A and the mean residence time for the reactor.

SOLUTION

The fractional conversion is calculated directly from the plug flow mole balance equa-
tion. The mole balance equation for the PFR is

(—rA) = —ii‘/A = kCACB (346)

In Equation 3.46, both F, and C, are present as dependent variables. Only one of these
variables may be used. In this example, we will work in terms of F, because the reac-
tion is a gas-phase reaction in which moles are not conserved. The concentration of the
species thus changes as a result of density changes that occur as the reaction proceeds,
which make the direct use of concentrations problematic. The relationship between F,
and C, depends on the volumetric flow rate, Q:

QCs = Fu (347)

If we assume that the gases obey ideal mixing and the pressure is constant, then Q
is proportional to F,, the total molar flow rate. In other words, Q will change along the
reactor length. The ideal gas law gives the relationship between Q and F;:

PQ = ER,T and BQo = FoR,T (3:48)

We take the ratio of the conditions at any point in the reactor and at the inlet condi-
tions to give

Q Qo
Q. o o-p (349)
F  Fy Fo '
The overall reaction is
A+B—>C

The molar flow rate of each component can be expressed in terms of F,. Note that the
inlet molar flow rates of A and B are the same; therefore, the flow rate of A and B (and
their concentrations) will be equal at any point in the reactor.

Species  Inlet Flow Rate = Flow Rate after Reaction

A Fro Fu

B Fyo=Fao Fg=Fpy— (Fao—Fa)=Fx
C Fe=0 Fe=F,—Fa

Total F,=2F,, F,=F,g+F,

The volumetric flow rate can then be expressed as

(FAO+FA)

3.50
2Fxo 450

Q=0Q
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The concentration terms in the rate expression are now replaced by flow rates (and
noting that the concentrations of A and B are equal) to give

FZ
(-7a) = kCACp = kC} = kaA (3.51)

2

Substituting the volumetric flow rate from Equation 3.50 and simplifying give

KE? [P0\ R

- (QO/ZFAO)Z(FAO + FA)2 L Qo J (FAO + FA)2

(3.52)

Equation 3.52 can be expressed in terms of the inlet concentration of A:

2

E
—ry) = 4kC3 7‘*) 3.53
(-1) ( o (3.53)

The mole balance expressed in terms of F, is therefore written as

2

E
= 4kC3 7’“) 3.54
AO(FAO . (3.54)

_dh
dv

Equation 3.54 may be rearranged and written in integral form as

v Far

2
Fao + F
4kC3 [dV = - f (%} dF, (3.55)

A
Fao

Integrating the left-hand side of Equation 3.55 and expanding the integrand on the
right-hand side give

FAE
4kC3oV = - f

Fao

Flgo +2FAOFA +F§
—————|dF, 3.56
[ 2 . 356)

Simplifying the integrand then gives a simple form for analytical solution:

FAE
4kC3oV = - f

Fao

2
(Be)' s 2o
Fa Fa

+1

dF, (3.57)

Integrating from the inlet to the outlet flow rate gives

-4kC3,V = F, [L - L] 2Fxo 1n(%) + Far = Fao (3.58)

A0 AE A0
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Divide both sides of Equation 3.58 by F,, and simplify to give

Yo AN U /I zm(ﬁ) NEZVIY (3.59)
FAO FAE A0 A0

Consider the left-hand side of Equation 3.59. The molar flow rate is given by
Fao = QoCao (3.60)
Substitute Equation 3.60 into the left-hand side of Equation 3.59 to obtain

—4kc12\()L = —4kCiOL = —4kCAOT (361)

Fao QoCao
Substitute the numerical values for the known parameters
—4kC gt = (-4)(3.5 x 10)(50)(500) = -3.5 (3.62)

Equation 3.59 is therefore written as

Fae _ Eao | 21n(ﬁ) - 35 (3.63)
FAO FAE

Equation 3.63 can be solved by iteration to give a value of (Fz/F,,) = 0.438. In terms of
conversion, we can write

Xa = Fro=Fae g Eae _ 560 (3.64)
FAO A0

The conversion in the reactor is 56.2%.

Mean Residence Time

The mean residence time, f,,, for a PFR is given by
v
by = f = (3.65)
) Q

The relationship between the molar flow rate and the volumetric flow rate for this
reaction is given by Equation 3.50 as

_ _ 1 3.66
Q_ZFAO(FA0+FA) ZCAO(FAO+FA) (3.66)

It is necessary to change the variables in Equation 3.65 from dV to dF,. The mole bal-
ance, Equation 3.54, can be used for this purpose:

2
dFx 2 Fa )
S k2 [ 3.67
dv A ( Fa + Fy (367)

63



64 Introduction to Chemical Reactor Analysis

Equation 3.67 may be rearranged to give an explicit expression for dV:

EX
(FAO + FA )2

(FA +FA0)2

dF 3.68
4kC3,F2 (3.68)

-1
dv = —dFA{ 4kc§0} = -

Substitute dV from Equation 3.68 and Q from Equation 3.66 into Equation 3.65, the
residence time definition

Q 4kC3, F?
0 A0
1 ™E 1
A0
- Fao L) g 3.69
2kcAof(F,§ +FA) § 0%

Integrating Equation 3.69 gives

P S FAO(L_L) +1n(@) __ ! 1_@+1n(ﬁ) (3.70)
2kCAO FAO FAE FAO 2k(:ACI FAE FAO

The mean residence time is desired for an operating condition that gives a value of
(Fap/Fag) = 0.438. Therefore, we substitute this value into Equation 3.70 and solve to
obtain t,, = 602 s. Recall that the space time given for this reactor was 500 s, and there-
fore, the mean residence time is not equal to the space time.

Comment: In the constant-pressure batch reactor example, Example 3.1, the fractional
conversion of A was equal to 0.5093. This value corresponds to (F,z/F,,) = 0.4907. If we
substitute this value into Equation 3.70, we obtain a mean residence time of 500 s. Thus,
when the mean residence time in a PFR equals the mean residence time (reaction time)
in a constant-pressure batch reactor, the conversion is the same, provided that the reac-
tor is isothermal.

The plug flow mole balance for the steady-state reactor yields an ordinary differential
equation, the integration of which gives the outlet molar flow rates. When using the mole
balance equation, one of the most important questions that must be answered first is
whether the volumetric flow rate changes as the process stream moves along the reactor. If
it does, then care should be taken in performing the mole balance, and the use of concen-
trations is best avoided in favor of molar flow rates.

3.4 Continuous Stirred Tank Reactor

We now consider the second of the ideal flow reactors, the continuous stirred tank reactor
(CSTR). The CSTR usually consists of a baffled tank with mixing induced by an impeller,
as illustrated in Figure 3.2. The steady-state reactor shall be considered first, followed by
the transient case. At steady state, the mass flow rate into the tank equals the mass flow
rate out of the tank, and the feed and product properties are not functions of time.
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FIGURE 3.2
A CSTR typically consists of a fluid-filled tank which is stirred by an impeller. Baffles are usually used to ensure
good mixing.

Furthermore, the reactor volume is constant. For a well-mixed reactor, the composition
and temperature of the fluid in the reactor are uniform over the entire volume, that is, they
do not vary with position. It follows that the temperature and concentration in the reactor
are the same as the exit temperature and concentration. Good mixing may be achieved
fairly easily for liquid-phase homogeneous reactions where the viscosity of the solution is
less than about 100 cP and the fluid is Newtonian. It is more difficult to achieve CSTR
behavior with gas-phase reactions, although not impossible.
Recall the general mole balance from Section 3.1.

~ F»‘ L FAV = [(Nf)p,m - (Nf)t] _ AN, (B.71)
Hlout =/ At At

E

in
At steady state, the right-hand side equals zero. Furthermore, because the reactor con-
tents have a uniform composition, the incremental volume is replaced by the total volume.

The steady-state mole balance is thus

Fo-Fe+nV =0 (3.72)
Equation 3.72 can be rearranged explicitly in terms of the reaction rate

(-n) = % (3.73)

Note that Equation 3.73 is an algebraic, not a differential, equation. Equation 3.73 may be
written in terms of the rate of disappearance of reactant A:

(<ra) = Fao” Far ‘_,FAE (3.74)
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The conversion of reactant A is defined in terms of the difference between the inlet and
outlet molar flow rates as

— FAO - FAE

X 3.75
A o (3.75)

Substitute Equation 3.75 into Equation 3.74 and simplify to give
(-ra) = Fa0Xa (3.76)

1%

Equations 3.74 and 3.76 are both common forms of the mole balance equation for a CSTR.

3.4.1 Space Time and Mean Residence Time in CSTR

The mean residence time in a CSTR is defined as the reactor volume divided by the outlet
volumetric flow rate:

1%

by = ——
Qe

(3.77)

The space time is defined as the reactor volume divided by the inlet volumetric flow rate:

4
T= 3.78
o) (3.78)
Therefore, Equation 3.76 written in terms of the space time as
FroXa C
(-ra) = =5 = 20X, (3.79)

Qut

Note that because reactor concentration equals exit concentration, the rate occurs at the
exit concentration and (-r,) is evaluated at C,.

Example 3.3

Consider the irreversible ideal gas-phase reaction given by
A+B—-C

The reaction is carried out in an isothermal CSTR. The feed is of a mixture of 50 mol%
A and 50 mol% B, with concentrations of 50 mol/m3 each. The space time is 500 s and the
reactor temperature is 25°C. The rate of disappearance of A is given by

(=7a) = kCoCs, wherek = 3.5x107° ma/mol -8 (3.80)

The pressure in the feed stream is the same as the pressure in the reactor. Calculate
the exit fractional conversion of A and the mean residence time for the reactor. Note that
this reaction is the same one used in Examples 3.1 and 3.2.
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SOLUTION

The problem is solved by applying the CSTR mole balance equation. We start by substi-
tuting the rate expression, Equation 3.80, into the mole balance equation for the CSTR,
Equation 3.74:

FAO - FAE

= kCuxrC 3.81
v AeCBE (3.81)

(-1a) =

Note that the reaction rate is evaluated at the exit concentration of A and B. In Equation
3.81, both F, and C, are present as dependent variables. Only one of these variables
should be used. We will work in terms of F, because this is a gas-phase reaction in
which the number of moles changes with reaction. Therefore, the volumetric flow rate
of the effluent is different from the inlet, and thus there is a concentration change owing
to a volume change. The relationship between F, and C, is a function of the volumetric
flow rate, Q, as follows:

QCa = Ky (3.82)

If we assume that the gases follow ideal mixing and that the pressure is constant,
then Q is proportional to F, that is, Q at the reactor exit is different from the value at the
inlet. The ideal gas law gives the relationship between Q and F, for both the inlet and
exit streams:

PtQE = E!ERXT and PtQO = E(]RgT

We can take the ratio of the conditions at the reactor exit to those at the reactor inlet
to give

L _Q o o Qg (3.83)
Fe  Fo Fo
The overall reaction is
A+B—C

The molar flow rate of each component can be expressed in terms of the molar flow
rate of reactant A, F,. Note that the inlet molar flow rates of A and B are the same; hence,
the flow rate of A and B in the reactor effluent, and their concentrations at any point in
the reactor, will be equal. Build the following mole balance table:

Species  Inlet Flow Rate =~ Flow Rate at Reactor Exit

A Fyo Far

B Fpy=Fao Fgg=Fgy— (Fag—Fap) =Far
C Fep=0 Fep=Fno—Far

Total F,=2F,, Fip=Fpo+Fur

The volumetric flow rate at the reactor exit can be expressed as

(FAO + FAE)

3.84
T (3.84)

Qe = Qo
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Substituting Equations 3.82 and 3.84 into the rate expression, Equation 3.80, gives an
equation for the reaction rate in terms of the molar flow rate of A (noting that the con-
centrations of A and B are equal):

B KERe

Q% B (QO/ZFAO)Z(FAO + FAE)2

(=7a)e = kCarCgi = kC/ZxE =k

2
(2FAO\ F‘gE

_k (3.85)
l QO J (FAO + FAE)Z
Equation 3.85 can be simplified to give
2 2
(=1a) = 4k(ﬁ) (7F % ) (3.86)
Qo Fro + Far
Equation 3.86 can be substituted into the mole balance, Equation 3.81, to give
Fao - F Fo\’( Fe
(-ra) = 22 = 4k(ﬁ) (7‘“ ) (3.87)
v Qo Fao + Far
Rearrange Equation 3.87 to give
Fao\(V Fu Fu
Fao = Fag = 4k[ 22| [ = | F ($) = 4kCotF, ($) 3.88
M M (Qo)(Qo) " Fpo + Far AT Fro + Far ( )
Equation 3.88 can be further rearranged to give
2
FAO(l - (FAE/FAO))FKO (1 + (FAE/FAO))
4kTCA() = 5 5
Fio (FAE /FAO)
2
1 - (Fag/Fao ))\1 + (Fae/F
_ ( ( AE/ Fao ))( + ( AE/ Fao )) (3.89)

2
(Fae/Fao)
Substitute the numerical values into the left-hand side of Equation 3.89:

4kCy = (4)(3.5 % 107°)(500)(50) = 3.50

Solving Equation 3.89 numerically gives a value of (F,r/F,) = 0.555, which in turn
gives a value of fractional conversion, X, = 0.445. This conversion is lower than that
observed in the PER for the same space time.

Mean Residence Time

The mean residence time for a CSTR is governed by the volumetric flow rate at the reactor
exit:

b, = (3.90)



Mole Balances in Ideal Reactors 69

The effluent flow rate can be expressed as, from Equation 3.84

_ o (Fv+E) Qo )~ Qo
Qe = QOW = 7(1 + io) = 7(1 + 0.555) 391)

The residence time is found by substituting Equation 3.91 into Equation 3.90:

f_ow o
" Qy1.555 1.555

=643s

3.4.2 Summary of Mole Balance Equations for Three Ideal Reactors

The steady-state mole balance equations and the definition of conversion for each of the
three basic reactor types are summarized in the following table:

Reactor Conversion Mole Balance Equation
Batch X, = NA;\Ii;OZ\’A ) = - % dé\iA ) N‘;0 d;(tA
Plug flow Xa = % () = _(cii% _E dd)‘(;\
CSTR Xa = % (=74) = FAO‘_/FAE _ FAOVXAE

Observation: In the examples illustrated so far, the conversion was calculated for a given
reactor volume or space time. Often the design problem is to determine the reactor vol-
ume or space time that is required to achieve a desired conversion. The calculation proce-
dure is essentially the same, except that the unknown in the appropriate design equation
is V (or 1) rather than X.

3.5 Reaction Rate in Terms of Catalyst Mass

The rate of reaction has been presented so far in terms of reactor volume, for example,
mol/m?®s. When a catalyst is used in the reactor (as in the case studies presented later in
this chapter), it is common to quote the reaction rate in terms of the catalyst mass. Typical
units are mol/kg-cat - s. The following terms are commonly encountered in the analysis
of catalytic reactors:

Bulk density, ps = _Catalystmass W 3.92)
Reactorvolume V
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Mass of a catalyst particle

Catalystdensity, pc = (3.93)

Volume of a catalyst particle

Void volume in reactor

Bed porosity, ¢ = (394

Total reactor volume

The mass of catalyst in a reactor is denoted W: from Equation 3.92, W = Vpy. If the rate of
reaction in terms of reactor volume is denoted (-,),; and the rate in terms of catalyst mass
is denoted as (-r,),, then

Ps (—VA )w = (—T’A )v (3.95)

The CSTR steady-state mole balance equation with the reaction rate expressed in terms
of reactor volume (for the disappearance of reactant A) is

Fao - Fae = (-1),V =0 (3.96)

If the reaction rate is expressed in terms of the catalyst mass, the mole balance can be
written as

Fao = Far - (—T’A)prv = Fao = Fae - (_rA)w%V

=FAO - FAE - (—TA)WW =0 (397)

For the PFR, a similar logic can be applied. The mole balance equation becomes

dF,
—T; = (=1a)v = Po(=Ta)w (3.98)
Equation 3.98 can be rewritten as
dF, dF, dF,
- = - =-——2 = (- 3.99
Ao " gy ) 7AW T )
14

It is always important to check that the units in the mole balance equation are
consistent.

When the reactor mole balance for a catalytic reactor is expressed in terms of catalyst
mass as represented by one of the preceding equations, mass transfer effects between the
catalyst and the bulk fluid and within the catalyst particles themselves are being ignored.
Such mass transfer effects may be important. The special issues arising from catalytic sys-
tems are discussed in detail in Chapters 7 through 11.
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Case Study 3.1: Hydrogenation of Sulfur and Nitrogen Compounds in Oil

In this case study, the desulfurization (HDS) and denitrogenation (HDN) of oil will be
considered. Most crude oil contain a number of different types of sulfur and nitrogen
compounds. At some point in the oil refining process, these compounds must be elimi-
nated. Typically, the oil stream containing these compounds is reacted with hydrogen
over a catalyst to convert the sulfur into hydrogen sulfide and the nitrogen into ammo-
nia. Hydrogen sulfide and ammonia are subsequently removed by stripping. For a
given catalyst and gas oil combination, the rate of reaction of sulfur molecules was
found to follow the rate expression:

Es )

(-15) = Ag exp( ) C&°P§? mol of S/h gcat (3.100)

8

The rate of reaction of sulfur molecules is based on total sulfur concentration
expressed as S, regardless of the molecular form of the sulfur. This type of kinetic
expression is an average rate for the reaction of different types of sulfur-containing
molecules. This expression is sometimes referred to as lumped kinetics. The rate
expression for the nitrogen-containing compounds is

(-nv) = Ax exp( ) CnP; mol of N/h geat (3.101)

8

Note that the rate is based on the mass of the catalyst, not the reactor volume.
The unit gcat in Equations 3.100 and 3.101 means grams of catalyst. This represen-
tation is common when dealing with catalytic reactions. Refer to Section 3.5 for a
discussion of rate expressions expressed in terms of catalyst mass. It is necessary to
pay close attention to the units when solving this problem. The values of the kinetic
parameters are

As = 522 x 10" cm*®/h gcat mol”® MPa®$ % =15,100K

8
Ay = 1.21 x 10" cm®/h gcat MPa'" %N = 12,300K
8

Note that the units of the rate constants are such that the rate will be in the units
given in Equations 3.100 and 3.101, when the sulfur or nitrogen concentration is mea-
sured in mol/cm?® and the hydrogen pressure is measured in MPa. The oil contains
4.3 wt% sulfur and its density is 0.93 g/cm?® We assume ideal, isothermal opera-
tion, constant density, and constant hydrogen partial pressure. This last assumption
implies that the hydrogen is present in excess, and therefore its pressure does not
change during the course of the reaction. In each of the following illustrations, the
reactor contains 10 g of catalyst and is operated at 400°C with a hydrogen partial
pressure of 13.9 MPa.
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BATCH REACTOR OPERATION

In this step, we illustrate the reaction carried out in a constant-temperature batch
reactor. We calculate the time required to react 95% of the sulfur present in 100 cm? of
oil. We also want to calculate the fraction of nitrogen that reacts during this time.

As a first step, we calculate the value of the rate constant at the given reactor tempera-
ture. The hydrogen pressure is a constant, and thus we will also include this value into
a “pseudo” rate constant. Hence, define

ki = As exp/_—ES\ Pi¥ = 5.22 x 10" exp(ﬂ) 13.9%
| ®,T) 400 + 273
- 7725cm*/h gcat mol”®
and
([ ~Ex)\ 1 ~12,300
ky = A TN B =121 x 107 (7) 13.9'° = 428cm’®/h geat
R VT * P 400 + 273 em’/h gea

The rate of reaction in terms of catalyst mass can be converted to a rate expressed
in terms of liquid volume if it is multiplied by the ratio of catalyst mass in the reac-
tor, W, and the reaction volume, V. The batch reactor mole balance equation can then
be written as

N1.5
= k1Cé‘5 = kl st

LdNg s W 1 dNs

vV dr v %W odr

We will take the moles of sulfur as the dependent variable. Integrating the equation
gives

t

AN
~Wk, [dt = v** 3

N;‘S

Nso

(3.102)

Integrating Equation 3.102 and solving for the moles of sulfur as a function of time,
t, yields

v o1 1 1
t = — - 3.103
Wi, 05 | v ™ NE) G109

In Equation 3.103, the values of the variables are

W =mass of catalyst in reactor =10 g

V = volume of liquid in reactor = 100 cm?® (assumed constant)
Ng, = initial moles of sulfur in gas oil

N; = moles of sulfur in gas oil at time ¢
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Initially there are 100 cm? of oil with a density of 0.93 g/cm?, or 93 g of oil. The oil con-
tains 4.3 wt.% sulfur, or 0.043 x 93 =4 g of S. The molecular mass of S is 32 g/mol, and
therefore there are 0.125 mol of sulfur initially present. If 95% is converted, then the
final moles of sulfur will be 6.25 x 10~ mol. If all the numerical values are substituted
into the equation, we obtain

Ve 1 1 1 100%° 1 1 1
t= nE 05 ~ n05 ]| = X =X 05 05
Wky; 0.5\ Ng' Ng; 10 x 7725 0.5 0.00625™ 0.125™
=254h

In other words, it takes 2.54 h to react 95% of the sulfur present.

We now want to calculate the extent of the nitrogen reaction during the 2.54h
reaction time. The mole balance equation for the rate of disappearance of nitrogen,
expressed in terms of the catalyst mass, is

1 dNN NN
- =kCn =k — 3.104
W dt 2%~N 2 v ( )
Integrating Equation 3.104 gives
t LN
Wk, [dt =V f N (3.105)
Ny
0 Nno

Integration of Equation 3.105 between the limits yields

ln(NNO) _ Wit (3.106)

Nn \%4

where

Ny = initial moles of nitrogen in gas oil
Ny =moles of nitrogen in gas oil at time ¢

Substituting 2.54 h into Equation 3.106 and solving give

Nio [szt] [10 x 4.28 x 2.54
= exp =exp|l——

= 2.966
Ny 100

This ratio can be converted to a fractional conversion

=M=1_NN=1 1

- —— =0.663
NNO NNO 2.966

XN

Hence, the fraction of nitrogen compounds converted is 0.663 or 66.3%. Note that
the initial concentration of nitrogen is not required. For first-order reactions, fractional
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conversions can be calculated as a function of time without knowing the initial concen-
tration. Note also that this example could have been solved using fractional conversion
as the dependent variable.

Comments: The assumption of isothermal operation may not be very good because
some reaction will occur as the reactor is slowly heated to the operating temperature.
The assumption of constant volume might not be valid because the liquid volume may
change as a result of thermal expansion and compositional changes. In addition, the
hydrogen partial pressure can also vary significantly during the experiment due to the
build-up of volatile products.

PLUG FLOW REACTOR

In the PFR case, we take the same feedstock and operating conditions, but now we
wish to calculate the maximum feed rate of oil possible if 95% of the sulfur is to be
reacted. Furthermore, we will calculate the fraction of nitrogen that reacts for this
flow rate and the total amount of feedstock that can be processed at these above
conditions in 2.54 h.

The rate equations can again be expressed in terms of the pseudo rate constants,
whose values are the same as for the batch reactor case. It is also necessary to convert
the reaction rate per unit mass to a rate per volume. The mole balance equation for the
PFR in integral form can thus be written as

X X
Vol Vg o Wopdx
Fs ) (-r5) W ) ! ki Cs

(3.107)

The inlet molar flow rate of sulfur can be converted to a volumetric flow rate, and the
result expressed in terms of the conversion. Note that

Cs =Cs(1-X) and F5 = QCs

Substituting into Equation 3.107 and simplifying give

KCEW o dx
Q f(]_ _ X)l.S

0

Integration and rearrangement to give a result in terms of the volumetric feed rate,
Q, yield

(1 _ X)O.S

= 0.50Wk,C® —— =1
Q 1 SOl—(l—X)O'S

where Cg, the initial concentration of sulfur in the gas oil, is obtained from the batch
reactor analysis section. Recall that there were 0.125 mol in 100 cm?® of oil, which gives
an initial concentration of 0.00125 mol/cm3. The desired conversion of sulfur is 0.95;
therefore, we can substitute to get the volumetric flow rate:
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(1-095)"

0.5
0=X) 050 x10 x 7725 x 0.00125%5_(L=09)
1-(1-095)"

1-(1-Xx)

=39.33cm’/h

Q = 0.50Wk,C%

Applying the same logic to the nitrogen reaction gives

Wo_pdx W _eodX W _oodX
Fo  JkCy QCno [ kaCro (1 - X) Q [ k2(1-X)

Integration gives the following equation:

X
dX
k2W=Q‘[(1_X) or —ln[l—X]= 0

with Q =39.33 cm3/h, k, =4.28 cm?/h gcat and W =10 g solving for X gives X = 0.663.
Note that this is the same conversion that was achieved in the batch reactor for 2.54 h
of reaction time. The amount of material that can be processed in 2.54 h is

254 x Q = 100 cm®

Comment: It takes the same amount of time to process 100 cm? of oil in the batch
reactor and the PER to the same sulfur and nitrogen conversion.

CONTINUOUS STIRRED TANK REACTOR

Now take the same system but replace the PFR with a CSTR, all other conditions
remaining the same. We want to calculate the fractional conversion of sulfur if the feed
flow rate to the CSTR is the same as to the PFR. We start with the mole balance equa-
tion, and convert to an expression in terms of catalyst mass.

\% X Vv W X
= = W o = 15
Fs (=)W K k:Cs

Writing in terms of fractional conversion and initial concentration of sulfur:

K, CRHW __ X
Q (1 _ X)LS

(3.108)

Substituting Q = 39.33 cm?®/h, k; = 772.5 cm*>/h gcat mol®°> and W = 10 g into Equation
3.108 and solving for X gives X = 0.769. Recall that for the PFR with the same feed flow
rate, the conversion was 0.95. The nitrogen conversion is given by

=== (3.109)
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Substitute the numerical values into Equation 3.109 and solve for X to give a fraction

conversion of nitrogen of X = 0.521.

Case Study 3.1 compared the performance of the three ideal reactor types for a constant-
density fluid. It was seen that for the same reaction time, the batch and PFRs gave the same
conversion, while the CSTR gave a lower conversion. If the reaction rate decreases as the
concentration of reactants decreases, then for an isothermal reactor and the same operat-
ing conditions, the conversion in a CSTR is always lower than the conversion in a PFR, that
is, backmixing causes decreases in conversion. The comparison of CSTR and PFR perfor-
mance is considered in more detail in the following sections.

3.6 Comparison of PFR and CSTR Performance

A comparison of CSTR and PFR performance can be made graphically. Let the rate func-
tion be represented by a power law as follows:

(—T’A) = kCZ n>0

For this type of rate expression, the rate decreases as the concentration of A decreases, or
as conversion increases. This type of rate/concentration dependence is sometimes referred
to as “normal kinetics.” We can prepare some generic plots illustrating the behavior of the
rate function with conversion. We plot the ratio of the inlet molar flow rate and the reaction
rate as a function of the conversion. Such a plot is shown in Figure 3.3.

We now use Figure 3.3 to make a comparison of the PFR and the CSTR. First, consider a
PFR. The mole balance equation in terms of conversion of A is

XAE

V = E f dX, (3.110)

RN

W

Xy — XaE

FIGURE 3.3
Representation of the rate behavior as a function of conversion for “normal” kinetics. The reaction rate decreases
as conversion increases.
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W

X, - Xae

FIGURE 3.4
Reaction rate behavior verses conversion for “normal” kinetics. The hatched area corresponds to the volume of
a PFR required to give the indicated conversion.

The right-hand side of Equation 3.110 is nothing more than the area under the curve in
Figure 3.4. This area is in turn equal to V, the reactor volume, which is represented by the
hatched area under the curve in Figure 3.4.

Next, consider the CSTR. The mole balance equation for a CSTR is

V—i

()

XAk (3.111)

For the CSTR, the reactor volume is equal to the hatched area in Figure 3.5. From a com-
parison of the areas in Figure 3.5 with that in Figure 3.4 for the PFR, it is evident that for a
given reaction, with equal conditions of feed composition, temperature and flow rate, and

v

7

v

X, = Xar

FIGURE 3.5
Reaction rate behavior verses conversion for “normal” kinetics. The hatched area corresponds to the volume of
a CSTR required to give the indicated conversion.
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specified outlet conversion, the volume of a CSTR will exceed the volume of a PFR. Also,
for equal operating conditions and equivalent reactor volume, the conversion in a PFR will
exceed that of a CSTR. It must be emphasized that this must be true for isothermal reactors
in which a single reaction is occurring with “normal kinetics.” It will be seen in Chapter 4
that this statement does not necessarily hold true for nonisothermal reactors, and it is pos-
sible for the volume of a CSTR to be less than that of a PFR for the same conversion with
equal inlet conditions.

3.7 Multiple Reactions

In many industrial reactors, more than one chemical reaction occurs simultaneously. For
example, in Case Study 3.1, both sulfur- and nitrogen-containing compounds were reacted
with hydrogen. It is possible to envisage a variety of scenarios which could be loosely
grouped into series reactions, parallel reactions, and series/parallel reactions. Some of the
possible combinations are discussed in the following sections.

3.7.1 Series Reactions

A series reaction is generally considered to be one in which the products from one reaction
can react further to produce other products. In many cases, it is the product from the first
reaction that is desired, and the reactor is designed in an attempt to avoid the second reac-
tion. An example of a series reaction is

A+B—-C+D—R+S

In this example, the reaction products C and D from the first reaction can react further
to form molecules of R and S.

3.7.2 Parallel Reactions

In a parallel reaction, a set of reactants may undergo individual reactions to form products.
Two cases can be identified. In one case, two reactants may enter the reactor and undergo
separate reactions, for example, reactants A and B might react according to

A — C, where(-ry) = kCxp

B — D, where(-13) = k,Cp

These two reactions are independent, or uncoupled, because the rates of disappearance
of A or B depend only on their respective concentrations. In another case, reactant A might
be involved in two competing reactions, for example

A — B, where (_rA)l = kch

A — C, where(=74), = k,Cp
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In this case, the rates of formation of B and C both depend on the concentration of
A, so these reactions are said to be coupled. The selectivity of the reaction is defined
as the rate of production of one of these products divided by the rate of production of
the other.

3.7.3 Series—Parallel Reactions

In a combined series and parallel reaction, both series and parallel reactions occur. For
example, the product from a reaction might react with one of the reactants to form addi-
tional products. An example of this type of scheme is represented by the following set of
overall reactions:

A+B—= C+D, where(-1); = kiCaCs

D+ A —=E+F, where(—1); = koCaCp

In this scenario, the reaction of A in reaction (3.2) (the formation of products E and F) will
not start until some product D has been formed in the first reaction.

Many combinations and permutations of these examples are possible. The complexity
of the reaction scheme will increase with the number of reactants that are present. In
some feed streams (e.g., process streams in oil refineries), literally thousands of species
are present. In such a case there may be hundreds of reactions occurring; it is common in
such cases to represent the kinetics in terms of an average rate and some model
compounds.

Example 3.4 illustrates the analysis of PFR and CSTR with multiple reactions.

Example 3.4

Consider the following system of series—parallel liquid-phase reactions.

A +B—-C+D, where (-ra) = kiCACs  (Reaction 1)

A+ C—25E, where (1), = kxCaCc (Reaction 2)

The rate constants have values of
k = 20m3/m01-s, ky, = 1Om3/mol~s

In this system, the reactant A reacts with one of the products, C, to form a further
product, E. Consider a feed stream containing equal concentrations of A and B, such that

CA() = CBO =1x 10_31'1'101/11'13

The space time for the reactor is to be 100 s. Determine the outlet concentrations of all
the species in:

a. A CSTR
b. A PFR
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SOLUTION
a. CSTR

We begin by writing the mole balance equations for each species. The general mole bal-
ance equation for a CSTR may be written as

Eo - Eg = (-1)V (3112)

where (-7 is the rate of disappearance of component j evaluated at the outlet concen-
tration of the reactor. Note that subscript E is used here to emphasize the outlet condi-
tion. The rate of disappearance must account for all the reactions in which the species
participates. We write the mole balance for each species present in the reactor. The mole
balance for species A is

Fpo = Fap = (=ta)i gV = (=1a)2eV = 0 (3.113)

Molecules of A are consumed in both reactions, so the rates of each are included. The
molar flow rates can be expressed in terms of the volumetric flow rate and the concen-
tration, F, = C,Q. Because reaction occurs in the liquid phase, the density is assumed
constant, and hence Q is also assumed to be constant. Substitute the rate expressions
into the mole balance equation to get

QCuo — QCxr - k]CA,ECB/EV - k2CA,ECC,EV =0 (3.114)
Writing Equation 3.114 terms of the space time gives

1 1
;CAO - ;CAE = kiCarCpe = ksCaApCcr = 0 (3.115)

Component B reacts only in reaction (3.1). The rate of disappearance of B is the same as
the rate of disappearance of A in this reaction because 1 mol of B reacts for every mole
of A that reacts. Therefore

Fgo = Fse = (=1a)1eV = 0 (3.116)

or, in terms of concentration and space time

1 1
;Cso - ;CBE — kiCapCpe = 0 (3.117)

C is formed in reaction (3.1) and consumed in reaction (3.2). The rate of formation of
C in reaction (3.1) is equal to minus the rate of disappearance of A in reaction (3.1). The
rate of disappearance of C in reaction (3.2) is the same as the rate of disappearance of A
in reaction (3.2). The mole balance for C is therefore

Feo = Feg + (=1a)eV = (=1a)2eV = 0 (3.118)
In terms of concentration and space time

1CCO - lCCE + kch,ECB,E - kZCA,ECC,E =0 (3119)
T T
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Component D is formed in reaction (3.1) at a rate equal to minus the rate of disappear-
ance of A. The mole balance for component D is therefore

Fop = For + (=7a)1eV = 0 (3.120)

In terms of concentrations and space time
1 1
*CD[) - 7CDE + kch,ECB,E =0 (3121)
T T

Component E is formed in reaction (3.2) at a rate equal to minus the rate of disappear-
ance of A in reaction (3.2). The mole balance for component E is therefore

Foo = Fee + (=7a)2eV =0 (3.122)
In terms of concentrations and space time

1CEO - lCEE + kZCA,ECC,E =0 (3.123)
T T

Equations 3.115, 3.117, 3.119, 3.121, and 3.123 are a system of five equations containing
five unknowns. Substituting for the known parameters of space time, inlet concentra-
tions, and rate constants gives a system of equations to solve:

From Equation 3.115
L ix107 - LCAE —20C£Cpr —10C4 Ccr = 0 (3.124)
100 100 T T
From Equation 3.117
L1000 LCBE —20CACpr = 0 (3.125)
100 100 T
From Equation 3.119
_LCCE + ZOCA,ECB,E - 10CA,ECC,E =0 (3126)
100
From Equation 3.121
1
_MCDE + 2OCA,ECB,E =0 (3127)
From Equation 3.123
—LCEE + 10CA,ECC,E =0 (3128)

100

81
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Equations 3.124 through 3.128 comprise a coupled system of five equations that can
be solved by a suitable analytical or numerical method to give the following values of
outlet concentration:

Cae = 414 x 10" mol/m®, Cge = 547 x 10 mol/m®, Ccr = 3.20 x 10 mol/m’,

Cpr = 453 x 10*mol/m®, ¢, - 133 x 10 mol/m’

b. PFR

The PFR problem is handled in a manner similar to that used for the analysis of
the CSTR. That is, the mole balance equations are written for each of the species,
then the resulting system of equations is solved. In this case, however, we will have
a system of differential equations to solve. The general mole balance equation for the
PFR is

dF;
S e )

(3.129)

The reaction occurs in a liquid phase; therefore, we will assume that the volumetric
flow rate is constant. The mole balance may be written in terms of the concentration and
the space time.

a5 ,d¢6 _ _dG (3.130)
AR A T

The space time is selected as the independent variable because we are analyz-
ing the system based on a known value of the space time. As in the CSTR case, the
rate of reaction for each species in the system must account for its participation in
each reaction. Species A reacts in reactions (3.1) and (3.2); therefore, the mole balance
equation for A is

- dCa = k1CACp + k2CACc (3.131)
dre
B disappears by reaction (3.1) only:
_4Gs _ciCh (3132)
drt

C is formed in reaction (3.1) and disappears in reaction (3.2):

_dCc

= —k]CACB + kZCACC (3133)
dt

D is formed in reaction (3.1):

o | kcacy (3:134)
dt
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E is formed in reaction (3.2):

_dCg

T

= ~k,CaCc (3135)

Equations 3.131 through 3.135 are a system of ordinary differential equations that
must be solved simultaneously using a numerical method. The solution obtained gives
the following values for the outlet concentrations of the five species:

Car = 225 x 10 mol/m®, Cgr = 3.75x 10*mol/m?, Ccr = 4.75 x 10~ mol/m?,

Cor = 625 x 10-#mol/m?®, ¢, = 1,50 x 10~ mol/m’

Note the difference in the outlet product distribution compared with the CSTR. It is
not a priori obvious which reactor type will give a better product distribution for com-
plex reaction schemes.

3.8 Multiple-Reactor Systems

In some circumstances, it may be either desirable or necessary to use a system of reactors.
Sometimes a sequence of the same type of reactor of equal volumes is used. In other cases,
the reactors might be of different type or size. They might also be operated in series or in
parallel. When reactors are operated in series, the effluent from any given reactor forms the
feed stream to the next in the series. In a parallel system of reactors, a feed stream is divided
into substreams, each of which is fed to a reactor. The effluent streams from all the reactors
are then collected and mixed. Sometimes there are additional feed streams to some of the
reactors in the system.

In the following section, various types of reactor systems are discussed. It is assumed in
each case that all the reactors are operating at the same temperature and that no reaction
occurs in any transfer piping between reactors.

3.8.1 Plug Flow Reactors in Series

Consider a system of a series of PFRs with no side streams between subsequent reactors,
as shown in Figure 3.6. Three reactors are shown in this figure; in any given case, there
might be fewer or more reactors. Denote with subscript j any reactor in the series, then the
mole balance for reactor j in differential form is

db,
—W = ( T’A) (3136)

* Vi

Y
=
Y
=

FAO FAl FAZ FAS

FIGURE 3.6

A system of plug flow reactors in series. The entire process stream is fed to the first reactor. The effluent from
each reactor forms the feed stream to the next reactor.
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The inlet molar flow rate to reactor j is the effluent from the previous reactor, denoted
j— 1. The input molar flow rate is therefore F, ; ; and the output molar flow rate is F,;. The
integral form of the mole balance for reactor j is therefore

N dE
_ A
=) G

Fa,j-1

(3.137)

The total volume, V,, of a series of N reactors would be given by

N
Vi - EV,- (3.138)
4

Equation 3.138 can be expressed in terms of the mole balance for each reactor

Fa1 Faz Eaj Eaj+1 FAN
dFA dFA dFA dFA dFA
Ve S S e S e S e
Fao Fa1 Fa,j-1 Faj Fa,N-1
These integrals, however, may be added to give a single integral, as follows:
FAN
dF
V, = - f A (3.139)

(-r)

Fao

In other words, the total volume of all the reactors is obtained by integrating the mole
balance equation between the inlet to the first reactor and the effluent from the last one.
This means that the series of PFR behaves in the same way as a single PFR of volume V..

The mole balance on any reactor may be calculated in terms of a fractional conversion of
the feed to the first reactor. That is, define

Fao - Ea;
X, = N (3.140)
Fao

The volume of any reactor in the series may be expressed in terms of this conversion as

Xj
dx
V, = Ex f P} (3.141)

(-7)

Xj—l

3.8.2 Plug Flow Reactors in Parallel

In a parallel system of PFRs, the feed stream is divided into parts, each of which is fed to a
single reactor, as shown in Figure 3.7. Each reactor can be analyzed individually, provided
that the feed distribution among the various reactors is known. The overall conversion from
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Fron Frp
——> Vi
Frpo Fap
> > Vy > >
Fpo, LN
Fpo3 Faps
V3 >

FIGURE 3.7
A system of plug flow reactors in parallel. The total molar flow rate is divided among the reactors in any desired
manner.

the system of reactors can be determined by performing a mole balance on the point of
convergence of the effluent streams. It may be shown that for a given temperature and total
molar flow rate, the highest overall conversion is achieved with equal space velocity for
each of the reactors. A common industrial arrangement is to have a multitubular reactor
consisting of many (perhaps hundreds) parallel tubes of equal size. If each reactor has the
same operating conditions, then any one tube may be considered to be representative of the
reactor as a whole.

3.8.3 CSTR in Parallel

A parallel arrangement of CSTR is shown in Figure 3.8. The analysis of this system is simi-
lar to the analysis of the system of parallel PFR, as each reactor can be analyzed separately,
provided that the flow distribution is known.

For a system of parallel CSTR, the highest overall conversion is achieved when the
conversion is the same in each reactor. If the temperature in each reactor is the
same, it follows that the space time 1 is the same for all reactors. In other words, the total
flow rate is divided among the reactors according to their volume. A system of N paral-
lel CSTR of equal space times will give the same overall conversion as a single CSTR

-
-

~
>
=

Y ‘l ‘l -
FIGURE 3.8

A system of CSTR in parallel. The total process stream is divided up among the reactors. The effluent streams
from the reactors are then mixed.
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with a volume (V) equal to the sum of the volumes of all the CSTR in parallel. In other

words
Vv, = EV], (3.142)
“

3.8.4 CSTR in Series

A system of CSTR in series is illustrated in Figure 3.9. In this arrangement, the effluent
from one reactor forms the feed stream to the next in the series. In this section, we consider
the case where there are no side streams between reactors. This latter case will be analyzed
shortly.

The mole balance for reactant A can be written for any reactor in the series. For any reac-
tor j, the mole balance is

Fujn - Fy,
(-m), = =5 (3.143)

The fractional conversion of A, X, can be calculated on the basis of the molar flow rate to
the first reactor, F,,. The conversion from reactor j and reactor j — 1 can thus be defined as

Fro — Faj
XA/]' = % and XA,j—l =

Fao - FA/j—l
Fao

The molar flow rates from reactors j and j — 1 in terms of this conversion are

FA,]' = FAo(l - XA/]') and FA,j—l = PAo(l - XA,jfl)

The difference in molar flow rate of A between the inlet and outlet of any reactor is
defined as

Fa,ji1 = Faj = Fao (XA,]' - XA,j—l)

FIGURE 3.9
A system of CSTR in series. The entire process stream is fed to the first reactor. The effluent from each reactor
forms the feed stream to the next reactor.
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The mole balance equation for reactor j written in terms of the conversion and the molar
flow rate to the first reactor is then written as

(—T’A) B Fao (XA,]' - XA,j—l) _ FroAX

.= (3.144)
/ v, v,
Equation 3.144 can be rearranged in terms of the conversion from reactor j:
-12). V;
Xaj = Xaj1 + (), Vi (3.145)
PAO

Equation 3.145 can be solved for each reactor sequentially to calculate the incremental
conversion from each reactor in the series.

3.8.4.1 Minimum Total Reactor Volume for CSTR in Series

In this section, we examine a sequence of CSTR in series and determine the minimum
total reactor volume required to achieve a given conversion for a given set of feed condi-
tions to the first reactor. Consider the reactor system shown in Figure 3.10. The mole bal-
ance equation can be written for each CSTR, with the conversion in any reactor defined in
terms of the molar flow rate of A to the first reactor:

Reactor 1

FAO

Vi = Xa1

Reactor 2

FAO

—Ta )2

V, = (Xa2 = Xa1)

—

The inlet molar flow rate divided by the reaction rate can be plotted as a function of con-
version for this reactor system, as shown in Figure 3.11. Note that this type of behavior is
valid for “normal” kinetics, that is, the rate of disappearance of reactant A decreases as the

FAl XAl
FAO ﬁ ﬁ
v, v,

— Fpy X

FIGURE 3.10
A system of two CSTR in series.
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b 4

FIGURE 3.11
Conversion as a function of inverse reaction rate for two CSTR in series. The hatched areas are equal to the reactor
volumes.

concentration of A decreases. On this plot, each reactor volume is equal to the hatched area
of a rectangle. For example, rectangle PSMN is the volume of reactor 1 and rectangle SLOT
is the volume of reactor 2. The rectangle PKOT is the volume of a single reactor required to
achieve the same conversion as the two reactors in series. The area of rectangle KLMN is
the reactor volume “saved” by using two reactors rather than one. Any sequencing and
sizing of the reactors should aim to maximize the area KLMN to give the minimum total
reactor volume, which is an optimization problem.

The minimization problem can be posed in the following terms. Find the value of X,
that minimizes the total reactor volume. We first write the equation for the total reactor
volume:

XAl XAZ - XAl

‘/1 + Vz = FAO (—T’A)l + FAO (—T’A)z (3].46)

The minimum total volume is found by taking the derivative of the total volume with
respect to X;, and setting the result equal to zero. Thus, take the derivative of Equation 3.1
with respect to X,;, and set the result equal to zero:

[d(vl i Vz)} —0- fa (3.147)

d(1/(=ra)) Fao
dXa —Ta )1 ¥ FAOXAl( ) B (

dXa —Ta )2

—

Rearrange Equation 3.147 to give the condition that gives the minimum volume. The
minimum volume for the reactor system is achieved when the following condition is
satisfied:

d(1-r))  (U-m),) - (1-n),) (3.148)

dXA] XAl
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The methodology used above can be generalized to a system of N reactors in series. For
a series of reactors, the outlet conversion from the last reactor in the series is fixed, while
the other conversions can be varied to minimize the total volume. For example, for three
reactors, X,; and X, are adjustable; for four reactors, X,,, X,,, and Xy, are adjustable, and
so on. A global minimization is achieved if the rate of change of the total reactor volume
with respect to a change in the conversion in every reactor is equal to zero. This concept
can be expressed mathematically for reactor j as

dXA,]' XA,j - XA,j—l

d(l/(—TA)j) _ (1/(_7A)j+1) - (1/(_7A)j) (3.149)

For a system of N reactors, Equation 3.149 is applied for reactors 1 <j <N —1. When all
the equations are satisfied, the total reactor volume is a minimum. The use of Equation
3.149 is illustrated in Example 3.5.

Example 3.5

Consider a system of three CSTR in series, as shown in Figure 3.9. The following liquid-
phase reaction occurs:

A+B—>C+D

The volumetric feed flow rate is 2.5 X 10~* m3/s. The concentrations of A and B in the
feed are 2.5 x 10% and 3.5 x 10° mol/m?3, respectively. The rate of reaction is

(=14) = kCA*Cy mol/mss

where
1.2
ketx10e|(m™ )1
Lmol} s

Calculate the volume of each reactor in the series when the outlet conversion from the
third reactor is equal to 0.8266 and the total reactor volume is a minimum.

SOLUTION

It is desired to have a minimum total reactor volume with the conversion at the outlet
of the third reactor equal to 0.95. The general condition for a minimum volume of the
jth reactor is

d(1/-ra),) ) (1/ (_YA)M)_ (1/ (_rA)f) (3.150)
dXa, Xaj = Xaja

The reaction rate in terms of conversion, with substitution of the inlet concentrations, is

12 5
(=7a) = 41.84(1 - X,) (1 - ;XA) (3.151)
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It is necessary to take the derivative of the inverse rate.

d/(-r) _ 1 (1-G/7XA)12(1- Xa)? + /71 - Xa)"

; (3.152)
dX, 41.84 [(1 - Xa)(1- (5/7)XA)]
Equation 3.152 can be simplified
d(1/(-)) _ 1 1.914 - 1.571X, (3.153)
dX, 4184 | (1- X, )2 (1- (5/7)Xa)

Equations 3.151 and 3.153 can be substituted into Equation 3.150 for reactors 1 and 2
to give the following two equations:

Reactor 1
1914 -1571Xn  _
(1= Xa )" (1= 6/7)Xn)
[(1 - X,,)7 (- (5/7)XA2)]_ - [(1 - Xa)?(1- (5/7)Xm)]7 (3.154)
XAl
Reactor 2

1.914 - 1.571X 4, _
(1-Xa)* (1= (5/7)Xna)”

[(1 - Xas) (1 (5/7)XA3)]_1 - [(1 - Xao) (1 (5/7)XA2)]_1 (3.155)
XAZ - XA]

The value of X,;=0.8266 is known; therefore, the numerical solution of Equations
3.154 and 3.155 gives values of

XAl =0.4819 and XAZ = (0.7080

These conversion values are substituted into the CSTR mole balance equation to
obtain the reactor volumes.
- FAOXAI

=242 x107?m®
—Ta )1

Vi

Fao(Xaz = Xa1)

Ve (_rA)z
Ve = Fao (XA3 - XAZ)
’ (_rA)s

Comments: The total reactor volume is 8.95 x 102 m3, compared with 9.00 x 102 m? for
three equally sized reactors.

=299 x107%m?

=354 x107?m’
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Note that for nth-order kinetics, that is, where (-7,) = kC}, we can make the follow-
ing general observation. When a variety of differently sized CSTR are used in series, the
ordering of the reactors to maximize conversion is

n>1 order in increasing size will maximize conversion
n=1 order has no effect on conversion
n<1 orderin decreasing size (large ones first) maximize conversion

If you are designing a system of series of CSTR with no side streams, the volume of all reac-
tors is often made equal. Although this is not optimal from a point of view of minimizing
the total reactor volume, there is often an advantage in having all equipment the same size.

3.8.5 CSTR-PFR in Series

In some cases, a combination of CSTR and PFR in series might be used. Depending on the
reaction kinetics, the sequencing of the reactors may affect the conversion and product
distribution. When analyzing a system of CSTR/PFR, it is possible to analyze each reactor
by writing the mole balances around each reactor and solving for the outlet molar flow
rates from each one in turn. We consider the example of a single PFR and a single CSTR in
series, with a uniform temperature in both reactors. The case of a constant-density system
is considered. The mole balances around each reactor system will be illustrated, with the
objective of determining which sequence of reactors will give the highest conversion for a
first-order isothermal reaction.

Case 1. CSTR followed by PFR

We consider first a case where the CSTR is placed first, and the PFR follows, as illustrated
in Figure 3.12. Consider a first-order irreversible reaction with constant volumetric flow
rate Q. The CSTR mole balance equation is

(cry) = 0 =B here (o) = kCo (3.156)

CSTR

Substitute for a first-order reaction and write the equation in terms of fractional
conversion:

I FaoXa1
k=21 - Xp1) = —— 3.157
Q ( Al) Vestr ( )
Fao —+
FAI | FAE
> VbR > X
Xa1 AE
Vestr

FIGURE 3.12
Representation of CSTR and a PFR in series, with the CSTR placed first.
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Introducing the space time and rearranging give an explicit expression for the conver-
sion in the CSTR. Note that nothing new has been introduced in this step, and the follow-
ing equation is valid for any isothermal CSTR with a constant-density system and a
first-order reaction.

Xy = - FToTR (3.158)
1+ erSTR

Now we consider the PFR. The general mole balance equation for the PFR is

dF,
()= -5 (3.159)

Substituting the rate equation for a first-order reaction and writing Equation 3.159 in
terms of the fractional conversion of A, where the fractional conversion of A is based on
the inlet molar flow rate to the first reactor (the CSTR), give

F dX
kg(l - Xa) = Fao dVA (3.160)
The integral form of Equation 3.160 is
ax
koo = [ oo = —In(1- Xa )"
TpER J (1 N XA) n( A)‘Xm

Substitution of the limits gives an expression for the conversion from the PFR:

XAE =1- (1 - XAl)exp(—k‘chR)

Substitute for X,; from the CSTR solution, Equation 3.158, to obtain the expression for
the overall conversion:

exp (—krPFR)

Xpp = 1-
AF (]. + kTCSTR)

(3.161)

Case 2. PER followed by CSTR

Now let us reverse the order of the reactors. This sequence of reactors is shown in
Figure 3.13.

The mole balance for the PFR is the same as for Case 1, except that the limits on the inte-
gral are different. Thus, write

Xa1

dX b'e
kTPFR = f (1_7}?A) = —ln(l — XA)‘OAl (3162)

0
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Frg — Vor —+
X

oA L

VCSTR

FIGURE 3.13
Representation of CSTR and a PFR in series, with the PFR placed first.

Substitution of the limits gives an expression for the conversion from the PFR:

XA] =1- exp(—k‘chR) (3].63)

The mole balance for the CSTR is

FAI - FAE

(-7a) =
M7 Vesw

(3.164)

Substituting for the first-order rate expression and the conversion based on the feed flow
rate to the first reactor gives

kh(l _ XAE) - M (3.165)
Q Vestr

In terms of the space time, the conversion is

Xae = Xa1 = ktestr (1 - XAE) (3.166)

The outlet conversion from the CSTR is thus given by

_ Xa1 + ktesr

Xar =
AE 1+ kteors (3.167)
Substitute for X,;, the conversion from the PFR from Equation 3.163:
exp(-kt
Xae = 1= SR (kerm) (3.168)

(1 + kTCSTR)

Equation 3.168 is the same as Equation 3.161, the solution for Case 1. Therefore, for a
first-order reaction and isothermal conditions, the order of the reactors is not important.
This is owing to the fact that conversion does not depend on initial concentration for a
first-order reaction. For non-first-order reactions, the order of the reactors is important.
For power law kinetics
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(=7a) = kC4

the reactor sequence to give the highest conversion would be

n=1 The order is not important for any PFR-CSTR combination.

n>1 The PFR should be first, and then followed by the CSTR. If more than one
CSTR is used, place them in order of increasing size.

0<n<1 The CSTR should be first, and then followed by the PFR. If more than one
CSTR is used, place them in order of decreasing size.

3.8.6 Reactors with Side Streams

Sometimes the feed to a series of reactors is not all fed to the first reactor, but rather por-
tions are added to different reactors. This procedure might be followed to control the prod-
uct distribution, for example. When reactors in series are operated in such a manner, it is
possible to analyze each reactor in the system by writing the mole balances, taking into
account all of the feed streams to each reactor. This type of problem is illustrated in the
following example.

Example 3.6

Consider a liquid-phase reaction occurring in two CSTR connected in series. The vol-
ume of each reactor is 100 L. The reaction is

A+B > C, where(—rA) = kCACp

with k=1 L/mol s to give the rate in mol/Ls.

The feed to the first reactor consists of 1 L/s of a solution of 1 mol/L of A and
0.2 mol/L of B. The feed to the second reactor is the effluent from the first reactor plus
another feed stream consisting of 1 L/s of a solution containing 0.8 mol/L of B (no A in
this stream). This arrangement is shown in Figure 3.14. Calculate the molar flow rate of
C from the two reactors.

SOLUTION

The reaction is in the liquid phase so the volumetric flow rate is assumed constant. Note
that the volumetric flow rate to reactor two is higher than that to reactor one because of
the additional feed stream.

Fyon

F,
A0l Qo
Fpor _+ g Croa

4
Qi !
Caor Vi Va
Cgor Q Chn Cp

—>
Fyy Fy Fro Iy

FIGURE 3.14
Reactor arrangement for Problem 3.6. Two CSTR in series with an additional feed stream to the second reactor.
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Reactor 1

For the second-order reaction, the mole balance for A in reactor 1 is
Fro = Fa1 = kCiCpiVi = 0 (3.169)
In terms of volumetric flow rate

Qo (CAO - CAI) - kCa1CpiV1 = 0 (3.170)

The concentration of A and B can be related using the stoichiometry, that is

CBl = CBO - (CAO - CA]) (3171)

Therefore, with Equation 3.171 and the following values:

Qo =1L/s, k=1L/mol-s, Cpy =1mol/L, and Cgy = 0.2mol/L

Equation 3.170 becomes

1-Cai = Ca1(02 -1+ Cay)100 = 0 (3.172)

Equation 3.172 can be simplified to the following quadratic equation:
C31-0.79CA; -0.01=0 (3.173)

Solving this quadratic equation gives a value of C,; = 0.8025 mol/L. As the flow rate is
Q=1 L/s, the molar flow rate of A in the effluent is

Far = Ca1Q = 0.8025mol/s

The number of moles of A that react in reactor 1 is

Fro — Fa1 =1-0.8025 = 0.1975

Thus, the molar flow rate of C in the effluent is 0.1975 mol/s. The molar flow rate of B is

Fa1 = Fyo = (Fao = Far) = 0.2 = (1 - 0.8025) = 0.0025 mol/s

Reactor 2

Now consider the second reactor. As there are two streams entering the reactor, we shall
write the mole balances for A and B. For species A:

FA] - FA2 - kCA2C32V2 =0 (3174)

Note that the second feed stream to the second reactor will have a dilution effect on
the inlet concentration of A. To avoid confusion, this problem is solved in terms of molar
flow rates rather than concentrations. The mole balance for A is

Fai = Far =V _MnaFe =0 (3.175)

(Qm + Qu )2

95
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The mole balance for B is

By + Fsoz = B2 - V2M =0 (3.176)

(Qm + Qu )2

From the analysis of reactor 1, the inlet molar flow rates F,; and Fy, are

Fyi = 0.8025mol/s and F = 0.0025mol/s

The second feed stream to reactor 2 contains only B, and the molar flow rate is

Fspz = Q2Cpoz = 1L/s x 0.8 mol/L = 0.8 mol/s

Now it is seen that the total molar flow rate of B to reactor 2, Fy; + Fy,, is 0.8025 mol/s,
which is the same as the inlet molar flow rate of A. As 1 mol of A reacts for each mole of
B that reacts, it follows that the concentration of A and B in reactor two must be equal.
The mole balance for A is then written as

2
Fa - - K2 g (3.177)

(Qm + Qu )2

Substituting the numbers into this equation gives

0.8025mol/s - Fxp — %ng -0 (3.178)

Solve Equation 3.178 to get F,, = 0.160 mol/s. The other molar flow rates are
Fg2 = Fap = 0.160 mol/s

F(:z = FA[)I - FAZ =1-0.160 = 084m01/s

3.9 Further Thoughts on Defining Conversion

In the analysis of systems of reactors in series illustrated in the preceding sections, the
fractional conversion was defined in terms of the molar feed flow rate to the first reactor in
the series. This convention is usually used when dealing with reactors in series. However,
as conversion is a defined quantity, there are alternatives that may be encountered in the
literature. Consider, for example, two CSTR in series, as shown in Figure 3.10. The mole
balance equations for species A for reactors 1 and 2 are

Fao = Far = (-ma)V1 = 0 (3.179)

Fai = Faz = (=7a)V2 = 0 (3.180)
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These two equations are always valid. The fractional conversion from reactor 1 defined
in terms of the feed flow rate is

F.o - F
XA1=M or FA1=FAO(1_XA1)

A0

Therefore, the mole balance equation written in terms of fractional conversion is

Vi @ Xa

Fao - (=7a)

For reactor 2, we have previously defined the outlet conversion in terms of the inlet flow
rate to reactor 1

FAO - FAZ

Xy =
A2 FAO

or FAZ =FAO(1_XA2)

This definition gives the mole balance equation for reactor 2 in terms of conversion:

Vi _ Xar-Xu

Fuo (<72) (3.181)

Equation 3.181 is the mole balance that we have used previously. However, it is also pos-
sible to define the fractional conversion in reactor 2 as the fractional conversion of the A
that enters reactor 2.

F., - F
XA2=% or FA2=FA1(1_XA2)

Al

The mole balance equation for reactor 2 is then written as

Vo  Xao
—— = 3.182
Far (=7a) ( )
Then, using the definition of conversion for reactor 1, we can write
\% 1-Xa)X
Ve (1= Xa)Xn (3183)

Fao (=7a)

Obviously, Equation 3.183 is not the same as Equation 3.181. Note that X,, will have a
different numerical value depending on which definition is used. The molar flow rates
are unchanged; this is simply an artifact of the differing definitions of X. This should illus-
trate the importance of clearly understanding the definitions used.
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3.10 Transient Reactor Operation

Transient reactor operation is synonymous with unsteady-state operation. In a transient
reactor, the conditions at a specific point in the reactor change with time. The batch reactor
is always operated as a transient reactor. The PFR and CSTR operate at unsteady state dur-
ing start-up and shut-down, or when changes in inlet conditions occur. In Chapter 4, where
nonisothermal reactors are discussed, it will also be seen that transient operation can
result when rates of heat exchange with the surroundings are altered. Sometimes reactors
are deliberately run in the transient mode as a way of increasing conversion. On other
occasions, the nature of the feed makes transient operation inevitable. For example, the
reactors that are used on automobiles to destroy unwanted exhaust gas emissions are tran-
sient reactors, owing to the fact that the engine is operated at variable loads, resulting in a
continuously changing exhaust gas composition. Transient reactor operation may also
result from inadvertent changes in feed composition or temperature. The analysis of tran-
sient flow reactors is usually more complex than the analysis of steady-state reactors, and
involves at the least the solution of a differential equation. The description in the following
sections focuses primarily on the transient operation of CSTR.

3.10.1 Transient Plug Flow Reactor

The steady-state mole balance equation for a PFR was developed in Section 3.3. In transient
operation, a term for the accumulation of a species in the reactor must be added, which
gives the following mole balance equation for a PFR:

_95 | y = G (3.184)
Y% ot

Equation 3.184 is a partial differential equation because there are two independent vari-
ables, time and reactor volume. To solve this equation, both the initial conditions and the
inlet conditions for the reactor must be known. The inlet conditions can vary with time
(such as in the automobile exhaust gas converter previously mentioned), making the prob-
lem more difficult to solve. Partial differential equations must be solved numerically.
Detailed analysis of a transient PFR is beyond the scope of this text.

3.10.2 Single Transient CSTR

Many variations are possible for transient CSTR operation. For example, a process may
begin with an empty reactor, and then at time zero a feed stream is added to the reactor.
Fluid accumulates in the vessel and at the same time reaction occurs. Once the reactor is
full, an effluent stream may commence, or, alternatively, the feed stream may be discontin-
ued. Another possibility is to have a reactor start-up with the reactor initially full of an
inert solvent; then a feed stream containing reactants is added with an effluent stream of
equal mass flow rate. A third possibility is that the reactor is running at steady state and a
change in inlet concentration of reactant occurs. Some of these possibilities will be consid-
ered in the following.

The general mole balance for species j in a transient CSTR is developed using the prin-
ciples described earlier in the chapter. The accumulation of moles over a time interval At is
included in the mole balance equation to give
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Fo-Fe+1V = W (3.185)

Taking the limit of an infinitesimally small time interval, the equation in differential
form is

o d(CgV
Fo-Fe+1V = dN; - M (3.186)
dt dt

In Equation 3.186, N; is the number of moles of j in the reactor. As shown in the last term,
the number of moles can be expressed in terms of the concentration and the reactor vol-
ume. Both Fj; and V can be functions of time, depending on the method of reactor opera-
tion. The concentration of j in the effluent stream (if present) is the same as the instantaneous

concentration within the tank, but also changes with time.

3.10.2.1 Transient CSTR with Constant Volume

We consider first the case of a CSTR with the reactant in liquid solution (constant-density
system) and the CSTR initially filled to the working volume, which will be held constant.
At time zero, the reactant concentration in the feed stream is changed. The inlet and outlet
mass flow rates are set equal, which means that the reactor volume is constant. Once the
change to the inlet concentration of reactant A has been made, this concentration is held
constant. This type of change is known as a step input change to the reactor. The inlet
volumetric flow rate of A is also constant. Therefore, the mole balance equation is

dj:’f + CAEd—V (3.187)

Fao—Fap = (-n)V =V

The term C,r (dV/dt) is equal to zero because the reactor volume is constant for all time.
Equation 3.187 can be rearranged to give

dc Fao - F
d?E = on AE _ (=1a)e (3.188)

Equation 3.188 can be solved to give the reactor concentration as a function of time. For
most forms of the rate expression, the solution has to be performed numerically.
Consider the case of a first-order irreversible reaction with a rate function

(=7a)e = kCag (3.189)

For a constant-density fluid, we can write the mole balance in terms of concentration, not-
ing that F, = QC,. For constant volume and volumetric flow rate, it is also convenient to write
the mole balance using the space time, T = (V/Q). The mole balance for A is then written as

< 9Car

dt = Cao = Car = ©(-1a) (3.190)
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For a first-order reaction, (-r,) = kC 5, we can substitute and rearrange the mole balance,
Equation 3.190, to obtain

)CAE - % (3.191)

dCAE + (]. + Tk
dt

The solution to this equation is

C C
Cap = A0 _( A0

t
1+k 1+tk CAi) P [_(1 * Tk)r]

C,, is the initial concentration in the reactor at time ¢ = 0. If the reactor is initially full of
an inert solvent only, then C,;=0. The initial concentration of A in the reactor would not
be equal to zero if the reactor were initially running at some steady-state condition and the
molar flow rate of A to the reactor was changed.

Consider the case where the initial concentration is zero, that is C,; = 0, and calculate the
time required for the effluent concentration of A to reach 99% of the value computed from
the steady-state mole balance equation. At steady state, the final effluent concentration is

CAO
Cass = 3.192
ASS = ( )
Substitution into Equation 3.192 and setting C,; =0 give
t
Car = Cass (1 —exp [-(1 . ‘ck)r]) (3193)
Rearrange Equation 3.193 to an expression explicitly in time
t = ( hd ) ml{_ Cass ) (3.194)
1+ ‘Ck LCA,SS - CAEJ

Substitute the desired value, C,r = 0.99C, s, into Equation 3.194 and denote ¢ as the time
required to reach this value. After simplification, this operation yields

( Cass \ _ ( T

T T
ts = 1 In(100) = 4.6 3.195
s (1 + rk) M Cass —0.99Cass) 14 tk) n(100) ( ) (3135)

1+ k

Two limiting cases can be identified. When tk << 1, it may be seen that f; = 4.61. When
tk >> 1, it may be seen that ts = (4.6/k). In other words, the time to reach 99% of the steady-
state outlet concentration for a first-order reaction falls between the two limits:

% <ts < 46T (3.196)

Typical CSTR reach steady state after 3 to 4 7.



Mole Balances in Ideal Reactors 101

3.70.2.2 Transient CSTR with Variable Volume: Semibatch Operation

A reactor in which there is an inlet feed stream and no outlet stream must have an increas-
ing reaction volume with time, provided that the mass density remains constant. In a gas-
phase system, the total volume of the reacting mixture could remain constant if the
pressure in the reactor increased with time. In the following, we consider constant-density
systems only. There are two scenarios under which such an operating condition might
prevail:

1. A reactor may initially contain a solution of reactant A, and a feed stream containing
reactant B is added. The reaction may be stopped when the reactor is full. This mode
of operation is referred to as a semibatch operation. Alternatively, the feed stream
may be turned off after a time, and the reactor contents might be left to react over
time. Once the feed stream is discontinued, the reactor behaves as a batch reactor.

2. A CSTR may be started up from the empty state. In this situation, there is no efflu-
ent until the tank is full. Once the reactor operating volume is reached, the outlet
mass flow rate is set equal to the inlet mass flow rate and the volume remains
constant. The reactor will behave like the transient CSTR with constant volume, as
described previously.

The reactor has no effluent stream; therefore, the mole balance can be written as

dN, _ d(VCy)

Fao = (-13)V =
a0 = (=7a) dr dr

(3.197)

Note that the reactor volume, V, varies with time. In terms of inlet volumetric flow rate
and concentration, the mole balance is

dC, dv
ofpad 3198
ar TN (3:198)

QuCao = (-na)V =V

An expression for the change in reactor volume with time can be obtained from the
overall mass balance equation. The overall mass balance is

_d(pv)
PoQo = dt (3.199)

If the density of the system is constant, the density of the material inside the reactor is
equal to the density of the entering feed stream. The change in volume with time in this
case is given by

dv
=7 3.200
T Qo ( )

Equation 3.200 can be integrated to give

V=Vi+Q¢t or tT=m1y+t
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Note that Vj, is the reactor volume at time zero, which might be equal to zero. Consider
now a simple first-order reaction, where

(=1a) = kCa (3.201)

Substituting the rate function into the mole balance equation gives

dC
Q[)CA[) - kCA (V() + Qot) = (VO + QOt)TtA + CAQO (3202)
If the reactor is initially empty, V; =0 and
dCa
QuCao — kCaQot = Qot a * CaQo (3.203)
Rearranging Equation 3.203 gives
dCx

CAO - (1 + kt)CA =t

3.204
T (3.204)

Equation 3.204 can be solved numerically to give the concentration of A as a function of
time.

3.10.3 Transient CSTR in Series: Constant Volume

The transient analysis can easily be extended to a series of CSTR. The approach is
once more to write down transient mole balances for each reactor, then to solve the
resulting system of equations simultaneously. The methodology is illustrated for the
case of two transient CSTR in series in which a reversible reaction occurs. The overall
reaction is

A—1>B

k2

The rate equation for the reversible reaction is

(-74) = kiCx — k:Cp

At time zero, both reactors are full of inert solvent and do not contain any A or B. At =0,
the feed of A is started to the first reactor. The reaction is conducted in the liquid phase and
the density is constant. The reactor system is shown Figure 3.15. The component balances
for species A and B may be written for each reactor in turn.

Reactor 1
The component balance for species A for reactor 1 is

d(ViCar)

dr = Fao = Fa1 — (—TAl)Vl (3.205)
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FIGURE 3.15
Two CSTR in series in which a reversible reaction is occurring.

The reactor volume, V;, and volumetric flow rate, Q, are constant; therefore

Fro = QCao and  Fp = QCy (3.206)

Substitution of Equation 3.206 into Equation 3.205 gives

dCA1

v,
Ydr

= Q(CAO - CAl) - (—VAl)Vl (3.207)

Equation 3.207 can be rearranged to the form

=—- o kiCar + k:Cpi (3.208)

Now, Cg, appears in Equation 3.208 because the reaction is reversible. We need a mole
balance on B. Note that the mole balance based on simple stoichiometry

Fyy = Fgo + (FAO - FAl) (3.209)

is not valid in the transient case, because A is accumulating in the reactor. Equation 3.209
would only be true at steady state. The mole balance for component B is developed in the
same manner as for component A to give

d
dCu_ Coo_Cor\pen koG (3.210)
dt T T1

Note the change in sign on rate, because B is product

dCBl CBl
= —+kCx1 - k,C
dr o + K101 — K20py (3.211)

Solve Equations 3.208 and 3.211 simultaneously to give C,; and Cg, as a function of time.
Reactor 2
The component balance for species A for reactor 2 is

dCha,
dt

Fa1 = Faz = (—TAZ)Vz =V, (3.212)
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The component balance for species B for reactor 2 is

dC
Fs1 — B + (—T’Az)Vz =V,
dt (3.213)
The space time for reactor 2 is given by
Va
Ty = 3.214
T 02

After simplification, Equations 3.212 and 3.213 can be written as

@ = @ - (l + kl) Caz + kCpo (3.215)
dt T2 T2

@ = S| +kiCas - (i + kz) Cea (3.216)
dt T2 To

Now solve Equations 3.208, 3.211, 3.215, and 3.216 simultaneously to get Cg,, C,;, Cp,, and
C,, as a function of time. Typically, a numerical solution method would be used to get the
solution to these equations.

Case Study 3.2: Transient Operation of CSTR for the Hydrogenation of Oil

In this case study, the transient behavior of different CSTR configurations used for the
catalytic hydrogenation of gas oil is examined. The reactions, catalyst, oil, operating
conditions, and so on are the same as for Case Study 3.1, where it was seen that the rate
of reaction of sulfur and nitrogen are given in terms of lumped kinetic models. For the
rate of disappearance of sulfur

(-15) = As exp(l'f;) C&°P3? = k,Cy° = 772.5CE° mol of S/h gcat (3.217)

8

For the rate of disappearance of nitrogen compounds, the rate equation is

R

(-m) = Ax exp(_E;i) CnBi;) = koCy = 4.28Cy mol of N/h geat (3.218)
2

We will calculate the values of two ratios, Zq and Zy, defined as

St and 7y = O (3.219)

S0 CNO

Zs =

These variables are the ratio of the concentration in the effluent to the concentration
in the feed. The feed is assumed to have a constant density. The concentration of the



Mole Balances in Ideal Reactors 105

sulfur in the gas oil feed stream is 0.00125 mol of S per cm?. The feed flow rate in all
cases is 39.33 cm3/h.

SINGLE REACTOR: CONSTANT VOLUME

The first example is a single, constant-volume reactor that contains 10 g of catalyst.
The volume is 100 cm?® and the reactor is initially filled with “clean” oil that does not
contain any sulfur or nitrogen. At time t = 0, the gas oil feed is started and maintained

at a flow rate of 39.33 cm?®/h. The transient nitrogen mole balance for the constant-
volume CSTR is

dCne
dt

1% = Ko - Fae - W(-n), (3.220)

Substituting for the reaction rate of nitrogen from Equation 3.218 and converting the
molar flow rate to a volumetric flow rate, and then rearranging give

dCne
dt

W
= %CNO - %CNE - szcNE (3221)

Substituting Z from Equation 3.219 gives

dZy _Q (1-2y)- %kZZN (3.222)

dt v

Substitute the values for flow rate, volume, catalyst mass, and rate constant to give

- Zn) - %4.282N - 0.3933 — 0.8213Zy (3.223)

dt 100

dzy  39.33 (

The transient sulfur mole balance for the reaction of sulfur is given by

V% = Fso - Fsg = W(-15) (3.224)

Substituting for the reaction rate of sulfur from Equation 3.217 and converting the
molar flow rate to a volumetric flow rate, and then rearranging give

dCse
dt

W
- %cso B, %CSE -k (3.225)

Substituting Zs from Equation 3.219, and noting that CH7ZE = (C/Cs) give

dZS Q W 05~15

— = =(1-Zs)- —kiCsyZs 3.226
dr V( s) y abso 4s ( )
Substitution of the values for flow rate, volume, catalyst mass, and rate constant

gives
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FIGURE 3.16
Dimensionless sulfur and nitrogen concentrations in reactor effluent for the single constant-volume transient
CSTR. Results for Case Study 3.2.

10

dzs 39331 _4)_ 1007725 x 0.00125 7}

dt 100
= 0.3933(1 - Zs) - 2.731Z¢° (3.227)

The two mole balance equations, Equations 3.223 and 3.227, can be integrated numeri-
cally over a5 h period, with the initial condition thatat t = 0, Zy, = 0 and Zg = 0. The results
of such an integration are shown in Figure 3.16. Note that the solution at large times
must always approach the steady-state solution. Note that the exit sulfur concentration
approaches its steady-state value more rapidly than does the nitrogen concentration.

TWO CSTR IN SERIES: CONSTANT VOLUME

In the next illustration, we use two CSTR in series, each with a volume of 50 cm? and
containing 5 g of catalyst. Both reactors are initially filled with clean oil that contains
no sulfur or nitrogen. The mole balances for each reactor can then be written and
solved simultaneously. For the first reactor, the mole balance equations are the same as
for the single CSTR case. The subscripts 1 and 2 are used to denote the first and second
reactor respectively, and the dimensionless concentration ratios are defined as

C C C C
Zny = i, Zny = ﬂ, Zs = C751’ and Zs, = Cisz (3.228)

CNO CNO S0 S0

The nitrogen mole balance for the first reactor in terms of the dimensionless concen-
tration, Z, is

dZNl Q I/vl
NN 70) - Dz _
dr V1( Nl) i 24N1 (3.229)



Mole Balances in Ideal Reactors 107

Substitute the values for flow rate, volume, catalyst mass, and rate constant

dZx 3933 5
d;\” = oo (1-Zn)- 50 428Zx1 = 0.7866 - 1.2146Zn: (3.230)

The sulfur mole balance for the first reactor is

dZs, Q Wi, 0515
—= = =(1-Zg) - —kCs5Zs
ar i ( 51) 7 1050 £st (3.231)

Substitute values for flow rate, volume, catalyst mass, and rate constant, giving

dZs;  39.33 5 05515
=295 7 ) - 27705 % 0.00125%5 ZL;
& = 50 U-Za)-g 8 st

= 0.7866(1 - Zs1) - 2.7312Z4 (3.232)

The two mole balances can be solved independently of the mole balance equations
for the second reactor. The mole balances for the second reactor depend on the effluent
from the first reactor. The mole balance for nitrogen for the second reactor is

dt

Vs Ra - o - W (-n), (3.233)

Substituting for the reaction rate of nitrogen and the volumetric feed flow rate, and
then rearranging give

dCn:  Q Q W,
— ==Cy-—=Cn2 - —kC
dt v, N1 v, N2 v, 2CN2 (3.234)

In terms of the dimensionless concentrations, Z, we have

dZN2 Q W2
== (Zn1 - Zn2) - —kZ
d v, ( N1 Nz) v, 2o (3.235)

Substituting for the reaction rate of nitrogen and the volumetric feed flow rate, and
then rearranging give

dZx,  39.33 5
dth -5 (Zni - Zn2) - 50 4282

=0.7866Zn; - 1.2146Z\, (3.236)

The transient sulfur mole balance for the second reactor is developed in a similar
way. The inlet is the outlet from reactor 1:

Va = Lo - Fo - Wa(-15), (3.237)
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Substituting for the reaction rate of sulfur and the volumetric feed flow rate, and then
rearranging give

dCs, Q Q W, 15
= =Cq - =Csp - —k,C
dt v, S1 v, 52 v, 2CsE (3.238)

Noting that CH7Z& = (Céf/Cso ), Equation 3.238 can be written in terms of Zs as

dz W,
dtsz = %(251 - Zs) - 722le&)52§'25 (3.239)

Substituting for the reaction rate of sulfur and the volumetric feed flow rate, and then
rearranging give
dZs, 39.33

" s (Zs1 - Zsy) - %772.5 x 0.00125"°Z& (3.240)

Simplify Equation 3.240 to obtain the final mole balance:

dZs 0.7866(Zs - Zs,) - 2.7312Z& (3.241)

There are four mole balance equations to solve, Equations 3.230, 3.232, 3.236, and
3.241. The equations are coupled, and must be solved simultaneously using an appro-
priate numerical method (e.g., Runga—Kutta method). The initial conditions, that is, the
dimensionless concentrations at time zero, are

ZSl = Z52 = ZNl = ZNZ =0 att=0 (3242)

The solutions of the four mole balance equations are presented in Figures 3.17 and
3.18 as plots of dimensionless concentration versus time.
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Figure 3.17 Dimensionless nitrogen concentrations in reactor effluent for two constant-volume transient CSTR
in series. The conversion in the second reactor is higher than the first. Results for Case Study 3.2.
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FIGURE 3.18
Dimensionless sulfur concentrations in reactor effluent for two constant-volume transient CSTR in series. The
conversion in the second reactor is higher than the first. Results for Case Study 3.2.

SINGLE TRANSIENT REACTOR: VARIABLE VOLUME

In the third illustration, the reactor initially contains 50 cm? of clean oil and 10 g of
catalyst. At time zero, the feed flow rate is set to 39.33 cm?®/h of gas oil. There is no
effluent stream until the reactor volume is 100 cm?, at which time the volume is held
constant and the effluent flow rate equals the feed flow rate.

This problem must be solved in two stages because the mole balance equations for
the filling stage are different from those when the reactor is full and the volume is held
constant. The first step in the solution is to determine the length of time required to
fill the reactor. It is necessary to add 50 cm? of oil to the reactor before there is an efflu-
ent stream. At an addition rate of 39.33 cm? of oil each hour, this operation will take
(50/39.33) = 1.271 h. Therefore, the mole balance equation for the nitrogen for time less
than 1.271 h is

dVEN) _ g, - W(-n) (3.243)
dt
Expanding the left-hand side using the chain rule, and substituting for the molar
flow rate of nitrogen compounds give
dv dCy

s v
Nar T

= Koo - W(-mn) (3.244)

The change in volume with time depends on the volumetric flow rate, which is con-
stant. The rate of volume change is given by

dv
ST (3.245)
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The volume at any time is obtained by integration:

V=V, +Qt (3.246)

In Equation 3.246, V| is the initial volume, 50 cm3. Substituting the reaction rate of
nitrogen, the volumetric feed flow rate, and the reactor volume into Equation 3.244, and
then rearranging give

dCN _ Q B Q _ w
dt (Vo + Qt) Cro (Vo * Qt) e (Vo + Qt) kol (3.247)

Substituting the dimensionless nitrogen concentration, Zy, gives

dZy _( Q ) [Q+Wk)

a "o | mear ) (5:249)

Substituting the numerical values for the reaction rate of nitrogen and the volumetric
feed flow rate, and then rearranging give

dZy 39.33 39.33 + 10 x 4.28
= - V4 249
dt (50 + 39.33t) ( 50 + 39.33 ) ) 0:28)
Equation 3.249 can be simplified to the following result:
dZy  39.33 - 82.13 x Zy (3.250)

dt 50 + 39.33¢

Using a similar procedure, the transient balance for the reaction of sulfur is given by

dv dC
ng + VT: =K - W(—rs) (3251)

Substituting for the reaction rate of sulfur, the volumetric feed flow rate, and the
change in volume with time, and then rearranging give

dcs _( Q (0 (W 5
dt (Vo + Qt) Co (Vo + Qt) - (Vo + Qt) kG 4:252)

Noting that C$Zs° = (Cé‘S/CSO ), the mole balance is written in terms of Zg as

dzs = Q - Q - W 0.5 1.5
‘“_(%+QJ (%+QJ% (w+QJQ“ZS (3.253)
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Substitution of the numbers gives

dZs _ ( 3933 )(1 -Zs) - (L) 0.00125% x 772.5 x Z&°
dt  \50+39.33t 50 + 39.33¢

Simplification gives the final mole balance for sulfur:

dzZs  39.33(1- Zs) - 273.12Z4°

(3.254)
dt 50 + 39.33t

The transient mole balance for nitrogen and sulfur compounds must be numerically
integrated over the time interval 0-1.271 h. Using the Runga—-Kutta method, the solu-
tion of Equations 3.250 and 3.254 are obtained, and at the end of 1.271 h, the dimension-
less sulfur and nitrogen concentrations are

Zs = 02260 and Zy = 0.3662

After 1.271 h has passed and the reactor is full, the operation is described by the mole
balance equations for the constant-volume transient reactor with a volume of 100 cm?.
This situation is the same as in the first part of the case study. The mole balance equa-
tions are

For sulfur

% = 0.3933(1 - Zs) - 2.731Z3° (3.255)

For nitrogen

dZn = 0.3933 - 0.8213Zx (3.256)

dt

The two mole balance equations, Equations 3.255 and 3.256, are now integrated
numerically over the time interval starting at 1.271 h, and finishing at the final time
desired. The initial conditions are the dimensionless concentrations obtained from the
solutions of Equations 3.250 and 3.254 at t = 1.271 h, that is

Zs = 02260 and Zy = 0.3662

As before, the Runga—Kutta method is used to perform the numerical solution of the
mole balance equations. The transient operation of the reactor during both the filling
stage and the constant-volume stage is shown in Figure 3.19 . The top graph represents
the filling operation and the bottom graph the constant volume stage. Note that in the
case of the sulfur, the conversion has almost reached the steady-state value at the end
of the filling stage, while the nitrogen steady-state conversion takes much longer to
achieve.
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FIGURE 3.19

Dimensionless nitrogen and sulfur concentrations in the reactor for a variable volume transient CSTR. (a)
The graph shows the behavior during the first 1.271 h when the reactor is being filled. (b) The graph corre-
sponds to constant volume operation. Note that for the sulfur conversion, most of the reaction occurs during
the filling stage. Results for Case Study 3.2.

3.11 Summary

In this chapter, the mole balances for the three ideal reactors, the perfectly mixed batch
reactor, the perfectly mixed continuous stirred tank reactor, and the PFR, were developed.
The mole balances are either differential or algebraic equations, depending on the reactor
type and the method of operation. In many cases, the mole balance equations are either
nonlinear or coupled systems of equations that require a numerical solution. Regardless of
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the complexity of the reacting system, whether there are a multitude of reactors or a pleth-
ora of chemical reactions, the system can always be analyzed simply by developing and
solving a system of mole balance equations. One of the most important points to remem-
ber when writing the mole balances is to consider density changes that may occur as a
result of the chemical reaction. This factor is most important when gas-phase reactions
occur and there is a change in the number of moles on reaction. The second point to
remember, especially when there are density changes, is the effect of the presence of inert
material. Although inert material does not participate in the reaction, it can influence the

reaction rate and the equilibrium composition, if the reaction is reversible.

PROBLEMS

31

3.2

3.3

An irreversible gas-phase reaction is conducted in an isothermal batch reactor.
The overall reaction is

A — 2B

The reactor is filled with a mixture of 70 mol% A and 30 mol% inert gas. The

initial pressure is 90 kPa and the temperature is 400 K. The rate expression is

second order, thatis (-r4) = kC4 and the rate constant has a value of k = 0.75 m3/

mol-h at 400 K. Assume ideal gases.

a. Calculate the time required to achieve 60% conversion of A in a constant-
volume batch reactor.

b. Calculate the time required to achieve 60% conversion of A in a constant-
pressure batch reactor.

An irreversible gas-phase reaction is conducted in an isothermal batch reactor
operated at 400 K. The overall reaction may be represented by

A—>P+2S

The reactor is initially filled with pure A and the initial pressure is 100.0 kPa.
The rate expression for this reaction is second order in the concentration of A,
that is, (-r4) = kC%, and the value of the rate constant at 400 K is k = 0.75 m3/
mol-h. Assume ideal gases.

a. Calculate the time required to achieve an 80% conversion of A if the reactor
is a constant-volume batch reactor.

b. Calculate the time required to achieve an 80% conversion of A if the reactor
is a variable-volume, constant-pressure batch reactor.

Take the same reaction as in Problem 3.1, but the reaction will now be carried

out in an isothermal plug flow reactor (PFR). The feed is 70 mol% A and 30

mol% inert gas at a pressure of 90 kPa and a temperature of 400 K. The pressure

drop in the reactor is negligible. The total feed flow rate to the reactor is 0.04

mol/min.

a. Calculate the reactor volume required to achieve 60% conversion of A.

b. Calculate the space time (based on feed inlet conditions) for the reactor in
part (a).
c. Calculate the mean residence time for the reactor in part (a).

113
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34 Consider the same reaction as in Problem 3.2, but the reaction is now carried out
in an isothermal plug flow reactor (PFR). A feed stream of pure A, at 100 kPa
and 400 K, is fed to the reactor at a rate of 0.040 mol/min. The reactor tempera-
ture is 400 K and the pressure drop is negligible.

a. Calculate the reactor volume required to obtain an 80% exit fractional con-
version of A.

b. Calculate the space time (based on feed flow rate at reactor inlet conditions)
for the operation in part (a).

c. Calculate the average mean residence time for the operation in part (a).

3.5 Repeat Problem 3.3 for a CSTR. That is, the reactor feed composition and flow
rate are the same as in problem 3.3 but the PFR is replaced by a CSTR. The tem-
perature and the pressure are also the same.

3.6 Repeat Problem 3.4 for a CSTR. That is, the reactor feed composition and flow
rate are the same as in problem 3.4 but the PFR is replaced by a CSTR. The tem-
perature and the pressure are also the same.

3.7 Consider an ideal gas-phase reaction carried out in an isothermal batch reactor.
The reaction is given by the following stoichiometry:

A+B—-C
The rate expression and rate constant are

(—rA) = kCxCp, k =1x10"m?/mol s

The reactor is initially filled with a mixture of 40 mol% A, 40 mol% B, and 20
mol% inert gas. The temperature is held constant at 100°C. The initial reactor
pressure is 500 kPa. The reactor pressure is controlled during the course of the
reaction such that the following relationship is valid:

PT=PTO—Elt, ﬂ=1Pa/S

where t is time in seconds and PT and PTO are the total pressure and initial total
pressure in Pa, respectively. Determine the time required to achieve 80% con-
version of reactant A and the total reactor pressure at that time.

3.8 Consider an ideal gas reaction conducted in a plug flow reactor. The reaction
stoichiometry is

A+B—-C+D

The rate equation and rate constant are

(—YA) = kCaCs, k =5x10"m?/mol-s
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39

3.10

311

The feed is 50 mol% A, 30 mol% B, and 20 mol% inert gas. The total inlet molar
flow rate is 10 mol/s which, at the temperature and pressure of the reactor, gives
a total volumetric flow rate of 0.1 m?3/s.

a. Determine the reactor volume required to achieve 50% conversion of A.
b. Determine the reactor volume required to achieve 80% conversion of A.

Consider the system of series/parallel reactions shown below:

AL)B (—TA) = kch
B—-C (1’(:) = k,Cg
B—1-R (T’R) = ksCs

The reactions are assumed to be irreversible. The reactions take place in two
CSTR connected in series. The volume of each reactor is 300 L. The rate con-
stants are

ki =0.07s", k, =0.09s", ks =0.10s"

Pure A is fed to the first reactor at a concentration of 4 mol/L and a flow rate of
30 L/s. Calculate the molar flow rate of R in the effluent from the second
reactor.

The following irreversible first-order reactions occur at constant density:

A—b-R—E-5

where k; = 0.15 min™; k, = 0.05 min™. This reaction system is to be analyzed in

continuous flow reactors with a volumetric feed rate of 150 L/min and feed

composition C,,. Find the production rate of R (i.e., Cx/C,,) for each of the fol-

lowing reactor systems:

a. A single CSTR with volume of 300 L

b. Two CSTRs in series, each with volume of 150 L

c. Two CSTRs in parallel, each with volume of 150 L and with the feed stream
equally divided between them

The vapor-phase dehydration of ethanol over an ion exchange resin has been
studied. The rate of ethanol dehydration to diethyl ether at temperatures of
110-135°C is given by the following rate function:

kK3 (PZ - (1/K:) PyRy)
(1 + KAPA + KWPW)2

mol/s - gcat

(1) -

where K= C,X.OH, W = H,O and E = (C,H;),O. The constants are
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ks = 1.5 x 108 exp(#) mol/s - gcat, K, =20 x 107 exp(#) kPa™,

18;12) © Ky =1.0x10" exp(ﬂ;ﬂ) kPa™

K; =025 exp(

with Tin K and P; in kPa. The overall reaction for ethanol dehydration to diethyl
ether is

2A=W+E

a. Convert the above rate expression to concentration units, that is, replace the
P,, Py, and Py, and C,, C;, and C,,. Use mol/m? for concentration units and
assume ideal gas behavior.

b. Calculate the equilibrium fractional conversion of ethanol if pure ethanol is
fed to a reactor at a total pressure of 300 kPa and 130°C.

c. The ethanol dehydration is to be carried out with a two-reactor system, spe-
cifically, a PFR followed by a CSTR. Pure ethanol vapor is fed to the PFR at a
rate of 0.25 mol/h. Each reactor contains 20.0 g of catalyst (ion exchange
resin) and both reactors are operated at 300 kPa and 130°C. Calculate the
steady-state fractional conversion of ethanol at the exit of the PFR and at the
exit of the CSTR.

d. Repeat part (c), but change the order of the two reactors.
3.12 Consider the system of reactions:

A+B %> C and A+C 2> D

The reactions take place in liquid solution in two CSTR connected in series.
Each reactor has a volume of 0.3 m?. The kinetics of the reactions are

(—VB) = kiCxCgk; = 2 x 10 m®/mol - s
(+VD) = k,CaCcky = 8 x 10° m*/mol - s

At time zero, both reactors are full of inert solvent. The feed to the first reactor
consists of a flow of 0.03 m?/s containing 4000 mol/m3 of A and 3000 mol/m? of
B in a solvent. Plot the concentrations of A, B, C, and D in the effluent streams
from each reactor as a function of time, and determine the steady-state effluent
compositions. How long does it take to achieve 99% of the steady-state
composition?

3.13 A semibatch reactor has an inlet feed stream and no effluent stream. The
following liquid reaction occurs in the reactor:

A—B
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3.14

3.15

3.16

The rate equation and rate constant are

(-7a) =kCa, k=1x10"s"

The reactor initially contains 0.1 m? of a solution containing 1000 mol/m? of A.
The feed stream flows at 0.001 m3/s with a concentration of A of 1000 mol/m?3.
Calculate the number of moles of A and B in the reactor after 900 s has passed.

Consider a plug flow reactor with a reversible isothermal gas-phase reaction:

A+B=C

The reactor feed consists of a mixture of 50% A and 50% B. The reaction rate is

(—T’A) = kiCaCs - kzcé

The inlet temperature is 500 K and the total pressure is 200 kPa. The volumetric
feed flow rate is 10 m3/s. The rate constants have values of

kp =0.1m?*/mol-s and k, = 0.05m®/mol-s

a. Calculate the conversion of A in a reactor of volume 10 m3.
b. Calculate the maximum conversion of A in an infinitely long reactor.
The reaction between ammonia and formaldehyde to give hexamine is

4NH; + 6HCHO — (CH:), N, + 6H,O

A 0.5 L CSTR is used for the reaction. Each reactant is fed to the reactor in a
separate stream, at the rate of 1.5 x 10°L/s each. The ammonia concentration is
4.0 mol/L and the formaldehyde concentration is 6.4 mol/L. The reactor tem-
perature is 36°C. Calculate the concentration of ammonia and formaldehyde in
the effluent stream. The reaction rate equation and the rate constant are

(=7a) = kCA’Cy mol A/L-s, k =1.42x 10’ exp(@)

where A is ammonia and B is formaldehyde.

The following reaction occurs in aqueous solution:

NaOH + C,H;(CH;CO) — Na(CH,CO) + C,HsOH
A+B—-C+D

This reaction is second order and irreversible, that is

(—T’A) = kCACB
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A well-mixed laboratory batch reactor is filled with a solution of 0.1 M NaOH
and ethyl acetate (component B). After 15 min, the conversion of NaOH is
observed to be 15%.

a. For a commercial-size reactor, how much time is required to achieve 30%
conversion of a solution containing 0.2 M ethyl acetate and 0.2 M NaOH?

b. What reactor volume is required to produce 50 kg of sodium acetate (product
C, molecular weight 66) at this 30% conversion (conditions of part (a))?

3.17 Consider the reaction of species A to form product B in a constant-density iso-
thermal system. The rate of disappearance of A is given by a second-order rate,
that is, (-74) = kCi. A process plant carries out the reaction using a single PFR
with 95% conversion of A. To increase production, a second reactor is to be
added. The second reactor is to have the same volume as the first one, and the
overall conversion from the system of two reactors is to remain at 95%. Four
scenarios are imagined, as given in the following. For each case, determine by
what factor the plant can increase production of B. Justify your answer using
the appropriate mathematics or impeccable logic.

a. The second reactor is also a PFR and is operated in parallel.
b. The second reactor is a PFR and is operated in series.

c. The second reactor is a CSTR in series placed before the PFR.
d

. The second reactor is a CSTR in series placed after the PFR.
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Energy Balances in Ideal Reactors

The mole balance equation was developed in Chapter 3 and applied to a variety of ideal
reactors. Energy changes were not considered, which led to some constraints on the sys-
tems that were analyzed. For the batch reactor case, the contents of the reactor had a uni-
form temperature, and this temperature did not change with time. For flow reactors, the
temperature was constant with respect to both time and spatial position, and the inlet and
outlet process stream temperatures were the same. With these imposed constraints, the
mole balance equation, along with a rate expression, is sufficient to determine the conver-
sion in a reactor. In the operation of most real reactors, regardless of whether they are labo-
ratory units, pilot-scale, or full-size reactors, these constraints on the temperature do not
apply. Thus, in a batch reactor, the temperature of the reaction mixture may change with
time. In a flow reactor, the temperature may change with time and position, or the feed
and effluent streams may have different temperatures. To account for these effects, reactor
analysis must include the energy balance.

In this chapter, the energy balance equation is first developed in a general way—then it
is applied to the three ideal reactor cases, namely the perfectly mixed batch reactor, the
perfectly mixed CSTR, and the PFR. In the case of the CSTR, both transient and steady-
state behavior is discussed. The reader may wish to study again the thermodynamics
review presented in Chapter 2 prior to reading this chapter.

4.1 Influence of Temperature on Reactor Operation

The effects of temperature on the reaction rate were discussed in Chapters 1 and 2, and are
briefly summarized here. Temperature changes influence the reaction rate, and hence the
mode of reactor operation in two ways. The first is through the temperature dependence
of the rate parameters; the second is through the temperature dependence of the equilib-
rium constant.

4.1.1 Temperature Dependence of Reaction Rate Constants

The temperature dependence of the reaction rate constants was mentioned in Chapter 1.
The temperature dependence of each constant in the reaction rate expression has the gen-
eral form (Where N = 0 for the Arrhenius law)

[ -E\

k=ATN expLRg—TJ @.1)

The exponential dependence of the rate constants on the temperature means that the
reaction rate can change rapidly as the temperature changes. The larger the value of the
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activation energy, the greater will be the change in reaction rate for a given change in
temperature. This effect can cause operating problems. For example, consider the case of
an exothermic chemical reaction. As the reaction proceeds, thermal energy is released. If
this energy is not removed from the reactor, the process stream will increase in tempera-
ture, causing the reaction rate to increase. Then, as the reaction rate increases, the rate of
heat release also increases, which further increases the rate of reaction, and so on. In some
cases, this effect may lead to reactor runaway and catastrophic failure, which should be
avoided.

4.1.2 Effect of Temperature on Equilibrium Conversion

The equilibrium constant is also a function of temperature; hence, the equilibrium conver-
sion will be affected by changes in temperature. The temperature dependence of the equi-
librium constant is given by the van't Hoff equation (see Section 2.3.3):

d(InK)  AH5
dT  R,T?

4.2)

For an exothermic reaction, an increase in temperature decreases the equilibrium yield,
while for an endothermic reaction an increase in temperature increases the equilibrium
yield, everything else being equal.

4.1.3 Energy Balance for Ideal Reactors

The mole and energy balance equations are a coupled set of equations that together
describe the performance of an ideal reactor. Typically, the energy balance is expressed in
terms of the reactor temperature, which may vary with space and time. The nature of the
variations depends on the reactor type and mode of operation. In perfectly mixed batch
reactors, the temperature is the same at all locations in the reactor, but changes with time
as the reaction proceeds. Sometimes the reactor is operated with heat transfer through the
reactor walls, or via heating or cooling coils inserted into the reactor. Adiabatic operation
is also possible. In a plug flow reactor, the temperature varies with axial position (i.e., in the
direction of flow) in the reactor. There may or may not be heat transfer through the reactor
walls. In a CSTR, the temperature is uniform everywhere in the reactor and is equal to the
outlet temperature. However, the inlet and outlet temperatures are different. There may or
may not be heat transfer with the surroundings, either through the vessel walls or via
heating or cooling coils within the reactor.

In the following sections, the general energy balance equation is introduced. This intro-
duction is followed by a detailed development of the energy balance equation for the three
ideal reactors (batch, PFR, and CSTR).

4.2 General Energy Balance

We start the derivation of the energy balance equation by considering the energy changes
experienced by a general open system. The energy of the system may change with time as



Energy Balances in Ideal Reactors 121

a result of heat exchange between the system and the surroundings, work done on the
system by the surroundings, or by accumulation of mass in the system. Energy crosses the
system boundary as mass flows into or out of the system. Energy changes also occur as
chemical reactions proceed. The general energy balance equation can thus be written in
words as

Rateof . Heat Work Energy of Energy of
accumulation . .
. = |addedto | - |doneby | + | massentering | - |massleaving
of energyin
thesystem system system thesystem thesystem

The reader may recall that in books on heat transfer the general energy balance equation
includes a term for thermal energy generation. Such a term does not appear in the above
energy balance because this equation represents a total energy balance. Although a chemi-
cal reaction may generate or absorb thermal energy, this energy change is balanced by an
equal change in energy owing to a compositional change. Strictly speaking, energy is
never generated in any system unless there are nuclear reactions where matter is trans-
formed into energy.

The energy of a system or a flowing stream consists of potential energy (which depends
on the system height relative to a reference point, z), kinetic energy (which depends on the
fluid velocity, v), and the internal energy, U (which is the sum of the molecular energies).
The total energy per unit mass is the sum of these three components, and is written as

2

E=U+07+gz2 4.3)

In most chemical reactors, changes in kinetic and potential energy are considered to be neg-
ligible and are ignored. This is usually a good approximation because the velocities of most
process streams are relatively small, and the differences in elevation are minor. The largest
energy effect is that owing to chemical reaction. The following approximation is thus made:

Eo®Uu @4

The heat transfer between the system and the surroundings is denoted as g, and has the
units of watts. It has a positive value if heat is transferred to the system from the surround-
ings. The work done by the system is given the symbol W and also has units of watts. It has
a positive value if the work is done by the system on the surroundings. For a system with
multiple species crossing the system boundary with molar flow rates of F, the energy bal-
ance may be written as

n n

2 FU; 2 FU;
I= I=

Each of the terms in Equation 4.5 has units of power, joules/s (J/s) or watts (W). The work
done on or by the system, W, may be divided into flow work, W, expansion work (also
called pressure/volume work), W, and shaft work, W;.

du

—a-W
a 1T

@.5)

in out
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2 Fu;| - Z FU;
J= J=

Flow work is the work that a fluid stream does on the system or the surroundings by
entering or leaving the system. The flow work depends on the volumetric flow rate, Q, of
the stream crossing the system boundary and the pressure of the system, as follows:

d£=q—Wf—W5—WE+

4 4.6)

in out

W; = -PQ @7)

The volumetric flow rate can be expressed in terms of the molar flow rate by introducing
the molar concentration of each species, C;:

n P n
Wi = —PEC{ = -2 FPV, @.8)
= ] 7=

The volume, V;, in Equation 4.8 is the molar volume of component j in the process stream.
The shaft work, denoted W, is the work done on or by the system by a mechanical device
such as a mixer. The expansion work is the work done on or by the system as a result of
volume changes of the system. For a constant-volume system, it is equal to zero: substitu-
tion of Equation 4.8 into Equation 4.5 and rearrangement thus give

EFJ‘(UJ‘ + PV))
<

We now introduce the enthalpy, H. The enthalpy is a defined thermodynamic quantity
and is related to the internal energy by the following equation:

n

EE(UHPVJ')

7=

du
G oW - W,
qr TS ES

4.9)

in out

H=U+PV .10
Equation 4.10 can be substituted into Equation 4.9 to obtain

dA  (aD)dz 4 1l
dvV  (aD?*/4)dz D @.11)

Equation 4.11 is one form of the basic energy balance equation. We shall apply this
energy balance to the batch reactor, the PFR, and the CSTR.

4.3 Batch Reactor

It was seen in Chapter 3 that the batch reactor can be operated in either constant- or variable-
volume mode. The form of the energy balance equation for the batch reactor depends on
which of these two modes is used. Most batch reactors are operated at constant volume,
and this case will be treated first and in more detail, followed by the variable-volume case.
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4.3.1 Constant-Volume Batch Reactor

The CVBR has no inlet or outlet streams; thus, it is a closed system. The energy terms in
Equation 4.11 for flow streams are thus dropped. The expansion work in a constant-volume
system is zero. The internal energy change of the system is the sum of the changes of all of
the species in the system. For this analysis, the energy input from work done by mixing
devices (shaft work) is ignored. The energy balance for a CVBR becomes

dl_d( ,1Nu)=q 412)
dt dt

The internal energy change of the reactor contents is thus equal to the rate of heat trans-
fer with the surroundings. Equation 4.12 can be expanded using the chain rule:

dN;
EN] o 2 ey @13)

It is not convenient to work directly in terms of internal energy changes: temperature is
a much more useful variable. The internal energy change of a species can be expressed in
terms of the temperature and the constant-volume heat capacity. For any species j, this
substitution gives

du, dT

_c..4ar 4.14
dt 4t @1

Therefore, the first term on the left-hand side of Equation 4.13 becomes

EN, - (ZN]CW]CE 4.15)

Consider a reaction given by the following overall expression:

aA + bB—cC +dD 4.16)

The reaction can be expressed on the basis of 1 mol of A as

A+lB=CSciip 4.17)
a a a

Let I denote any inert substances present in the system. For the reaction of Equation 4.16,
the right-hand side of Equation 4.15 is equal to

dT

57 4.18)

ENCV] NACVA + NBCVB + Nccvc + NDCVD + NICVI)
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The second term on the left-hand side of Equation 4.13, for the reaction of Equation
4.16, is

- dN; dN dN dN dN
u; f)=u AvUg—2+U C+u D .
/Z;(’dt ATqr TR g Teq TR g (*19)

Equation 4.19 contains terms for the reaction rates of each species in the reaction. Each
rate can be expressed in terms of the rate of change of the number of moles of A. From the
stoichiometry, the relationship between the rates of reaction of the different reactants and
products is

q + FroCpo(To = Te) = (Fao = Fag)AHg s = 0

Substitution of these terms into Equation 4.19 and simplification gives

N\ dN; dN, [d c b
uv—f)=- A ZUp + —Uc -Uy - —U
JZ( [y dr [u D+a c A= Us 4.20)

The difference between the internal energies of the products and the reactants, multi-
plied by the respective stoichiometric coefficients, equals the internal energy change of
reaction, which is

Uy + SUe — Uy - LUy = AUg A 4.21)
a a a

In Equation 4.21, AUy , is the internal energy change owing to reaction per mole of A.
The energy balance equation for a CVBR can therefore be written as

[ VdT dN,
LJZNJCVJ’ Jar = ai (AUxA) = q 422

In Equation 4.22, A is the reference reactant (or product), and the energy balance is
expressed in terms of this reference component. Equation 4.22 contains two time deriva-
tive terms. The derivative of the moles of A with respect to time can be eliminated by
incorporating the mole balance. The general mole balance for a batch reactor is

1dN,

- = (o) (4.23)

Substituting Equation 4.23 into Equation 4.22 gives the energy balance as

{2 N].cv,-] % + (-r)V(AUg ) = ¢ (4.24)
<
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Equation 4.24 can be rearranged to give an explicit expression in temperature; thus

dT q (—TA)V(AUR A)

dr ( n NCV,) (2 NCV]) (4.25)

The mole balance and energy balance equations between them describe the behavior of
a nonisothermal CVBR. The two equations are coupled because the energy balance
includes concentration terms and the mole balance includes the temperature. Owing to the
exponential temperature dependence of the rate constants, a numerical solution of the two
equations is required. In the general case, both Cy, and (AU ,) depend on the temperature,
giving very nonlinear equations. This nonlinearity can lead to difficulties in the numerical
solution.

4.3.2 Relationship between AU, and AH,

The energy balance in the CVBR includes the internal energy of reaction, AUj. It is com-
mon to express the energy change on reaction in terms of the enthalpy of reaction, AH
(see Chapter 2), and this latter quantity is the one usually encountered in reference texts.
The relationship between AUy and AHy is given by the following equation:

n

AURg,a = AHga - [P + (aAuR’A) ] 2 viV; (4.26)
T]| 4%

A%

In Equation 4.26, v; is the stoichiometric coefficient, which is negative for a reactant and
positive for a product, and V; is the molar volume of component j. For most liquid reac-
tions, the following is usually a good approximation:

2 vV =0 4.27)
£

With this approximation, AH; = AUy and Cp = C,.
In a gas-phase reacting system, we consider two cases. In the first case, there is no change
in moles on reaction, and it follows that

2\/,- =0 and zvjVj =0
= B

and therefore AH, = AUy. Furthermore, the change in heat capacity is the same for both
constant-pressure and constant-volume heat capacity, that is

ACp = ACy 4.28)

Therefore, either C;, or C,, values may be used in calculating energy changes. In the second
case, there is a change in moles on reaction. Thus, £v,=AN and therefore AHg = AU.
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To determine the difference between AHy and All;, consider the case of an ideal gas mix-
ture. For an ideal gas, the internal energy depends only on the temperature, and the molar
volume is given by the ideal gas law; therefore

R, T
) =0 and V, = —3—
T P

(aAUR
A%

It follows that

n R T n
2 vV = == 2 V) 4.29)
J= P J=

The sum of the stoichiometric coefficients equals the change in moles on reaction, that is,
Zv;=AN, where AN is the change in moles on reaction when v, is set equal to 1. Therefore

R,T
AUg » = AHg » - P(AN%) 4.30)
Simplifying gives the result
AUg,n = AHg A — ANR,T 4.31)

In this scenario, the value of Al , is different from the value of AHy, ,, and error would
result if they were assumed to be the same. The magnitude of the difference that can arise
between the two is illustrated in Example 4.1.

Example 4.1

The gas-phase hydrogenation of benzene produces cyclohexane. The overall reaction is

C6H6 + 3H2 e C6H12 (432)

Compute the enthalpy and internal energy changes of this reaction over the tem-
perature range 300-800 K. Assume that the species behave as ideal gases. The following
data are available. The temperature dependence of the heat capacity is

Cp =a+bT +cT? +dT?]/mol - K (4.33)

The values of the constants in Equation 4.33 are

Compound a b x 102 ¢ X 10° d x 10°
CHg -33.92 47.39 -30.17 71.30
H, 27.14 0.9274 -1.381 7.645

CH,, 5454 6113 -25.23 13.21
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The enthalpies of formation of benzene and cyclohexane at 298.15 K are
AH 205 corig = 8298 x 10*J/mol @.34)
and

AH f 595 cgrpp = —1.232 x 10° J/mol @.35)

SOLUTION

We start the solution by computing an expression for the enthalpy of reaction at
298.15 K. The enthalpy of reaction as a function of temperature can be computed from
the enthalpies of formation and the heat capacity data. The standard enthalpy of forma-
tion of hydrogen is zero by definition, and therefore, the enthalpy change of reaction at
298.15 K is

AHp 208 conig = —1.232 x 10° - 8.298 x 10* = —2.062 x 10°]/mol (4.36)

Using this value for the enthalpy of reaction and the heat capacity data, a temperature-
dependent expression is developed for the enthalpy of reaction (see Example 2.6 for the
methodology):

AHpg cerg = —1.813 x 10° = 102.0T + 0.0548T> + 3.024 x 10°T> - 2.026 x 10*T*J/mol
4.37)

The relationship between the internal energy change of reaction and the enthalpy
change of reaction for an ideal gas is given by Equation 4.31:

AUg cgs = Mg corig — ANR,T (4.38)

For this hydrogenation reaction, there are 4 mol of reactants consumed for every mole
of products that is produced. Therefore, it follows that

AN =1-4=-3 (4.39)
Equation 4.38 is written as

AUg ceng = AHrcgg + 3 %8314 x T (4.40)
Combining Equations 4.37 and 4.40 gives

AlUg cge = ~1.813 x 10° = 77.058T + 0.0548T7 + 3.024 x 10°T> - 2.026 x 10 T*]/mol
(4.41)

The following table gives some values for the two energy changes at various tempera-
tures, computed from Equations 4.37 and 4.41:
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T (K) OHg,cen, J/mol)  [JUg cou, (J/mol)

300 ¥2.063 x 10° X1.988 x 10°
400 ¥2.119 x 10° ¥2.019 x 10°
500 ¥2.161 x 105 X2.036 x 10°
600 ¥2.189 x 10° ¥2.039 x 10°
700 ¥2.203 x 10° ¥2.029 x 10°
800 ¥2.206 x 10° ¥2.007 x 10°

Note that the percent difference between the two energy values is about 3.8% at 300 K,
and rises to about 9.9% at 800 K.

4.3.2.1 Assuming a Constant Value for Heat Capacity

It was seen in Chapter 2 that the heat capacity is usually a function of temperature. This
temperature dependence must be included in the solution of the energy balance equation
to obtain an exact solution. Furthermore, as the composition of the reaction mixture
changes with time, the heat capacity of the mixture will usually change, even if the tem-
perature is held constant. It is, however, not uncommon to assume that the heat capacity is
either independent of the temperature or composition, or both. The energy balance is then
expressed in terms of an average heat capacity value.

When the heat capacity is assumed to be independent of composition, the heat capacity
is often based on the mass of the system. With this assumption, the temperature change
term in Equation 4.24 becomes

- du. _ dT
Z;N-’= Cy —
2 g =M, 4.42)

The units of Cy are J/kg - K. Now, substitute Equation 4.42 into Equation 4.24:

— dT
q= thV% + (AUR,A)(—T’A)V (44:3)

Note that the use of an average heat capacity based on the mass of the system does not
preclude the temperature dependence of the heat capacity from being used. Writing
Equation 4.43 explicitly in terms of the temperature change of the reactor as a function of
time gives

ar g (MUg)(n)V

=—1 _ A 444
dt thV thV ( )

The mole balance equation for a CVBR may be written in terms of concentration:
dCs __ (=1a) (4.45)

dt
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Equations 4.44 and 4.45 are a system of two coupled ordinary differential equations and
are initial value problems. The simultaneous numerical solution of these two equations
yields the temperature and concentration in the reactor as a function of time.

4.3.3 External Heat Transfer in CVBR

The heat transfer term, g, may have various forms depending on the reactor and surround-
ings. The reactor may be heated by a heater that supplies a constant heat flux, in which case
the value of 4 would be a constant. If there is no heat transfer with the surroundings, the
reactor is adiabatic and g has a value of zero. Alternatively, 4 might be varied continuously
to achieve a specified heating or cooling rate in the reactor.

A common method used to provide heat exchange with a reactor is to place heating or
cooling coils inside the reactor, or to place a jacket containing a heat transfer fluid around
the reactor surface. In this case, the rate of heat transfer is governed by the temperature
difference between the reactor and the heat transfer fluid, and the value of the overall heat
transfer coefficient, U. The heat transfer equation is written as

q=UA(T. -T) (4.46)

In Equation 4.46, A is the heat transfer area and T., is the temperature of the heat transfer
fluid. If the temperature of the heat transfer fluid is held constant during the course of
reaction, and the reacting fluid temperature changes, then the rate of heat transfer is a
function of time. Refer to Case Study 4.1 in Section 4.3 for an example of a batch reactor
with external heat transfer.

4.3.4 Adiabatic Temperature Change for CVBR

When the reactor is adiabatic, Equation 4.22 can be written as

(2 N]‘Cvj) % = dgiA (AuR,A) 447)
=

Eliminating the time derivative term in Equation 4.47 and rearranging give

dT  (AlUga)
BANE 448
dN, ( E ; Njcvj) (4-48)

Provided that AUy and C,, are known as a function of T, Equation 4.48 can be integrated
to give T as a function of N,. If N is assumed to be constant, and furthermore we assume
a constant average C,, the integration is straightforward and we obtain the result

T-Ty=""22(Na - Nao) (4.49)
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Equation 4.49 can be written using fractional conversion, with an initial conversion of
Zero:

_ —AUR,A

T-T,
m,Cy

NaoXa (4.50)

Equation 4.50 can be used to check the maximum or minimum reactor temperature that
can be attained with adiabatic operation by setting the fractional conversion equal to one.

Example 4.2

Consider the oxidation of carbon monoxide in an adiabatic constant-volume batch reac-
tor. If the reaction is assumed to be essentially irreversible, it is described by the overall
stoichiometry:

o+ %oz - CO, 4.51)

The rate of reaction in the presence of water is given by a power law rate expression:

-20,131

(-7c0) = 1.26 x 10%° exp( )CCOC%ZZSC%SZO mol/m3 'S (4.52)

A mixture consisting of 1% CO, 1% O,, 1% H,O, and 97% N, (mole percentages) is
placed in a constant-volume batch reactor of 0.1 m® volume at an initial pressure of 1 bar
and an initial temperature of 700 K. Calculate the time required to achieve 99% conver-
sion of the CO, and calculate the pressure and temperature in the reactor at that time.

SOLUTION

The oxidation of CO is a highly exothermic chemical reaction, and, as the reactor is
adiabatic, the energy balance will be quite important. It is thus necessary to solve both
the mole and energy balance equations. We start the solution by considering the mole
balance equation. The mole balance equation for CO can be written in terms of the con-
centration because the volume of the reactor is constant. The mole balance is

dt

-20,131

=1.26 x 10" exp( )CCOC%ZZSC%io(mol/m3 -s) (4.53)

Equation 4.53 can be simplified. First note that the number of moles of water, and
hence the concentration, is constant during the reaction, as water does not react and the
reactor volume is constant. The water concentration is given by

P\ 100,000
Ci0 = (P Y = (7) 0.01 = 0.172 mol/m? 4.54
" kRgTJO( o)y = {5 a1a700) * mol/m €59

where Y denotes the mole fraction. The primary reactant concentrations can be written
in terms of the fractional conversion of CO:
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X co

Cco = (Cco)y(1 - Xco) and Co, = (Coz) (Cco)

With these substitutions and resulting simplification, Equation 4.53 becomes

0.25

dX. -20,131 X
TCO =523 x10° exp( T )(1 - XCO)((CO2 )0 _ ;O (CCO)O) (4.55)

The initial concentrations of CO and oxygen can be easily calculated:

P\ 100,000

Ceo)y = [} (Yeo), = (7) 0.01 = 0.172 mol/m? 4.56

(Ceo)y LRgTJO( ) = 5314 x700) * mol/m (4.56)
(P - (M) _ 3 457

(Coy), = | .7 )O( 02), = 5314 x 700) X 001 = 0172 mol/m (4.57)

The mole balance equation in its final form is obtained by the substitution of Equations
4.56 and 4.57 into Equation 4.55:

0.25

dX. -20,131 X
TCO =337 x 109exp( 7 )(1 - Xco)(l - ;0) (4.58)

Having developed the mole balance, we now turn to the energy balance equation. The
energy balance for an adiabatic constant-volume batch reactor is given by Equation 4.47,
which is shown below in rearranged form, written in terms of fractional conversion:

dT _dNCO (AUz) dXCO (AUR)
S R R

We start the solution of the energy balance by assembling some of the necessary data.
The constant-pressure heat capacity for each component is a function of temperature,
as follows:

(4.59)

Cp =a+bT +cT? +dT? (4.60)

The values of the constants in the heat capacity polynomial are obtained from
Appendix 2:

Compound a b x 10% ¢ x10° d x10°
0O, 25.44 1.518 -0.7144 1.310
N, 28.85 -0.1569 0.8067 —2.868
H,0 32.19 0.1920 1.054 —-3.589
Cco 28.11 0.1672 0.5363 -2.218

CO, 2222 5.9711 —-3.495 7.457

131
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The enthalpy of reaction as a function of temperature can be computed from the
enthalpy of formation and the heat capacity data (see Chapter 2) to give

AHi = -2.796 x 10° - 18.61T + 2.522 x 107T*>

-1.225 x 10°T? + 2.255 x 10°T*]/mol 4.61)

Now, the energy balance for the constant-volume batch reactor requires the use of C,,
and AUj. Recall that the relationship between Cy, and Cj is

Cy = Cp - R, 4.62)

The table of C, data presented above can be changed to Cy, data, where

Cy =a’+bT +cT? +dT? 4.63)

Because R, = 8.314, the following values may be used:

Compound a b x10* ¢ x10° d x10°
0O, 17.13 1.518 X0.7144 1.310
N, 20.54 X0.1569 0.8067 X2.868
H,O 23.88 0.1920 1.054 X3.589
CO 19.80 0.1672 0.5363 X2.218
CO, 13.91 5.9711 ¥3.495 7.457

The values of b, ¢, and d remain unchanged. Following the methodology of Example
4.1, the following equation for AUy may be obtained:

AU = AHr - ANR,T (4.04)

For this reaction, there are 1.5 mol of reactants consumed for every mole of products
that is produced. Therefore, it follows that

AN =1-15=-05 (4.65)

which leads to

AUk = AHg +05x 8314 x T (4.06)

The internal energy change of reaction is therefore given by
AUg = -2.796 x 10° - 14.45T + 2.522 x 107°T>

-1.225 x 10~°T? + 2.255 x 10°T*J/mol 4.67)

The total heat capacity of the reactor contents changes with composition as well as
temperature. Therefore, we write
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(< \
LEN]CV]‘J = V[CNZCV,NZ + CcoCv,co + Co,Cv,0p
‘=
+ CroCv 0 + Cc02cv,c02] (4.68)

The concentrations of nitrogen (16.68 mol/m3) and water (0.172 mol/m3) remain
unchanged during the reaction. Substituting in the known values and writing in terms
of the fractional conversion of CO yields

[\ \
LE N]CV]J =0.1 [16.68CV/N2 + 0172(1 - XCO)CV/CO
7=
+0.172(1 - 05Xc0)Cv,0, + 0.172Cy 0 + 0172XcoCr,con]  (4.69)

In Equation 4.69, the values of C, are given by Equation 4.63. Now substitute the
known volume and initial concentration of CO into Equation 4.59 to obtain

‘;—f = -0.0172 dijtco (ful‘)
(2.e)

j

4.70)

Equations 4.67 and 4.69 can be substituted into Equation 4.70 to give the differential
equation that relates the temperature to time. The resulting equation must be solved
simultaneously with the mole balance, Equation 4.58, to give the fractional conversion
and reactor temperature as a function of time. The solution of this system of coupled
nonlinear ordinary differential equations is performed numerically, using the Runga—
Kutta method.

A plot of the fractional conversion of CO as a function of time is shown in Figure 4.1a.
The plot of the temperature as a function of time is shown in Figure 4.1b. The tem-
perature increases as the conversion increases, which is the expected result, because the
reaction is exothermic and the reactor is adiabatic. The fractional conversion reaches
99% after 318 s, at which point the temperature is 821 K.

The pressure inside the reactor at this point can be computed using the ideal gas law.
The final composition is required for this calculation. Following the technique used in
Chapter 3 for isothermal reactors, we first develop a stoichiometric table:

Compound  Initial Moles Final Moles
CO 0.0172 0.0172(1 = Xco)
o, 0.0172 0.0172(1 - 0.5X o)
CO, 0 0.0172 Xco

H,O 0.0172 0.0172

N, 1.668 1.668

Total 1.72 1.72(1 = 0.005X o)

Substituting for X, = 0.99, we calculate the total number of moles present to be 1.711 mol.
The volume is unchanged; therefore, the pressure in the reactor is
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FIGURE 4.1
Time dependence of (a) conversion and (b) temperature for the oxidation of CO in a constant volume batch reactor.
Because the reactor is adiabatic and the reaction is exothermic, the temperature rises as the reaction proceeds.

_ NR,T  1.711x 8.314 x 821
v 0.1

P = 116,823 Pa

The reactor pressure is 1.17 bar, compared to the initial pressure of 1 bar.

Finally, a plot of temperature versus conversion is shown in Figure 4.2. Note that this
line is almost straight, indicating that the temperature dependencies of the enthalpy
of reaction and the heat capacity are not very significant over this temperature range.

4.3.5 Energy Balance for CVBR Containing a Catalyst

The CVBR energy balance equation can be used when the reactor contains a solid catalyst.
In this case, it is necessary to consider the heat absorbed by the solid catalyst as well as that
absorbed by the reacting fluid. The term described by Equation 4.15 must be modified to
include the heat capacity of the catalyst, as follows:

. du,\ [ \dT dT
JZ( ]d7t]) = L}Z NjCVjJ dr + WCyeat m 4.71)
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FIGURE 4.2
Conversion verses temperature for the oxidation of CO. The line is almost straight, which indicates that the
temperature dependence of the heat capacity and internal energy of reaction is not significant.

The mass of catalyst is denoted W. Equation 4.71 is valid provided that the fluid and cata-
lyst temperatures are the same. This assumption is usually valid in liquid reactions but
may not be true for gas-phase reactions. The fluid heat capacity may be written using an
average value, as in Equation 4.44. Including the energy change of the catalyst in Equation
4.44 would give

AU -74)V
ar . ¢ _ (AU )(=r) @.72)
dt mthVf + WCVcat mthVf + WCVcat

In Equation 4.72, the subscript f is used to denote the fluid phase. Note that the reaction
rate in Equation 4.72 is expressed in terms of the reactor (fluid) volume. In catalytic reac-
tors, the rate may be expressed in terms of catalyst mass, and in such a case, Equation 4.72
would be written as

dl = _ q _ (AL{R'A)(_T‘A)W (4 73)
dt mffCVf + WCVcat mthVf + WCVcat ’

Case Study 4.1 at the end of Section 4.3 illustrates a batch reactor with a catalyst.

4.3.6 Multiple Reactions in a Batch Reactor

The energy balance equation can be extended to include more than one reaction. With
multiple reactions, the internal energy change of reaction for each reaction must be
included in the energy balance equation. For example, consider a reactor in which the
following two reactions occur:

A—B
4.74)
C—-D
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The rates of disappearance of A and C are given by (-r,) and (-r¢) respectively. Two mole
balance equations would have to be solved, one each for A and C:

_1dN,
VvV dt

1 dN¢
= (- d -—
(-ra) an v a

= (-1¢) 4.75)

The energy balance equation for a homogeneous reactor would be

ar _ q . v ) i
dt ( :=1N]-CVJ-) ( n N]-CV].) [( ra)(AUg,a) + ( VC)(AUR,C)]

j=1

(4.76)

The general energy balance for a reactor containing n species (including inert material)
in which m reactions occur is

% - ( . quCW) - (E:IN]-CV,-) 2(—&)@”&0 4.77)

j=1

Case Study 4.1 at the end of Section 4.3 illustrates a batch reactor with multiple
reactions.

4.3.7 Variable-Volume Batch Reactor

The variable-volume batch reactor is similar in many respects to the constant-volume reac-
tor. The difference is that the change in volume of the system owing to reaction results in
work being done on or by the surroundings. If we denote the expansion work as Wr, then
the batch reactor energy balance can be written as

du d( j:lN fuf) 4.78)
= =q-W
dt dt
The expansion work is related to changes in pressure and volume of the system
dv
Wy = P— 4.79
N @79)

The enthalpy (H = U + PV) can be introduced, and Equation 4.78 would then be written as

aH _d(PV) _dH _,dv _ dp 4V 50
dt dt dt dt dt dt
Simplifying Equation 4.80 gives the result
d(E" N,H].)
= 4.81
diH_Vd7P=#_Vd7P=q 4.81)

dt dt dt dt
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If the volume change occurs at a constant pressure, the energy balance becomes

[ & \
dL}ZNfo) y 4.82)
dt

Expanding Equation 4.82 using the chain rule gives

. dN;
N, & H SN
2 i +Z i = (4.83)

The enthalpy change of a species can be expressed in terms of the temperature using the
constant-pressure heat capacity:

dH,; dT

dai; . dT 4.84
dt T dt @8y

Therefore, write

EN, o 2 ,-cpj]‘g (4.85)

Consider, for illustration purposes, the reaction given by

A+lpCcifp (4.86)
a a a

Let the symbol I denote inert substances present in the system. The left-hand side of
Equation 4.85 is then equal to

\dr dr
2 Nj CP]J ar NACPA + NgCpg + NcCpc + NpCpp + NICPI) d (4.87)
The enthalpy change owing to the change in moles is given by
dN; dN, dNjp dNc dNp
H; H H H H
2( ! dt) Aar TP ar T ar TP (4.88)

Using the reaction stoichiometry, it is seen that the relationship between the rates of
reaction of the different reactants and products can be expressed as

dNg bdN, dNc cdN, dNp ddN,

dt a dt’ dt a dt’ dt  a dt
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Substitution of these terms into Equation 4.88 and simplification give

- dN; dN, [d c b
H-—f)=-—A “Hp+—Hc-Hy--H
JZ( Iy ar [a D+a c A p B (4.89)

The difference between the enthalpies of the products and the reactants, multiplied by
the respective stoichiometric coefficients, is the enthalpy change of reaction:

d

a

HD + £I_IC - HA - BHB = AHR,A (490)
a a

In Equation 4.90, AHy, , is the enthalpy change due to reaction per mole of A. The com-
plete energy balance equation can therefore be written as

( \dT  dN
[ 2% ar - a (AHra) =4 @91
The mole balance is
1 dN,
- = - 492
voa ~ ) @52
Substituting Equation 4.92 into Equation 4.91 gives the energy balance as
[ \dr
LEN,-CW Jar* (-ra)V (AHi ) = g (493)
e

For an adiabatic reactor, the heat transfer term, g, is zero. The mole and energy balance
equations describe the behavior of a nonisothermal variable-volume batch reactor. Note
that Equation 4.93 is similar to Equation 4.24, except that AH, , is used rather than Al ,,
and C; is used instead of C,. Forms of the energy equation for the variable-volume batch
reactor using an average C, value can be developed in the same manner as for the
constant-volume batch reactor.

Example 4.3

Consider the oxidation of carbon monoxide in an adiabatic constant-pressure batch
reactor. The reaction is described by the overall stoichiometry

CO + %Oz — CO, (4.94)

We use the same kinetics and initial conditions as Example 4.2. The only difference
will be that in this example the reactor will be maintained under constant pressure,
whereas in Example 4.2, the reactor volume was held constant. The rate of reaction in
the presence of water is given by the rate expression
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-20,131

(~1c0) = 1.26 x 10" exp( )CCOC%ZZSC%SZO(mol/m3 D) (4.95)

A mixture of 1% CO, 1% O,, 1% H,0O, and 97% N, (mole percent) is placed in a batch
reactor, with an initial volume of 0.1 m?, a pressure of 1 bar, and an initial temperature
of 700 K. Calculate the time required to achieve 99% conversion of CO, and calculate the
volume and temperature of the reactor at that time.

SOLUTION

As in Example 4.2, it is necessary to compute both the mole balance and the energy bal-
ance. The mole balance equation for CO should be written in terms of the number of
moles because the reactor volume changes. The mole balance is

0.5

_1dNeo

4.96
vV odt (9)

0.25
=1.26 x 10'° exp( ‘20'131) Neo (NOZ) (NHZO)
T v\iv %

Equation 4.96 can be simplified. First note that the moles of water are constant during
the reaction, as it is inert. The number of moles of water is given by

PV 100,000 x 0.1
R, T 8.314 x 700

Nipo = ( Y Yoo = ( ) 0.01 = 0.0172 mol 4.97)
0 0

where Y denotes the mole fraction. The moles of the reactants can be written in terms of

the fractional conversion of CO:

Xco
2

Nco = (Nco)o(l - Xco) and No, = (Noz)o - (NCO)O

With these substitutions and resulting simplification, Equation 4.96 becomes

0.25

di% - 1.65x 10° exp(%) (1- Xco)((N02)0 _ X;o (Nco)o) o7

The initial number of moles of CO and oxygen can be easily calculated:

PV 100,000 x 0.1

Neo), = [ 22 = (7) 0.01 = 0.0172 mol 498

(Neo), | R,T JO( ) = "5312x700 ) * mo (4.98)
_(PV) - (W) _ 499

(Noy), = | .7 JO(Yo2 ), 8314700 ) X 001 = 0.0172mol (4.99)

The mole balance equation is simplified using Equations 4.98 and 4.99:

0.25

dXco _ 5984 10° exp( ‘20%131) (1- XCO)(l - X;o) o (4.100)

dt
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It is now necessary to derive an expression for the reactor volume as a function of
temperature and fractional conversion. We first develop a stoichiometric table:

Compound Initial Moles Final Moles
cO 0.0172 0.0172(1 - Xco)

O, 0.0172 0.0172(1 - 0.5X o)
CO, 0 0.0172 X0

H,0 0.0172 0.0172

N, 1.668 1.668

Total 1.72 1.72 (1 - 0.005X o)

The volume is related to the pressure and temperature using the ideal gas law:

(29,2

The pressure is constant at 1 bar, the initial temperature is 700 K, and the initial
volume is 0.1 m3. The volume of the reactor is therefore given by

v oy T N _ 01T 1.72(1 - 0.005Xco)
°T, N, 700 1.72

=1.429 x 107*T(1 - 0.005Xc0)  (4.102)

Having developed the mole balance, we now turn to the energy balance equation. The
energy balance for an adiabatic constant-pressure batch reactor is given by Equation
493 with the heat transfer term set equal to zero. Shown below in rearranged form,
written in terms of fractional conversion, this equation becomes

(4.103)

dT _dNco  (AHg) - (N )dXCO (AHR)

dt dt n dt "
IR (ZNe)

As with Example 4.2, we start the solution of the energy balance by assembling some
of the necessary data. The constant-pressure heat capacity for each component is a func-
tion of temperature, as follows:

Cp =a+bT +cT? +dT? (4.104)

The values of the constants are obtained from Appendix 2:

Compound a b x 10% ¢ x 10° d x 10°
O, 25.44 1.518 —0.7144 1.310
N, 28.85 -0.1569 0.8067 —2.868
H,0 32.19 0.1920 1.054 -3.589
CcO 28.11 0.1672 0.5363 -2.218

CO, 2222 5.9711 -3.495 7.457
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The enthalpy of reaction as a function of temperature can be computed from the
enthalpy of formation and the heat capacity data (see Chapter 2) to give

AHy = -2.796 x 10° - 18.61T + 2.522 x 107°T?

-1.225 x 10T + 2.255 x 10°T*]/mol (4.105)

The total heat capacity of the reactor contents change with composition as well as
temperature. Therefore, we write

[+ \
LE NjCPjJ = [NNZCP,NZ + NcoCp,co + NOZCP,OZ +NH20CP,H20 + NCOZCP,COz] (4.106)
=

The moles of nitrogen (0.859 mol) and water (0.172 mol) remain unchanged during the
reaction. Substituting the known values and writing in terms of the fractional conver-
sion of CO yields

[\ \
LE N]CP]J = [1.668CP,N2 + 00172(1 - XCO)CP,CO
=

+0.0172(1 - 0.5Xc0)Cp 0y + 0.0172Cp j100 + 0.0172XcoCr,co2 4.107)

In Equation 4.107, the values of C, are given by Equation 4.104. Returning to Equation
4.103, substitute the known initial number of moles of CO to obtain

AT _ 17, 4Xco (AH)

w1 e

Equations 4.105 and 4.107 can be substituted into Equation 4.108 to give the differen-
tial equation that relates the temperature to time. The resulting equation must be solved
simultaneously with the mole balance, which is obtained by substituting Equation 4.102
into Equation 4.100. The solution to the two equations must be performed numerically
to give the fractional conversion and reactor temperature as a function of time. A plot
of the fractional conversion of CO as a function of time is shown in Figure 4.3a and the
temperature as a function of time is shown in Figure 4.3b. The fractional conversion
reaches 99% after 534 s, at which point the temperature is 790 K. Note that the tempera-
ture is lower than in the constant-volume reactor at 99% conversion. The lower tempera-
ture of the gas, and hence lower energy content, reflects the energy that was expended
in doing work on the surroundings.

The reactor volume at 99% conversion can be computed from Equation 4.102. Therefore,
the volume is

(4.108)

V =1.429 x 10*T(1 - 0.005Xco) = 1.429 x 10™* x 790 x (1 - 0.005 x 0.99) = 0.112 m®

The reactor volume has thus increased by about 12%.
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FIGURE 4.3
Time dependence of (a) conversion and (b) temperature for the oxidation of CO in a constant pressure batch reactor.
Because the reactor is adiabatic and the reaction is exothermic, the temperature rises as the reaction proceeds.

Case Study 4.1: Hydrogenation of Gas Oil in a Nonisothermal Batch Reactor

In this case study, the catalytic hydrogenation reactions occurring in a gas oil that con-
tains sulfur and nitrogen compounds are considered. These reactions are similar to
those considered in Case Studies 2.1 and 2.2, and the general characteristics of the oil,
kinetic expressions, and so on are the same as those used in those case studies. The rate
of reaction of molecules that contain sulfur, based on total sulfur molar concentration
expressed as S, is

(-15) = Asexp (-Es ) C&°PiS (molof S/h - gcat) (4.109)
\R,T)

The rate of reaction for the nitrogen-containing compounds is given by

E ) CnPii) (molof N /h - gcat) @.110)

(-m) = Ax exp(;{;
g
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In addition to the reactions between hydrogen and the sulfur and nitrogen com-
pounds, there are also reactions between hydrogen- and oxygen-containing com-
pounds, hydrogenation of unsaturated hydrocarbons and also some hydrocracking.
All of these latter reactions will be represented here by a single lumped expression that
correlates the rate of disappearance of compounds with a boiling point higher than
343°C. The mass of these compounds in the reactor is denoted 15,5. The rate expression
for the disappearance of these compounds is

_E343

R,T

(-7313) = Asss exp( ) [m343](g 0f 343" /h - geat) 4.111)

The concentrations in these three rate equations are

Cs = molar concentration of sulfur in liquid, mol/cm?

\Cy = molar concentration of nitrogen in liquid, mol/cm?
[13,3] = mass concentration of 343°C* material in liquid, g/cm?
13,3 = mass of 343°C* material in liquid, g

Note that the rate is based on the mass of the catalyst and not on the reactor volume.
The unit gcat in the rate equations means grams of catalyst. The values of the kinetic
parameters are

Es

8

As = 522 x 10" cm*°/(h - gcatmol® - MPa"?) =15,100K

Ex

8

Ax =121 x 107 cm®/(h - gcat - MPa'?) =12,300K

Asgs = 1.3 x 10" ecm® /h - geat % = 16,300K
8

The oil contains 4.3 wt.% sulfur (S), 0.30 wt% nitrogen (N), and 74.2 wt% 343°C*
material. The density of the oil is a function of temperature:

pr = +/1.286 - 0.0011T g/cm® @.112)

The temperature in Equation 4.112 is in K. The reactor initially contains 94.7 cm? of
oil at 20°C (293 K), which has a density of 0.982 g/cm3, calculated from Equation 4.112.
Therefore, 94.7 cm3 of oil has a mass of 92.957 g. The reactor contains 10 g of catalyst.
The hydrogen partial pressure is a constant 13.9 MPa during the reaction.

At time zero, the reactor is surrounded by an external heating jacket that is main-
tained at a constant temperature of 400°C (673 K). The heat transfer rate is expressed in
terms of the temperature difference between the reactor and the jacket:

g = UA(T. - T) (4.113)
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The product of the reactor heat transfer area, A, and the overall heat transfer coef-
ficient, U, is given as UA = 0.06 W/K, or 216 ]J/h-K. Other physical parameters are as
follows:

Heat capacity of the fluid:

Cpr = -0.5167 + 9.964 x 10°T - 8.686 x 10°T* J/g - K (4.114)

Heat capacity of the catalyst:

Cpeat = 0.90]/g - K (4.115)

Enthalpy of reaction for the sulfur compounds:

(-AHgs) = 1.0 x 10° J/mol of S converted 4.116)

Enthalpy of reaction for the nitrogen compounds:

(-AHg n) = 2.0 x 10° J/mol of N converted (4.117)

Enthalpy of reaction for the 343°C material:

(~AHpg 343) = 2.0 x 10*]/g of 343°C* converted (4.118)
g

Note that all the reactions are exothermic. It will be assumed that the enthalpies of
reaction are independent of temperature. The enthalpy change of reaction is assumed
to be equal to the change in internal energy of reaction, and C,, = C,. The temperature of
the reactor and the conversions of S, N, and 1, will be calculated as a function of time.

This case study requires that the mole and energy balance equations for a batch
reactor be solved. Note that the reactor volume (i.e., the liquid volume) changes during
the course of the reaction. The concentrations of the species thus change as the vol-
ume changes. The reaction rates, however, are expressed in terms of the catalyst mass,
which remains constant. The three mole balance equations are written by incorporat-
ing the rate equations into the general balance for a batch reactor. Because the liquid
volume changes, the balances are written in terms of the number of moles (or mass).
The equations are

1.5
_% djl\is - Ag exp(l_f;) (%) P§¥ molofS/h - gcat 4.119)
g
g
g
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The reactor volume is the liquid volume, which depends on the density.

V- my 92.957
P ~/1.286 - 0.0011T

4.122)

where 1, is the total mass of oil, which was calculated previously. Substitution of the
numerical values for the rate parameters, the catalyst mass, the hydrogen partial pres-
sure, and the liquid density gives the following three equations:

dé\i S _ _4.78 x 10" exp(ﬁ) N&°[1.286 - 0.0011T " 4.123)
% - 40 x10 exp(ﬂ) Nx+/1.286 - 0.0011T @.124)
% = 1.4 x 10" exp(@) 345+/1.286 — 0.0011T (4.125)

The initial composition of the oil is computed from the total mass and the initial
concentrations.

Sulfur = 4.3 x107 gS/goil x 92.957 g 0il =4.0 g S = 0.125 mol
Nitrogen = 0.3 x 107 g N/gN x 92.957 goil = 0.279g N = 0.020 mol

M3zy3 = 74.2 x 10_2 g m343/g oil x 92957g011 = 68974gm343

The reactor is nonisothermal; therefore, it is necessary to perform an energy balance equa-
tion. The form of the energy balance equation must account for the energy changes of the
liquid and the catalyst, and must include the effects of the three reactions. From Equations
472 and 4.77, it follows that the energy balance equation for this reactor has the form

ar  1-W zk (=1) (AUR )

— =1
G . (4.126)
( Njcw) + WCy
j=1

The heat capacity of the fluid is assumed to be independent of the composition, and
is expressed as a polynomial in temperature in terms of the catalyst mass. The rate of
heat transfer is given by Equation 4.113. Making these two substitutions, Equation 4.126
is written as

ar  UAT -T) - WY (-r)(alx,)

dr 4.127)
dt mePf + WCVcat




146 Introduction to Chemical Reactor Analysis

Finally, it is necessary to substitute for the reaction rates of the three pseudocompo-
nents. From Equations 4.123, 4.124, and 4.125, noting that

dmzys

dNS dI\]N
- = (~15)W;
(=15) dt

dt Tt

= (-m)W; -

= (-nr3)W

and incorporating Equation 4.114, Equation 4.127 is written as

dT _ UA(T. - T) + (dNs/dt)(AUgs) + (AN~/dt)(AUgx ) + (ditass /dt) (AUR,35)
dt m; (<0.5167 + 9.964 x 10°T - 8.686 x 10°T?) + WCyey

4.129)

Substituting the numbers into Equation 4.128 gives the final energy balance

dT  216(673.2 - T) + (dNs/dt)(-10%) + (dNy/d)(=2 x 10°) + (dimass/dt) (=2 x 10°)
dt 92.957 x (-0.5167 + 9.964 x 10°T - 8.686 x 10°T?) + (10)(0.9)

4.129)

Although not written out here, the reader should note that the units in Equation 4.129
are consistent. Equations 4.123 through 4.125 and 4.129 represent a coupled system
of four ordinary first-order differential equations. A numerical solution is required
using, for example, the Runga—Kutta method. The result of such a solution from time
zero to 300 min is shown in Figures 4.4 and 4.5. Figure 4.4 shows the fractional conver-
sion of the three components as a function of time, while Figure 4.5 shows the reactor
temperature as a function of time. Note from Figure 4.4 that the fractional conversion
of the sulfur components is the highest. Note also from Figure 4.5 that the reactor

1.0 :_l T T I T 1T I T 17T I T 1T I T 17T I T T |_:
B Sulfur /:;
g 08 ___. Nitrogen P A
iz C - 343+ material s ]
5} L 4 ]
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8 C / ]
e C / ]
g 04r 4 E
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o C ]
02F -
C ~ ]
0.0 Tro v b v by
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Time (min)

FIGURE 4.4
Fractional conversion as a function of time for the three pseudocomponents, sulfur, nitrogen, and 343+ material.
The sulfur has the highest fractional conversion after 300 min.
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FIGURE 4.5

Temperature as a function of time for the batch reactor of Case Study 4.1. Note that the temperature initially
increases owing to the exothermic chemical reaction and heat transfer from the surroundings. Later, the tem-
perature starts to decrease as heat is transferred to the surroundings.

temperature initially rises and then starts to fall. The temperature rises for two rea-
sons: the first reason is the exothermic reaction that releases heat, and the second is
the heat transfer from the jacket. Heat is transferred into the reactor from the jacket
as long as the reactor temperature is below the jacket temperature of 673.15 K (400°C).
However, as the reactor temperature rises above this value, the direction of heat trans-
fer is reversed, and in effect the reactor is cooled by the surrounding fluid. If the rate
of heat transfer to the jacket is greater than the rate of heat release owing to chemical
reaction, the reactor temperature falls. Note that once all the reactions are complete, the
final reactor temperature must be 673.15 K (400°C).

4.4 Plug Flow Reactor

In this section, we consider the energy balance equation for a plug flow reactor. In Chapter 3,
the mole balance for the PFR was developed, and it was seen that the concentration of the
reacting species changes as the process fluid moves along the reactor, leading to axial gra-
dients. Recall also that the plug flow assumptions state that radial mixing is complete;
therefore, there are no radial temperature gradients. Because thermal energy is either
released or absorbed during chemical reactions, the natural tendency is for the process
stream either to increase or to decrease in temperature as it moves through the reactor.
Isothermal operation in such a case can only be maintained if the rate of heat transfer with
the surroundings exactly matches the rate of evolution of thermal energy in the reaction.
In practice, this degree of control is rare, and most PFR are operated nonisothermally,
either with or without heat transfer with the surroundings. It is therefore necessary to
include the energy balance when analyzing such reactors. In the following sections, we
develop the energy balance for the steady-state PFR. Both adiabatic and nonadiabatic cases
are considered. We start by deriving the general energy balance equation, and then show
how variations of the balance are used for the different modes of reactor operation.
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4.4.1 Basic Energy Balance Equation

The energy balance equation for the PFR is simply a variation of the general balance that
was introduced in Section 4.2. The energy balance can be derived by considering an incre-
mental reactor volume, AV, as shown in Figure 4.6. The mechanisms of energy transport
include the energy associated with the fluid that flows into and out of the volume element,
the heat transfer with the surroundings and the flow work. There is seldom any mechani-
cal device (such as a mixer) located in the reactor; hence the shaft work is usually equal to
zero, and the volume element is fixed in size, so the expansion work is also zero. The accu-
mulation of internal energy in the volume element with time equals the net rate of energy
transfer, which gives the following energy balance equation:

TL: - W+ {Zguj] - [ZFJ-UJ-] oy 130)

V+AV

As seen in Section 4.2, the flow work is expressed in terms of the pressure and volume:

n F n
W, = _PEC]‘ - -2 FPV, 4.131)
= ] 7=

Substitution for the expansion work and introduction of the enthalpy (see Section 4.2)
give

% = [ZH‘H]‘)V - {ZF]H]‘] +Aq (4.132)

V+AV

In Equation 4.132, Aq is the incremental heat transfer to the surroundings in AV. At steady
state, the accumulation term equals zero. If we take the limit as AV tends to the differential
element, dV, the steady-state form of Equation 4.132 becomes a differential equation:

dq d(2j=11:fo) (4.133)
av dv

Equation 4.133 can be expanded using the chain rule to give

d
ﬁ B 2 av EH’ dv (.134)
]

> AV > TF Vi AV

FIGURE 4.6
Incremental reactor volume used to derive the energy balance for a plug flow reactor.
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The total enthalpy change therefore depends on the change in molar flow rate of each
species, as well as the change in enthalpy in each species. The change in enthalpy of a
component, dH,, can be expressed in terms of C;, the constant-pressure heat capacity.

dH; dr
dai; _ - db 4135
dav — 7av (A135)

Equation 4.134 can thus be written as

dgq
FC o
e ]2 e dV 2 e 4.136)

To develop the methodology for dealing with the change in molar flow rates of each spe-
cies, we consider the following model reaction, written in terms of 1 mol of reactant A:

A+lBsCciip 4.137)
a a a

Let I represent the inert components in the process stream. The first term on the right-
hand side of Equation 4.136 written for the model reaction is

4.138)

C dT dT
JZ FjCPjW = (FACPA + FsCpp + FcCpc + FoCpp + FICPI)W

Note that the molar flow rate of each species in Equation 4.138 changes owing to reaction
as the process stream moves through the reactor. The second term on the right-hand side
of Equation 4.136 written for the reaction of Equation 4.137 is

L dF; dF- dF,
H, +H +H +H
2 ’dv Aav T Pav T Cav TP av (+139)

The relationship among the reaction rates of the various reactants and products can be
obtained from the stoichiometry, as follows:

@_édPA' dFC CdPA' dFD ddPA

e (4.140)
dv. adV’  dV advV’' dVv adV
Substituting these values into Equation 4.139 gives
df,  dF,[d c b
H; H —Hc-Ha-—H
JZ .’dV dV D+ a C A a B (4.].41)
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The difference in enthalpy between reactants and products is the enthalpy change of
reaction

AHgr = S Ho + SHe - Hy - L Hy (4.142)
a a a

The subscript A on the enthalpy change of reaction is used to emphasize that the value
is based on 1 mol of A reacting. Therefore, Equation 4.141 becomes

dF,
EH] = (FAHRA) T 4.143)

Substituting Equation 4.143 into Equation 4.136 gives the energy balance equation for a
steady-state PFR.

dg ¥ \dT dF,
G NECH| S+ (-aH ,
e LZ deV +(-AH2) (4.144)

The steady-state mole balance equation for species A for a PFR is

df,
“qy " (-7a) (4.145)

We can substitute Equation 4.145 into Equation 4.56 to give

dg X dT
ﬁ = JZ( CP])dV (—AHR,A)(—TA) (4:].46)

Provided that the rate of heat transfer to the reactor is known, simultaneous solution of
Equations 4.145 and either 4.144 or 4.146 gives the concentration and temperature profiles
in the reactor as a function of V.

4.4.1.1 Use of Average Heat Capacity

Equation 4.146 contains the heat capacity of each species in the process stream. The chemi-
cal reaction changes the molar flow rate of each of the reactants and products; hence the
heat capacity of the process stream has a compositional dependence. In addition, the heat
capacities are generally functions of temperature. In some cases, approximate solutions are
computed using an average heat capacity value. The heat capacity may be assumed to be
independent of composition or independent of temperature, or both. As the mass flow rate
is constant in a steady-state PFR, it is common to use the mass flow rate when assuming
that the heat capacity does not change with composition. An approximate energy balance
equation can be written as

d —~ dT
dg CPW - ( AHR,A)(—TA) (414:7)
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The average heat capacity is denoted Cp. Even though the compositional dependence
may be ignored, the temperature dependence may still be included. Alternatively, the heat
capacity may also be assumed to be independent of temperature.

4.4.2 Temperature and Concentration Profiles as Function of Reactor Length

Many plug flow reactors consist of a circular vessel through which the process stream
flows. It is common in such a case to write the mole and energy balance equations in terms
of the reactor length, rather than the volume. The volume of the reactor is related to the
axial length, z, and the vessel inside diameter, D:

nD? nD?

V= z and dV = dz (4.148)

Incorporating Equation 4.148 into the mole balance, Equation 4.145, gives

2
_%\ - “f (=1a) (4.149)

Incorporating Equation 4.148 into the energy balance, Equation 4.146, gives

n

d dr D?
di] = 2 (F]CP;)E - RT(—AHR,A)(—rA) (4.150)

The simultaneous solution of Equations 4.149 and 4.150 gives the temperature and con-
centration profiles along the axial length of the reactor, provided that the rate of external
heat transfer is known.

4.4.3 Adiabatic Operation of PFR: Adiabatic Reaction Line

A PFR may be operated with or without heat transfer to the surroundings. If the reactor
does not exchange heat with the surroundings, it is called adiabatic. In such a case, the
energy change as a result of the chemical reaction must be balanced by a corresponding
temperature change of the process stream. Writing Equation 4.144 for the adiabatic case
gives

(2.~ ) dT dr,
0= lZ FC, J Gy (AR 4.151)
Elimination of the term dV in Equation 4.151 gives
[ \
lE FCp, J dT = AHg AdF, 4.152)
=

Equation 4.152 gives a relationship between the extent of reaction and the temperature
of the process stream. Note that this relationship is independent of the kinetics of the
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reaction. When C, and AHy, , are assumed to be independent of temperature and composi-
tion, Equation 4.152 can be easily integrated to give

#Cp(T = Ty) = AHg a(Fs - Fao) 4.153)
Equation 4.153 can also be expressed in terms of the fractional conversion, X,:
mCp(T = Ty) = ~AHg, aFa0Xa 4.154)

Equation 4.154 can be rearranged to give an explicit equation for reactor temperature

AHg o
A F X 4.1
11Co A0XA (4.155)

T=TO—

Equation 4.155 is an alternative energy balance equation for an adiabatic reactor. It can
be used to calculate a theoretical maximum or minimum temperature in an adiabatic reac-
tor by setting X, equal to one, to give

AHR A
[ =T, - == F 41
0 . : A0 ( 56)

P

Equation 4.156 can be used to determine potential safety hazards owing to excessive
temperature rises.

Example 4.4
Consider the oxidation of carbon monoxide in an adiabatic constant-pressure PER. The

reaction is described by the overall stoichiometry:

co+ %oz - CO, 4.157)

The rate of reaction in the presence of water is given by the rate expression

(~tco) = 1.26 x 10" exp( _20%131

) CcoCé2Cliomol/m’ - s (4.158)

A mixture consisting of 1% CO, 1% O,, 1% H,0, and 97% N, (mole percentages) is fed
to a PFR. The total volumetric flow rate of the feed is 1.00 x 10~ m3/s at 1 bar pressure
and a temperature of 700 K. Calculate the volume required for 99% conversion and the
corresponding outlet temperature.

SOLUTION

It is necessary to compute both the mole balance and the energy balance. The mole
balance equation for CO should be written in terms of the molar flow rate because the
reaction is a gas-phase reaction in which both the temperature and the number of moles
change with reaction. The mole balance is
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0.5

0.25
_dFo _ 4 56 1010 exp(ﬂ) &—O(h Fino (4.159)
dv T QlQ Q

Equation 4.159 can be simplified. First note that the moles of water are constant during
the reaction, as it does not react. The molar flow rate of water in mol/s is

100,000 x 1.0 x 107
8.314 x 700

[ PQ)
FH20= j— YH20=
I\Rg )0 (

= ) x 0.01 = 1.72 x 107 (4.160)

The molar flow rates of the reactants can be written in terms of the fractional conver-
sion of CO:

X
Feo = (Fco)o(l - Xco) and Fo, = (FOz)0 - %(FCO)O

With these substitutions and resulting simplification, Equation 4.159 becomes

0.25

dXCO = 527 x 107 exp( —20’1,—'131) (1 _ XCO)((FOZ )0 _ XCO (FCO)O) Q71.75

dv

2

The inlet molar flow rates of CO and oxygen in mol/s can be calculated as

( PQ\ (100,000 x 1.0 x 10-4) -

Foo), = | ==V (Yeo), = 01=172x10 4161
(Feo), \ gTJO( coly 8.314 x 700 <0 ) (.161)
P 100,000 x 1.0 x 107 .

(Foo), = (—ﬁ) (Yo), = ( o3 1: . 70’;) ) x001=172x10° (4162

0

The mole balance equation is simplified using Equations 4.161 and 4.162:

dXco

0.25
qv - 3.37 x 10° exp(%m) (1- XCO)(l - @) Q7 4.163)

2

The final step in developing the mole balance equation is to derive an expression
for the volumetric flow rate as a function of temperature and fractional conversion.
Following the technique used in Chapter 3 for isothermal reactors, we first develop a
stoichiometric table:

Compound  Inlet Moles Effluent Moles
CO 1.72x 10 1.72 %105 (1 - Xco)
o, 1.72x 10 1.72 1075 (1 = 0.5X o)
CO, 0 1.72x 107 Xeo

H,0 1.72x10° 1.72x10°°

N, 1.668 x 10~ 1.668 x 10~

Total 1.72x 1073 1.72 X 10-3 (1 - 0.005X o)

153
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The volumetric flow rate depends on the pressure and temperature:

)3

The pressure is constant at 1 bar, the initial temperature is 700 K, and the inlet volu-
metric flow rate is 1.0 X 10~* m3/s. The volumetric flow rate in the reactor therefore is

-3
Q= QOEFL =1.0x 10'4L1'72 x107(1 - 0:(3)05Xco)
To Fro 700 172 x10
=1.429 x 107 T(1 - 0.005Xco) (4.165)

Having developed the mole balance, we now turn to the energy balance equation.
The energy balance for an adiabatic PFR is given by Equation 4.151. Written in terms of
fractional conversion, this equation can be written as

dT _ dFCO (AHR) _ —(Fco) d-){CO (AHR)

74 0 dV n
(27

(4.166)

v~ dv "
(2 .5cs)

We start the solution of the energy balance by assembling the necessary data. The
constant-pressure heat capacity for each component is a function of temperature, as
follows:

Cp =a+bT +cT*+dT? (4.167)

The values of the constants are obtained from Appendix 2:

Compound a b x 10* ¢ X 10° d x 10°
O, 25.44 1.518 —0.7144 1.310
N, 28.85 -0.1569 0.8067 —2.868
H,O 32.19 0.1920 1.054 -3.589
CO 28.11 0.1672 0.5363 -2.218
CO, 2222 59711 -3.495 7.457

The enthalpy of reaction as a function of temperature can be computed from the
enthalpy of formation and the heat capacity data (see Chapter 2) to give

AHgz = -2.796 x 10° - 18.61T + 2.522 x 107>T?

—1.225x 10™T? + 2.255 x 10~°T*J/mol (4.168)

The total heat capacity of the process stream changes with composition as well as
with temperature. Therefore, we write

n

( \
LE FjCPj) = [FNch,Nz + FeoCp,co + For,Cr,0,Fi1,0Cp 120 + Feo,Cr,0, ] (4.169)
e
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Substituting the known values of the molar flow rates and writing in terms of the
fractional conversion of CO yields

n

( \
t 2 FCp; ) = [1.668 x 107 Cp,x; +1.72 x 107 (1 = Xco)Cp.co
<

+1.72x107°(1 - 0.5Xc0)Cp0, + 1.72 x 10°Cp 0

+1.72x 10 XcoCrcos | (4.170)

In Equation 4.170, the values of C; are given by Equation 4.167. Returning to Equation
4.166, substitute the known initial number of moles of CO to obtain

sdXco  (AHg)
dV n
(2 9)

Equations 4.168 and 4.170 can be substituted into Equation 4.171 to give the differ-
ential equation that relates the temperature to reactor volume. The resulting equation
must be solved simultaneously with the mole balance, which is obtained by substituting
Equation 4.165 into Equation 4.163. The solution to the two equations must be performed
numerically to give the fractional conversion and reactor temperature. Solution of these
equations for 99% conversion of the CO gives a required reactor volume of 0.0567 m?.
The corresponding outlet temperature is 790 K, which is the same as observed in the
constant-pressure batch reactor.

dar
A mx10 4171
av x 10 @.171)

4.4.4 External Heat Transfer to PFR

Example 4.4 illustrated the operation of an adiabatic PFR. Adiabatic operation is common
in industrial reactors and, indeed, has many advantages over the nonadiabatic case.
Generally, a reactor designed for adiabatic operation is much simpler and cheaper to build
and to operate because it requires less equipment. However, many reactions cannot be car-
ried out successfully using an adiabatic mode of operation. Many reactions have very large
heat effects associated with them. For these types of reactions, adiabatic operation would
lead to temperature extremes in the reactor. In the former case, unwanted side reactions
may occur or, in severe cases, reactor failure. In the latter case, the decrease in temperature
results in a low reaction rate, which can lead to the requirement of very large reactors. In
such cases, the reactor may be operated with heat transfer to the surroundings to control
the temperature within a specified range.

A nonadiabatic PFR exchanges heat with the surroundings. Several different designs are
used industrially. One possibility would be to impose a constant heat flux at the wall of the
reactor, which could be implemented using electrical heating. It is more common, how-
ever, to surround the reactor with a heat transfer fluid: the rate of heat transfer then
depends on the local temperature difference between the fluid in the reactor and the heat
transfer fluid. Such a reactor may be constructed in different ways but the simplest sce-
nario is illustrated in Figure 4.7. This design is very similar to a double pipe heat exchanger,
consisting of two concentric tubes with the central tube acting as the reactor and the sur-
rounding jacket containing the heat transfer fluid.
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Heat transfer fluid

Reactor
Jacket tube

FIGURE 4.7
Typical configuration for an externally heated or cooled PFR. The central tube serves as the reactor and the
jacket contains an appropriate heat transfer fluid. Many other designs are possible.

When reactors are operated in the nonadiabatic mode, the diameter of the reactor is usu-
ally relatively small so that an effective rate of heat transfer can be achieved. Use of a small
reactor diameter can lead to a requirement of very long reactor length if a large volume is
required. Rather than have a single very long tube, a common design uses multiple reactor
tubes surrounded by a large jacket containing the heat transfer fluid, resembling a shell
and tube heat exchanger. This type of arrangement is shown in Figure 4.8.

For the situation illustrated in either of Figures 4.7 or 4.8, the local rate of heat transfer is
expressed in terms of the local temperature difference between the reactor temperature
and the jacket temperature, as follows:

daa
dv

h Reactants

o,

— ]

dg _

v Uu(T. -T)

4.172)

Heat-transfer

—1—> fluid out

Heat-t'ra'nsfer >
fluid in

L

Iﬁ Products

FIGURE 4.8
Multitubular reactor used for nonadiabatic operation. The reacting mixture flows through the tubes while the
heat transfer fluid flows over the outside. The heat transfer fluid frequently undergoes a phase change.
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In Equation 4.172, the symbols have the following meanings:

U = overall heat transfer coefficient

T.. = temperature of the surrounding heat transfer fluid

T = temperature inside of the reactor

A = heat transfer area of the reactor tube upon which U is based

Typically, a PFR has a circular cross section. For a reactor of length L, the total reactor
volume and the volume of the differential element can be expressed as

nD? nD?

V= L and dV = dz (4.173)
4 4

The total heat transfer area is the inside surface area of the reactor tube. The total area
and the differential area can be written as

A =nDL and dA ==nDdz (4.174)
Therefore, the change in heat transfer area for a change in reactor volume is

dA  (aD)dz 4

dv ~ (xD?/4)dz ~ D (@.175)

Substitution of Equation 4.175 into Equation 4.172 gives

dg _4Uu

- D (T. - T) (4.176)

Equation 4.176 is the rate of heat transfer per unit volume. On substitution of Equation
4.176 into the PFR energy balance, Equation 4.146 gives

dar
%(Tw -T)= ]Z(FJCP]')dV ~ (~-AHg A )(-72) @177)

Equation 4.177 is one form of the energy balance for a PFR with external heat exchange.
It may be written explicitly in terms of the temperature gradient by rearranging to give

v DE :=1(Ficpf) E :=1(F]ij) 4.178)

Writing Equation 4.178 in terms of the reactor length by substituting Equation 4.173

(T. -T)+

dT aDU nD?
e (T = T) 4 (~AHg A ) (-7a) 4.179
& E}'ﬂ(Fijj) 4Ej=1(1:]-ij) ( )
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Use of an average heat capacity value (composition independent) gives the following
equation:

dT  aD D?
U 1), 4’;1 c. (-AHg A )(-72) (4.180)

dz Gy

Equation 4.179 or 4.180 is solved simultaneously with the mole balance equation, Equation
4.149, to obtain the temperature and concentration profiles along the reactor.

Equations 4.179 and 4.180 include the temperature of the heat transfer fluid in the reactor
jacket. One common method of reactor operation is to have a phase change occurring in
the heat transfer fluid, that is, a boiling or condensing fluid is used. In such an operating
mode, T, is constant, and the solution of the energy balance equation is made using this
constant value. Alternatively, the coolant could be a single-phase fluid and undergo a tem-
perature change as it flows through the jacket.

If the temperature of the heat transfer fluid has a changing temperature, an additional
energy balance equation must be solved for the heat transfer fluid. This energy balance is
developed in the following, where the subscript HTF is used to denote the heat transfer
fluid. Two modes of operation are possible for the reactor arrangement illustrated in Figure
4.6. In the first mode of operation, the heat transfer fluid enters the jacket at the same end
of the unit as the reactant stream enters the reactor, at coordinate z = 0. Both fluids then
flow in the same direction down the unit and leave at the position z = L, where L is the
length of the reactor. This mode of operation is called cocurrent flow. The heat transferred
to or from the heat transfer fluid over an incremental heat transfer area, dA4, is equal to the
rate of change of enthalpy of the heat transfer fluid. This equality is given by

dT. dA
=U—|T. -T 4.181
g, =Yg, (== T) (@181

()

From Equation 4.181, it may be seen that if T is greater than T, the right-hand side is a
positive number, implying that heat is transferred to the reactor. Therefore, the left-hand
side must be positive, which implies that dT../dz is negative; in other words, the tempera-
ture of the heat transfer fluid falls as it flows through the jacket, which is consistent with
heat transfer to the reactor.

The second mode of reactor operation is to have the heat transfer fluid enter the jacket at
the opposite end of the unit as the reactant stream, that is at z = L. The heat transfer fluid
therefore flows in the opposite direction to the process stream. This mode of operation is
called countercurrent flow and, in this case, the energy balance equation for the heat trans-
fer fluid is

dT. dA
=U—|T, -T 4.182
HTF dZ dZ ( ) ( )

(1iCe)

For a reactor of circular cross section, dA = nDdz; thus, Equations 4.181 and 4.182 may
respectively be written as

Cocurrent flow ddiw =- UT(CZS}SH;FT) (4.183)
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Countercurrent flow dT. _ + Unl?(Tw - T) (4.184)
dz (mC p)HTF

Note that D is the inside tube diameter. These equations are first-order ordinary differ-
ential equations and require a boundary condition. For cocurrent flow, both the reactor
fluid temperature and the heat transfer fluid temperature are known at position z =0,
that is,

T.=(T.), and T =T, atz=0

0

For countercurrent flow, the fluid inlets are at opposite ends of the reactor; therefore, the
following conditions are known:

T.=(T.), atz=L and T =T, atz=0

The countercurrent flow case is more complex from a mathematical point of view
because it is a boundary value problem, whereas the cocurrent flow case is an initial value
problem. An externally cooled PFR is illustrated in Example 4.5.

Example 4.5

Consider the oxidation of carbon monoxide in a PFR. The stoichiometry of the reac-
tion is

CO + %Oz —= CO, (4.185)

The rate of reaction in the presence of water is given by the rate expression

(~tco) = 1.26 x 10" exp(ﬂ)

CcoCoPClgomol/m? - s (4.186)

A mixture consisting of 1% CO, 1% O,, 1% H,0, and 97% N, (mole percentages) is fed
to a PFR. The volumetric feed flow rate is 1.00 x 10~ m3/s at a pressure of 1 bar and a
temperature of 700 K. The reactor has an internal diameter of 0.25 m and a length of
1.0 m. Perform the following calculations:

a. Plot the axial temperature and concentration profiles for adiabatic operation.

b. Plot the axial temperature and concentration profiles when the reactor is exter-
nally cooled by a constant-temperature fluid at 600 K. Compare the outlet tem-
perature and convert to that achieved for adiabatic operation. The heat transfer
coefficient is

U =0.005W/m?-K

c. Plot the axial temperature and concentration profiles for the cocurrent flow
case where
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U =0005W/m?*-K and (mCp), . =0025W/K

HTF

and the inlet temperature of the heat transfer fluid is 600 K.

d. Plot the axial temperature and concentration profiles for the countercurrent
flow case where the inlet temperature of the heat transfer fluid is 600 K. The
other conditions are as in part (c).

SOLUTION

It is necessary to express both the mole balance and the energy balance in terms of the
reactor length. The chemical reaction and the inlet conditions to the reactor are the same
as those for Example 4.4; therefore, we take the following information from the solution
of that example. The mole balance equation in terms of reactor volume for the given
reactor conditions is

dv

0.25
= 3.37 x 10° exp( ‘20%131) (1- Xco)(l - X—EO) Q'” (4.187)

Equation 4.187 can be written in terms of the axial position: Equation 4.173 gives the
relationship between volume and length for a circular reactor:

2
025" 4. _ 491 x102dz (4.188)

2
dv = %dz =

Substituting Equation 4.188 into Equation 4.187 and rearranging give

X 0.25
1- XCO)(l - £) Q7 (4.189)
z

= 1.65 x 10° exp(ﬂ)(
T 2

The volumetric flow rate inside the reactor for this inlet was calculated in Example
4.4 to be

Q =1.429 x 107 T(1 - 0.005Xc0) (4.190)

The constant-pressure heat capacity for each component is a function of temperature,
as follows:

Cp = a+bT +cT? +dT? @.191)

The values of the constants are obtained from Appendix 2:

Compound a b x 102 c X 10° d x 10°
O, 25.44 1.518 —0.7144 1.310
N, 28.85 -0.1569 0.8067 —-2.868
H,0 32.19 0.1920 1.054 -3.589
cO 28.11 0.1672 0.5363 -2.218

CO, 22.22 5.9711 —-3.495 7.457
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From Example 4.4, the enthalpy of reaction as a function of temperature is

AHy = -2.796 x 10° - 18.61T + 2.522 x 107°T?

~1.225 x 10°T? + 2.255 x 10°T*J/mol 4.192)

The total heat capacity of the reactor contents changes with composition as well as
with temperature. From Example 4.4, we have

n

( \
LE FCp, J = [1.668 x 10" Cpn, +1.72 x 10°(1 - Xco)Cr co
<
+1.72x 107 (1 = 0.5Xc0)Cp,0, + 1.72 x 10°Cp 110

+1.72 107 XcoCrco, | (4.193)

In Equation 4.193, the values of C; are given by Equation 4.191. We now develop the
energy balance equation for each part of the problem.

Part (a)

From Example 4.4, the energy balance for the adiabatic reactor with the given inlet flow
rate is

j—‘T/ =-172x107° d;{‘(;o (nAHR) (4.194)
2 (Fer)
Equation 4.194 written in terms of the axial reactor coordinate is
AT _ 1 75 ¢ 105 3Xco (AH) (4.195)

dz dz E;(F,.cpj)

The temperature and fractional conversion as a function of the axial coordinate can
now be determined by the simultaneous numerical solution of Equations 4.189 and
4.195, using the auxiliary Equations 4.190 through 4.193. Figure 4.9 shows the plot of the
fractional conversion and temperature thus obtained, as a function of the axial coor-
dinate. From the solution, the outlet fractional conversion of CO is 0.954 and the outlet
temperature is 787 K.

Part (b)
Part (b) requires the solution of a PFR energy balance with heat exchange to a fluid that

is maintained at a constant temperature. The energy balance for a cooled tubular PFR
with a circular cross section has the form given by Equation 4.179:

dT xDU

dz - E;:](chpj)

(T -T)+ ~AHg 2 )(~1a) (4.196)

J'IZD2 (
+3 . (hcn)
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Axial conversion (a) and temperature (b) profiles for the PFR of Example 4.5. The solid line represents the adia-
batic reactor case and the dashed line shows an externally cooled reactor with a constant-temperature heat

transfer fluid.

Equation 4.149 can be substituted into Equation 4.196 to obtain
dT  aDU dXco  (AHg)

S () =3 ()

Substitute the inlet molar flow rate of CO, reactor diameter, heat transfer coefficient,
and temperature of the heat transfer fluid. The final energy balance is

(T. - T) - (Feo), (4.197)

dT 393 x107°

dz E ;’Zl(chPj)

The numerical solution of the mole and energy balance equations is performed as
in Part (a), except that the energy balance is now given by Equation 4.198. The axial

5 dXco (AHR)

=3 )

(600 - T)-1.72x 10 (4.198)
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conversion and temperature profiles are shown in Figure 4.9 for direct comparison to
the adiabatic case. For Part (b), the outlet fractional conversion is calculated to be 0.868
and the outlet temperature is 770 K.

In this case of the cooled reactor, the outlet temperature and conversion are both
lower than for the adiabatic case, which is what might be expected.

Part ()

In Part (c), the heat transfer fluid undergoes a temperature change as it flows through
the jacket. It is therefore necessary to add an energy balance equation for the heat trans-
fer fluid. The energy balance for the reactor remains unchanged, and is given by

dT  393x10° 0 4Xco (AHR)

= (o) =3 (R

For cocurrent flow, the energy balance for the heat transfer fluid is given by Equation 4.183

(T. -T)-172x1 (4.199)

dT.  UaD(T.-T)

.o (4.200)
dz (me )HTF
Substitution of the numerical values gives
dT.
= = -0157(T.. - T (4.201)
& (T -T)

The initial condition for Equation 4.201 is

T. =600 atz=0

The simultaneous solution of the three differential equations, Equations 4.189, 4.199,
and 4.201, gives the temperature and conversion profiles along the reactor. These plots
are illustrated in Figure 4.10. The outlet fractional conversion of CO is calculated to be
0.873 and the outlet temperature is 771 K. The outlet temperature of the heat transfer
fluid is 619 K.

The reactor temperature exhibits a similar type of profile as in Part (b). Note that the
coolant temperature increases in a fairly regular manner from an inlet temperature of
600 K to the outlet temperature of 619 K. The outlet conversion is higher than for Part (b)
because the reactor outlet temperature is higher. This is a consequence of the increasing
temperature of the heat transfer fluid.

Part (d)

The solution to Part (d) is the same as the solution to Part (c) except that the energy
balance equation for the heat transfer fluid is

dT.
z

= +0.157(T. - T) (4.202)

The boundary condition for Equation 4.202 is

T. =600 atz=L
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Axial conversion (a) and temperature (b) profiles for the PFR of Example 4.5, Part (c). Both the reactor tempera-
ture and the coolant temperature exhibit a steady rise. The reactor fluid and the coolant flow in the same

direction.

The simultaneous solution of Equations 4.189, 4.199, and 4.202 gives the axial tem-
perature and conversion profiles. The solution is illustrated in Figure 4.11. The outlet
fractional conversion of CO is calculated to be 0.881 and the outlet temperature is 772 K.
The outlet temperature of the heat transfer fluid is 619 K, which is essentially the same
value observed for the cocurrent flow case.

It is interesting to note that the temperature profile of the process stream for the coun-
tercurrent flow case is similar to the cocurrent flow case. This result is by no means
universal, and, in other situations, dramatically different results might be obtained by
changing the direction of flow of the heat transfer fluid. It is usually necessary to solve
the mole and energy balance equations for the different scenarios to determine which

flow pattern gives the optimal solution.

4.4.5 Multiple Reactions in PFR

The energy balance equation for the PFR is easily extended to account for the presence of
more than one reaction. In the multiple reaction case, the enthalpy change of reaction for
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Axial conversion (a) and temperature (b) profiles for the PFR of Example 4.5, Part (d). Both the reactor tempera-
ture and the coolant temperature exhibit a steady increase. Note that the coolant flows in the direction opposite
to the fluid in the reactor.

each reaction must be included in the energy balance equation. A mole or mass balance
equation must be written for each independent reaction. For example, consider a reactor in
which the following two reactions occur:

A—B
(4.203)
C—>D

The rates of disappearance of A and C are given by (-+,) and (-r), respectively. Two mole
balance equations must be solved, one each for A and C:

dF, dr,
_de= (-ry) and -d—‘; = (=1¢) (4.204)
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The energy balance equation for a PFR must include the enthalpy changes owing to both
reactions. For example, taking the general PFR energy balance, Equation 4.146, we obtain

cc111q/ ]2( Cf’f)ij/ [(=AHg)(=72) + (~AHc )(-7c)] (4.205)

The general energy balance for a reactor containing n species (including inert material)
in which m reactions occur is

d n m
ﬁ - ]2( cp])j‘T/ Z(-AHR,k)(-rk) (4.206)

For a tubular PFR of circular cross section that is surrounded by a heat transfer fluid, the
energy balance for the multiple reaction case may be written in terms of the axial coordi-
nate as

m

dT xDU

dr o aDU oy D NYCaH)(on) 4.207
& E j=1(FjCPj) 42 ]_=1(F]-ij) Z ( )

The energy balance equation is coupled to each of the mole balance equations because
each mole balance equation includes the temperature. See Case Study 4.2 for an illustration
of an externally cooled PFR in which multiple reactions occur.

Case Study 4.2: Hydrogenation of Gas Oil in a Nonisothermal PFR

In this case study, we return to the catalytic desulfurization (HDS) and denitrogena-
tion (HDN) reactions in an oil. We consider a nonisothermal PFR with external heat
transfer. The properties of the oil, kinetic expressions, and so on are the same as those
used in Case Study 4.1. The rate of reaction of sulfur molecules, based on total sulfur
concentration expressed as S, is

(rs)—Asexp( S)c_éﬁ S molofS/h - gcat (4.208)
8

The rate expression for the nitrogen-containing compounds is

(-mw) = An exp( ) CnPi molof N/h - geat (4.209)

8

As in Case Study 4.1, the other reactions (hydrogenation, deoxygenation) that occur
are represented by a single lumped expression that is expressed as the rate of disap-
pearance of compounds with a boiling point higher than 343°C. The mass flow rate of
these compounds is denoted ri1353 and the rate expression for their disappearance is
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R,T

_E .
(-7343) = Asss eXp( 343) [mz43] gof 3437/h - gcat (4.210)

The concentrations in these three rate equations are

Cs = molar concentration of sulfur in liquid

Cx = molar concentration of nitrogen in liquid

[m345] = mass concentration of 343°C* material in liquid
tit33 = mass flow rate of 343°C* materialinliquid

Note that the rate of reaction for each of the three species is based on the mass of
the catalyst, and not on the reactor volume. The unit gcat in the rate equations means
grams of catalyst. The values of the kinetic parameters are

As = 522 x 10" cm*®/(h - gcatmol®® - MPa®®), % =15,100K

8

En _ 12,300 K
R

8

Ax =121 x 10" cm’/(h - gcat - MPa'?),

Az = 1.3 x 10" em®/h - gcat, % = 16,300 K

8

The reactor feed contains 4.3 wt.% sulfur (S), 0.30 wt.% nitrogen (N), and 74.2 wt.%
343°C* material. The oil density depends on temperature according to the relation

pr = ~/1.286 - 0.0011T g/cm’ @.211)

The temperature in Equation 4.211 is expressed in kelvin.

The oil is treated in a tubular plug flow reactor having an internal diameter of 2.50 cm
and a length of 17.0 cm. The reactor contains 100 g of catalyst. The oil feed stream has a
temperature 400°C (673.15 K) and a flow rate of 15.0 g/min. The hydrogen partial pres-
sure is constant at 13.9 MPa throughout the reactor.

The reactor is surrounded by a heat transfer fluid that is maintained at a constant
temperature of 400°C (673.15 K). The overall heat transfer coefficient based on the inside
reactor area is 5 x 10 W/cm? - K. The following information is available:

Heat capacity of the fluid:

Cp = —0.5167 + 9.964 x 10°T - 8.686 x 10°T? J/g - K 4.212)

Enthalpy of reaction for the sulfur compounds:

(-AHgs) = 1.0 x 10° J/mol of S converted (4.213)
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Enthalpy of reaction for the nitrogen compounds:
(=AHg n) = 2.0 x 10° J/mol of N converted (4.214)
Enthalpy of reaction for the 343°C* material:
(=AHg 353) = 2.0 x 10% J/g of 343°C* converted (4.215)

Note that all of the reactions are exothermic. It shall be assumed that all of the enthal-
pies of reaction are independent of temperature.

This case study requires that we solve the mole and energy balance equations for
a PFR. The liquid density changes during the reaction, giving a change in the volu-
metric flow rate. The concentrations of the species thus change as the fluid density
changes. The reaction rates, however, are expressed in terms of the catalyst mass,
which remains constant. The three species balance equations are written by incor-
porating the rate equations into the general balance for a PFR. Because the liquid
density changes, the balances are written in terms of the molar (or mass) flow rates.
It is also necessary to convert the reaction rate per unit mass to a rate per volume.
The starting point is the generic mole balance, written using the reactor length,
Equation 4.149:

2
_% _ ”’j EN 4.216)

Equation 4.216 is valid when the reaction rate is expressed in terms of the total reac-
tor volume. When the reaction rate is expressed in terms of the catalyst mass, it is
necessary to add the density of the catalyst bed, ¥,.4, to the equation; thus

dF, =D’ nD* W
_ - 1) = — (- 4.217
dz 4 pbed( T’A) 4 V( T’A) ( )

In Equation 4.217, W is the mass of catalyst in the reactor and V is the total reactor
volume. Following the generic form represented by Equation 4.217, the mole/mass bal-
ance equations for this reactor may be written as

2
d _ _aD'W exp/ Es\(F Y 4.218)
z 4V \®,7)\Q
diy aD* W [ -Ex) K

R 4.219
dz 4 v NP RT) Q" ¢219)

drh343 _ J'ED2 E
dz 4

(4.220)
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The density of the fluid, and hence the volumetric flow rate, is a function of the
temperature. The volumetric flow rate at any point, Q, can be related to the volumetric
flow rate at the inlet, Q,, using the density, that is

Q- QO%O @.221)

The mass flow rate in the reactor, which is equal to the product of the density and
the volumetric flow rate, is a constant 15 g/min. It therefore follows that the volumetric
flow rate at any point in the reactor is

3 3
) cn.1 _ 900 cm 4222)
p. min  +/1.286 - 0.0011T h
The volume of the 17.0 cm long reactor is computed from
2 2
V= “f L="2170 - 8345cm’ (4.223)

Substitution of the numerical values of the rate parameters, the catalyst mass, reactor
volume, the hydrogen partial pressure, the liquid density, and so on gives the follow-
ing three equations (ensuring that the units are consistent):

a5 _ 935 10° exp(

-15,100
T

¥ )FS” [1.286 - 0.0011T " mol/h-cm  (4.224)
z

‘gﬂ = 242 x10° exp(@) Fuv/1.286 - 0.0011T mol/h-cm  (4.225)
z

% = -8.51 x 10° exp( ’16%300) 1i13457/1.286 — 0.0011T g/h-cm  (4.226)
V4

Note that the molar flow rates of S and N have units of mol/h, and the mass flow rate
of the 343°C* material has units of g/h. The reactor length is expressed in cm. To solve
these three equations, it is necessary to know the flow rates of the three components
at the reactor inlet. This calculation uses the inlet mass flow rate, the composition, and
the molar mass of the components:

Sulfur = 15g/min x 4.3 x 102 g S/g oil x émol/g = 0.0202mol S/min

=1.21mol S/h

Nitrogen = 15g/min x 0.3 x 102 ¢g N/g oil x imol/ = 0.00321mol N/min
g g gN/g 14 g

= 0.193mol N/h
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fits = 15g/min x 74.2 x 107 g 343%/g oil = 11.13g 343"/min = 667.8g 343*/h

Because the reactor is nonisothermal, it is necessary to solve an energy balance equa-
tion. Equation 4.207 describes the temperature change as a function of distance for a
circular externally cooled reactor in which multiple reactions occur:

m

dT xDU

. (T.-T)+ fi (~AH)(-1) 4227
dz Ejzl(pjcpj) 4Ej:1(5cpj) Z (4.227)

The heat capacity of the fluid is assumed to be independent of the composition, and
is expressed as a polynomial in temperature. Furthermore, the reaction rate is given
in terms of the catalyst mass which must be included. With these two adjustments,
Equation 4.227 is written in terms of the total mass flow rate:

m

2
df_ aDU (. _ gy, 2D Z ~AHg,)(-n.) (4.228)

dZ mef 4mef

Finally, it is necessary to substitute for the reaction rates of the three components.
The reaction rates of the species are

_dE _ aD*W W, _dﬁ_nD y( ) _dmm_nDzy(_r)
dz 4V dz N dz 4 v F

Substitution of these quantities into Equation 4.228 gives

daT J’EDU(T —T)
dz — mCp ~
1 [dE _ dFy dritzy; _
~ 1iCyy dz( AHggs) + dz — P (-AH ) + & =% (-AHg 51) (4.229)

Substitution of the known numerical values, ensuring that the units are consistent,
gives the final energy balance equation

dr_ 0.1571 (673.15-T)

dz Cpf
L [dfs —5(111.11) + dhy (222 22) + itz (0.222) (4.230)
Cpf dz

The units of Equation 4.230 are K/cm. Simultaneous numerical solution of Equations
4.224 through 4.226 and 4.230 gives the temperature and concentration profiles as a
function of length. Figure 4.12a shows the fractional conversion of the three compo-
nents, while Figure 4.12b shows the temperature profile. Sulfur is the most reactive
component which is consistent with previous case studies on these reactions. The
reactor temperature rises initially as the rate of heat release is greater than the rate of
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FIGURE 4.12
Axial conversion (a) and temperature (b) profiles for the PFR of Case Study 4.2. The reactor temperature initially
rises and then falls, typical of cooled PFR with an exothermic reaction.

heat transfer to the coolant. As the concentration of the reactants falls, the rate slows
and the rate of heat transfer exceeds the rate of heat release. The reactor temperature
then starts to fall.

4.4.6 Parametric Sensitivity of PFR

The parametric sensitivity of a reactor refers to its response to changes in process condi-
tions, for example, a change in inlet feed conditions (flow rate, temperature, reactant con-
centration, etc.) or a change in the rate of external heat transfer. The parametric sensitivity
of a reactor is an important part of safety analysis. In general, a small change in a process
variable should not lead to large changes in temperature at any point in the reactor.
Detailed analysis of parametric sensitivity is beyond the scope of this book; however, a
typical problem is illustrated in Case Study 4.3. See Lee (1985) or Westerterp (1984) for
additional details.
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Case Study 4.3: Parametric Sensitivity of a Cooled Plug Flow Reactor

This case study examines the sensitivity of the plug flow reactor used in Case Study
4.2. Two of the process variables will be changed to determine their effect on reactor
operation. In Part (a), the effect of changing the value of the heat transfer coefficient
is investigated. In Part (b), the effect of a changing enthalpy of reaction for the 343°C*
material is investigated. Note that in both cases the mole or mass balance equations
for the reactor remain unchanged from Case Study 4.2, and are given by Equations
4.224 through 4.226. The energy balance will, however, change as we alter the values
of the overall heat transfer coefficient, U, or the enthalpy of reaction of the 343°C*
material (~AHj, 343).

PART (A): SENSITIVITY OF THE REACTOR TO CHANGES IN THE HEAT TRANSFER COEFFICIENT

In this part of the case study, we examine the effect of changing the overall heat trans-
fer coefficient, U. All other conditions are the same as those used in Case Study 4.2.
The energy balance equation for the conditions of Case Study 4.2 is given by Equation
4.230. Rearranging this equation slightly so that the value of U is left as a variable gives

dT _ 31.42U (673.15 - T)
dz Cpf
1 [dE dFy dmizs
-5 (111a1) + N (222, 222 4.231
Co | dz (111.11) + & (222.22) + (0.222) (4.231)

Note that the units on U in Equation 4.231 are W/cm?K. The axial temperature profile
can be obtained by solving the four differential equations, as done in Case Study 4.1.
This profile is obtained for the following values of U:

0.0 (adiabatic reactor), 2.5 x 10-3, 5 x 10 (Case Study 4.2), 1 x 102, 5 x 102

The axial temperature profiles resulting from the different values of U are illustrated
in Figure 4.13. It can be seen that the axial temperature profile is not extremely sensi-
tive to changes in the value of the heat transfer coefficient. The worst-case scenario,
from a plant operating standpoint, would be a failure of the cooling system, which
would result in the reactor operation becoming adiabatic. The maximum reactor tem-
perature can thus be obtained from the profile where U is equal to zero. Note that as
the heat transfer coefficient increases, the reactor temperature profile becomes flatter.
In the limit as the heat transfer coefficient tends to infinity, the reactor temperature
becomes constant at 673.15 K. In other words, the reactor behaves like an isother-
mal reactor. This result occurs because the inlet reactor temperature is the same as
the coolant temperature. If the reactor inlet temperature is not equal to the coolant
temperature, the reactor will always exhibit a temperature change regardless of the
value of UL

PART (B): SENSITIVITY OF THE REACTOR TO CHANGES IN ENTHALPY OF REACTION

In Part (b), we examine the scenario of an increase in the enthalpy of reaction of the
343°C* material, (-AHp 3,5). This increase requires that the feed composition change.
We shall assume, however, that all of the other properties remain the same as in case
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FIGURE 4.13
Axial temperature profile at different values of the heat transfer coefficient. The maximum reactor temperature
occurs when the heat transfer coefficient is zero, which corresponds to adiabatic operation.

study 4.2. The energy balance equation for the conditions of Case Study 4.2 is given by
Equation 4.230. Rearranging this equation slightly so that the value of (-AH, 3,5) is left
as a variable gives

dr 01571
al _ 7315 T
" G (673.15-T)
- LB 111y 4 9B (000 0) 4 I (-AHks0) (4.232)
Cp | dz dz dz 900

The axial temperature profile can be obtained by solving the four differential equa-
tions (three mole balances and the energy balance), as done in Case Study 4.2. This
profile is shown in Figure 4.14 for the following values of (-AHj, 343):

200 (Case Study 4.2), 300, 500, and 600 J/g - K

The temperature profile shown in Figure 4.14 exhibits a large peak as the value of
(-AHp 343) increases. At a value of (-AHp 343) = 600 J/g - K, a large spike is observed. This
type of rapid temperature rise is usually considered undesirable, and attempts should
be made to design the reactor system to avoid such a phenomenon. It is also instruc-
tive to examine the fractional conversion of the reactants as a function of axial distance
for the case of (-AHj 343) =600 J/g - K. This plot is shown in Figure 4.15. It is seen that
the spike in the temperature profile corresponds to a very rapid increase in the frac-
tional conversion: in fact the temperature only starts to decrease after all of the reac-
tants have been consumed. Although 100% conversion of the reactants is desirable, this
rapid acceleration of reaction rate may cause excessive reactor temperatures, leading to
harmful side effects.
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FIGURE 4.14

Axial temperature profile at different values of the enthalpy of reaction. The numbers next to each curve are the
values of (-~AHp 343). Note the large spike in the temperature profile that occurs when the enthalpy of reaction is
large. In this situation, the temperature in the reactor is limited by conversion of the reactants.
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FIGURE 4.15
Axial conversion profile when (-AHp 343) = 600 J/g. The conversion of all three components rapidly increases to
a value of one as the temperature rises. This type of reactor operation is usually considered to be undesirable.

4.4.7 Equilibrium Effects in PFR

It was observed at the beginning of this chapter that the composition of a reacting mixture
at equilibrium is affected by the temperature. For reactions in which the conversion is
limited by equilibrium, it is necessary to pay close attention to the coupling between the
heat that is released or absorbed by the chemical reaction, the reaction rate, and the equi-
librium composition. We recall here that increasing the temperature generally increases
the reaction rate, owing to the exponential temperature dependence of the rate constants.
As a higher reaction rate usually leads to a smaller reactor volume, it is usually desirable
to operate at as high a temperature as possible, provided that unwanted side reactions do
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not occur or the reactor does not fail. For equilibrium limited reactions, however, it is also
necessary to consider the effect of temperature on the equilibrium constant. We consider
two cases, endothermic and exothermic reactions.

4.4.7.1 Equilibrium Effects in Endothermic Reactions

The temperature dependence of the equilibrium constant is given by the van't Hoff equation:

d(InK)  AH

-— 4233
aT  R,T? (4:233)

The value of AHg is positive for an endothermic reaction, and therefore an increase in the
temperature leads to an increase in the value of K. Higher values of K in turn imply that
the equilibrium yield is higher, and therefore an endothermic reaction should be carried
out at as high a temperature as possible to maximize the yield. As a high temperature also
increases the reaction rate, it is evident that high temperatures are desirable both to maxi-
mize rate and conversion in endothermic reactions, and higher temperatures will lead to
smaller reactors.

4.4.7.2 Equilibrium Effects in Exothermic Reactions

In an exothermic reaction, the value of []Hx is negative. Therefore, an increase in the tem-
perature decreases the value of K, with a concomitant decrease in the equilibrium yield. A
conflict arises between the need for a high temperature to maximize the reaction rate, and
a low temperature to maximize the yield.

Figure 4.16 shows a typical equilibrium composition line that might be obtained for an
exothermic reaction. The line has a fractional conversion near one at low temperature but

1.0+
—\Xl
- Equilibrium line
8]
&
(4
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% Isothermal X, T,
= reaction line
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Adiabatic
reaction line
0
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Temperature —>

FIGURE 4.16

The equilibrium line shows the relationship between the temperature and fractional conversion at equilibrium
for a specified starting composition. The adiabatic reaction line shows the maximum conversion that can be
obtained for adiabatic operation for a given inlet temperature. The isothermal reaction line shows the best con-
version for isothermal operation.



176 Introduction to Chemical Reactor Analysis

the conversion decreases as the temperature increases. Now consider the performance of
two types of reactor, the adiabatic reactor and the isothermal reactor. For a given set of
operating conditions, the adiabatic reaction line governs the relationship between the tem-
perature and the fractional conversion. Assuming constant [JHz and C,, Equation 4.155
gives

AHg
T =T -~ 22 FoX
0= & FaoXa (4.234)

P

A typical adiabatic reaction line is shown in Figure 4.16 for an arbitrary value of T;. In the
reactor, both the temperature and the fractional conversion will increase along this line
until the equilibrium line is encountered at X, and T,. At this point, the rate is zero, and the
temperature and composition of the process stream remain constant for any additional
reactor volume.

If the same reactor was operated isothermally, the vertical operating line shown in
Figure 4.16 would be obtained. As the temperature is constant, the fractional conversion
finally attained, equal to X, is higher than that achieved in the adiabatic reactor.

Isothermal operation may not be practical, and does not result in a minimum reactor
volume. It is possible to determine an optimal temperature progression along the reactor
so as to maximize the conversion for the minimum possible reactor volume. Consider the
diagram shown in Figure 4.17. This diagram shows lines of constant reaction rate corre-
sponding to set values of temperature and conversion. Each solid line represents a locus of
the set of temperature and fractional conversion that give a specified value of the rate. The
top line corresponds to a rate of zero; in other words, the equilibrium line. We have already
seen that the equilibrium conversion drops as the temperature rises. As we move from the
top to the bottom of the figure, the value of the reaction rate increases. Note, however, that
as the value of the reaction rate increases, the maximum conversion achievable at that rate
decreases. This observation suggests a route for minimizing the reactor volume. One could
start the reaction ata high temperature to take advantage of the high rate at that temperature,

Equilibrium line
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FIGURE 4.17

Each solid line in this diagram represents a constant value of reaction rate. The top line is the equilibrium line,
where the rate is equal to zero. At higher temperatures, the maximum fractional conversion that can be achieved
at any rate drops. The dashed line shows a method of reactor operation that would achieve a minimum total
reactor volume.
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and then progressively lower the temperature to increase the equilibrium yield. Although
the details are beyond the scope of this text, it is possible to determine an optimal tempera-
ture profile that will achieve a desired conversion for a minimum reactor volume. The
dashed line in Figure 4.17 illustrates the type of temperature and conversion pathway that
must be followed to achieve this optimal design. This reactor design would require a com-
plex cooling pattern along the reactor length, which might not be practical.

4.4.7.3 Multibed Adiabatic Reactors for Equilibrium Limited Reactions

As it may be either difficult or complicated to achieve an optimal temperature profile
within a reactor, other designs are often used in practice. For relatively fast reactions that
are equilibrium limited, the adiabatic reactor is commonly used in industry. As seen above,
the adiabatic reactor experiences a temperature rise that limits the conversion. Therefore,
in applications where very high conversions are desired, it is common to use multiple reac-
tors in series, with cooling between each reactor.

Consider, for example, an exothermic reaction that occurs in a series of adiabatic fixed
bed catalytic reactors. The operating path would be similar to the one shown in Figure 4.18.
This plot shows the equilibrium line as a function of temperature and conversion. For
adiabatic operation, the temperature and conversion in the first reactor follow the adiabatic
reaction line denoted Bed 1. When the fraction conversion reaches a value of X;, which is
approaching the equilibrium line, the process stream is cooled by passing it through a heat
exchanger. As this is a catalytic reaction, no further conversion occurs in this stage, as
shown by the flat line. When the process stream is cooled by a predetermined amount, the
stream enters reactor number two, in which it undergoes a further adiabatic reaction until
the conversion is X,. The stream is cooled as before, then fed into the last bed, in which the
conversion is brought to X;. Using this strategy, a high level of conversion can be achieved
using adiabatic reactors. A diagram of the reactor that corresponds to Figure 4.18 is given

Fractional conversion

Bed 1

Ty
Temperature —»

FIGURE 4.18

Multiple adiabatic reactors in series can be used to achieve a high level of conversion without cooling the reac-
tor. Each bed is run adiabatically until the equilibrium line is approached. At this point, the process stream is
cooled prior to entry to the next bed. The number of beds and the extent of reaction in each bed depend on the
reaction and a variety of cost factors.
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FIGURE 4.19

Multiple bed adiabatic catalytic reactor with interstage cooling. This type of design is often used for achieving
high conversions in exothermic reactions where the equilibrium tends to limit the reaction yield. A classic
industrial application of this design is the oxidation of sulfur dioxide to sulfur trioxide.

in Figure 4.19. The exact number of beds and the degree of cooling between the beds
depends on the reaction involved and operating and capital costs. The design of such a
system is a complex optimization problem that is beyond the scope of this text.

The most classic application of the multibed adiabatic fixed bed reactor is the oxidation
of sulfur dioxide, an equilibrium limited reversible reaction

This reaction is used to make sulfur trioxide, which, when added to water, makes sulfu-
ric acid. Very high yields are desired (in excess of 99%), but the reaction is highly exother-
mic and equilibrium limited. As a result the multibed approach has been adopted, with
typical industrial units having three or four beds. A detailed treatment of the optimization
of a sulfur dioxide reactor is given in Froment et al. (2011), and is also discussed in Thomas
and Thomas (1967) and Lee (1985), among others.

4.5 Continuous Stirred Tank Reactor

We now consider the energy balance for a CSTR. In contrast to the PFR, where a spatial
variation in temperature is observed, in a CSTR, the perfect mixing assumption means
that the temperature is uniform at every point inside the reactor. Therefore, just as the
concentration in the effluent stream is equal to the concentration in the reactor, the tem-
perature of the fluid in the reactor is equal to the temperature of the effluent stream. The
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energy balance is again derived from the general energy balance, Equation 4.11. If we
ignore the shaft work done by the mixing impeller, but retain the expansion work owing
to a volume change, the general energy balance equation, Equation 4.11, written for a
CSTRis

n n

2 FH;| - 2 FH;
J= J=

We shall now use Equation 4.236 to examine various operating modes for the CSTR,
starting with the steady-state case, then moving to the transient case.

d7u=q—WE+

4 (4.236)

in out

4.5.1 Steady-State CSTR: Basic Energy Balance

We start by considering the steady-state reactor because it is the easiest system to analyze.
When the reactor is operating at steady state, the transient term in Equation 4.236 is equal
to zero, and the energy balance equation is written as

n

2 FH;
&

Equation 4.237 states that the enthalpy difference between the inlet and outlet streams
depends on the change in molar flow rate of each species in the stream and the change in
enthalpy of each species. To quantify these changes, we consider the same generic reaction
that was used for the development of the energy balance equation for the batch reactor and
the PFR, that is

g+ =0 (4.237)

in out

b

A+PB Sy ip (4.238)
a a a

The energy balance is performed with respect to all of the species in the reactor includ-
ing inert species (such as nonreacting solvents). The inert material is denoted with the
symbol I. Consider the change in enthalpy between the inlet and outlet streams. This
change may be written in terms of the enthalpies of each of the components present in the
stream, as follows:

n

2 FH;
£

n

- 2 FiH;
<

= FaoHao + FsoHgpo + FeoHeo + FooHpo + FoHio

in out

- FAEHAE - FBEHBE - FCEHCE - FDEHDE - FIEHIE (4239)

The molar flow rate of each species in the effluent stream can be related to the molar flow
rate of that species in the inlet stream, and the stoichiometry of the reaction. The effluent
molar flow rates of each species are thus given by
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b
Fae =FAO_(FAO —FAE)} Fae =FBO_;(FA0_FAE)"
d
Fop = FEoo + %(PAO - FAE)} For = Fpo + ;(FAO - FAE); (4.240)

Fo =Fe
Substituting these relations into Equation 4.239 gives

n

2 FH;
£
b

- [FAO - (FAO - FAE)]HAE - [FBO - E(FAO - FAE)]HBE

= FaoHao + FsoHpo + FeoHeo + FooHpo + FoHio

in out

- c d -
[FCO + E(FAO - FAE)] Hce - [PDO + E(FAO - FAE)] Hpe — hHue (4-241)

Rearranging Equation 4.241 by grouping common terms gives the result

2 FH; 2 FH;
]= ]=

+ Feo (Hco - HCE) + Fo (HDO - HDE) + Fy (HIO - HIE)

= PAO(HAO - HAE) + PBO(HBO - HBE)

in out

d b
- (FAO - FAE)[;HCE + ;HDE - Har - EHBE 4.242)

The enthalpy of reaction per mole of A, AH, , is the difference in enthalpy between the
reactants and the products:

c d b
;HCE + ;HDE - Hag - ;HBE = AHg A (4.243)

Equation 4.242 can be simplified using Equation 4.243 to give

2 FiH;
]= .

m

n

2 FH;
£

The enthalpy change of a component is related to its temperature change and the
constant-pressure heat capacity, as follows:

= 2 F; (Hjo - HjE) - (FAO - FAE)AHR,A (4.244)
=
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To

(Hjo - He) = f Cp dT (4.245)
Te

Combining Equations 4.237, 4.244, and 4.245 gives the energy balance equation for a
steady-state CSTR:

n To

q+ 2 Fo [(Cp AT | = (Fao - Far)AHg o = 0 (4.246)
£

TE

Note that in Equation 4.246, the term containing the heat capacity only involves the com-
position of the feed stream to the reactor. Therefore, for the CSTR, it is not necessary to
consider the effect of the reaction (compositional effects) on the heat capacity of the process
stream. Hence, Equation 4.246 can be expressed in terms of an average heat capacity for the
feed stream, as follows:

To
q+ Fro [Cpp dT - (FAO - FAE)AHR,A =0 (4.247)

Tk

In Equation 4.247, Cp is used to denote the average heat capacity of the inlet stream,
expressed here on a molar basis. If the heat capacity is assumed to be independent of tem-
perature, it is possible to write Equation 4.247 as

q+ FroCro (To - TE) - (FAO - PAE)AHR,A =0 (4.248)

In Equation 4.248, assuming that Cpo is not a function of temperature may or may not be
a good approximation. If the value of Cpy does change with temperature, but it is still desir-
able to use a constant value for computational convenience, then use the value at the aver-
age of the reactor inlet and outlet temperatures, that is, use

Coy = (CPO)TU ‘;(CPO)TE (4.249)

If we introduce the fractional conversion of A into Equation 4.248, we obtain
q+ FroCpo (To - TE) - (FAOXAE)AHR,A =0 (4.250)

The mole balance equation for a CSTR can also be substituted into Equation 4.250. Recall
that the mole balance for a CSTR, in terms of fractional conversion, is

(=1a)V = FaoXar (@.251)
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Substituting Equation 4.251 into Equation 4.250 gives

q+ FroCro (TO - TE) —(-ra)VAHg A =0 (4.252)

Equations 4.247, 4.248, 4.250, and 4.251 are all different forms of the energy balance
equation for a CSTR. Note that the last three versions assume a temperature-independent
value for the heat capacity.

4.5.2 Adiabatic Operation of CSTR: Adiabatic Reaction Line
The CSTR may be operated without external heat transfer; such a reactor is said to be adia-

batic. The general enthalpy balance for an adiabatic reactor is

To
Fo [Cp dT

T

n

In terms of an average inlet heat capacity and the fractional conversion, the enthalpy
balance is

— (Fao = Fag)AHg s = 0 (4.253)

FroCro (To - TE) - (FAOXAE)AHR,A =0 (4.254)
Equation 4.254 can be rearranged to give

AH
Te =T - F (E:'A FaoXae (4.255)

TO0M~PO

Note that Equation 4.255 is essentially the same relationship between temperature and
conversion that was derived for the plug flow reactor case. This relationship is basically
valid for an adiabatic reactor and any reaction kinetics.

4.5.3 External Heat Exchange in CSTR

The heat transfer term, g, may have various forms depending on the reactor and surround-
ings. The reactor may be heated by a heater that supplies a constant heat flux, in which case
the value of ¢ would be a constant. If there is no heat transfer with the surroundings, the
reactor is adiabatic, and g has a value of zero. Alternatively, § might be varied continuously
to achieve a specified heating or cooling rate to the reactor.

Common methods of providing heat exchange include placing heating or cooling coils
inside the reactor, or placing a jacket containing a heat transfer fluid around the reactor
surface. In these cases, the rate of heat transfer depends on the reactor temperature and the
temperature of the heat transfer fluid:

q=UA(T. - Tz) (4.256)

In Equation 4.256, U is the overall heat transfer coefficient, A is the area for heat transfer,
and T, is the temperature of the heat transfer fluid.
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Example 4.6

Consider the oxidation of carbon monoxide in an adiabatic constant-pressure CSTR. The
reaction is described by the overall stoichiometry:

Cco+ %oz -~ CO, 4257)
The rate of reaction in the presence of water is given by the rate expression

(-1co0) = 1.26 x 10" ex

P(ﬂ) CcoC8; Clizo mol/m’ - s (4.258)

A mixture consisting of 1% CO, 1% O,, 1% H,0, and 97% N, (mole percentages) is fed
to a CSTR. The total volumetric flow rate of the feed is 1.00 x 10~ m?3/s at a pressure of 1
bar and a temperature of 700 K. Calculate the volume required for 99% conversion and
the corresponding outlet temperature.

SOLUTION

It is necessary to compute both the mole balance and the energy balance. The mole
balance equation for CO should be written in terms of the molar flow rate because the
reaction is a gas-phase reaction in which both the temperature and the number of moles
change with reaction. The mole balance for a CSTR is

0.5

F 3 F _ 0.25
((30)07(10 = 1.26 x 1010 exp(M) Fcio h FHizo (4259)
|4 Te Q\NQ Q

This equation can be simplified. First note that the moles of water are constant during
the reaction, as it does not react. The molar flow rate of water is

100,000 x 1.0 x 107
8.314 x 700

Fino (R—Q) Yino = ( ) x0.01=172x10°  (4.260)

The molar flow rates of the reactants can be written in terms of the fractional conver-
sion of CO:

Xco
2

Feo = (Fco)o(l - Xco) and Fo, = (FOz)O - (FCO)O

With these substitutions and resulting simplification, Equation 4.259 becomes

0.25

Xeo _ 5.23 x 107 exp(7_20'131) (1- XCO)((FOZ )0 _ Xeo (Fco)o) Q"
14 T 2

The inlet molar flow rates of CO and oxygen in mol/s can be calculated as

(100,000 x1.0x10™

) x0.01=172x10"°  (4.261)
8.314 x 700

N Q\
FCO I— YCOO=
“ (&) ()
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1 1.0 x 10°*
(Fou), = (—T) (Yor), = ( 00’29301; (7)0X0 0 ) x0.01=172x10°  (4.262)
0

The mole balance equation is simplified using Equations 4.261 and 4.262:

0.25
Xeo _ 337 %100 exp(%) (1- XCO)(l - @) Q7 (4.263)
1% Ty 2

The next step in developing the mole balance equation is to derive an expression
for the volumetric flow rate as a function of temperature and fractional conversion.
Following the technique used in Chapter 3 for isothermal reactors, we first develop a
stoichiometric table:

Compound Inlet Moles Effluent Moles

CcO 1.72x 105 1.72x107° (1 - Xco)

0O, 1.72x 105 1.72 x107° (1 - 0.5X o)
CO, 0 1.72x10°° X

H,O 1.72x 105 1.72x 10

N, 1.668 x 103 1.668 x 103

Total 1.72x 1073 1.72x 1073 (1 - 0.005X o)

The volumetric flow rate depends on the pressure and temperature.

(PQ) _(PQ ,
77, - (FTT) (4.264)

The pressure is a constant 1 bar, the initial temperature is 700 K, and the inlet volu-
metric flow rate is 1.00 x 10-* m3/s. The volumetric flow rate in the reactor is

F S
Q= Qoli =1.0x 10'4£1'72 x 1077 0:(3)05XCO)
Ty Fro 700 1.72 x 10
=1.429 x 107 Te(1 - 0.005Xc0) (4.265)

Finally, substitute for the final conversion of 0.99 and simplify to obtain the mole bal-
ance with two unknowns, the effluent temperature and the reactor volume:

% = 2.754 x 1016exp(%) T (4.266)

E

Having developed the mole balance, we now turn to the energy balance equation. The
energy balance for an adiabatic CSTR is given by Equation 4.253. In terms of fractional
conversion, this equation can be written as

n To

2 Fo f Cpy dT | - Xco (Feo), AHg = 0 (4.267)
<

TE
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We start the solution of the energy balance by assembling some of the necessary data.
The constant pressure heat capacity for each component is a function of temperature,
as follows:

Cp =a+bT +cT? +dT? (4.268)

The values of the constants are obtained from Appendix 1:

Compound a b x 10? cx10° d x 10°
0O, 25.44 1.518 -0.7144 1.310
N, 28.85 -0.1569 0.8067 -2.868
H,O 32.19 0.1920 1.054 -3.589
Cco 28.11 0.1672 0.5363 -2.218
CO, 22.22 5.9711 —-3.495 7.457

The enthalpy of reaction as a function of temperature was computed in Example 4.4.
At the reactor effluent temperature, the value is

AHg = -2.796 x 10° - 18.61T; + 2.522 x 1072T?

-1.225 x 107°T2 + 2.255 x 10°T¢ J/mol (4.269)

The heat capacity of the reactor feed changes with temperature. Therefore, write

n To To To
FjO Cp] dT | = (Fco) CP,CO dT + (FOZ) CP,OZ dr
2" 2 2
To To
+ (FNZ )OfCP/NZ dT + (FHZO )OfCP'HZO dT (4270)
TE TE

The integral of the heat capacity can be written in the generic form

" b d . 1°
fcp dT = |aT + 272+ S1° 4 274 @.271)
J 20 T3 Ta |,

Substituting the known values of the molar flow rates and the coefficients in the heat
capacity equations into Equation 4.270, integrating and simplifying give

n To

2 Fy f Cp dT | = 35.42 - 4.960 x 10T} + 1.147 x 10°T¢
1= TE

- 4537 x107°T2 +1.216 x 1072 T¢ 4.272)

The final energy balance equation is obtained by substituting Equations 4.272 and
4.269 into Equation 4.267, and also substituting the inlet molar flow rate of CO and the

185
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final fractional conversion. The resulting energy balance equation is a simple polyno-
mial with the effluent temperature as the single unknown:

40.17 - 4.917 x 10Ty + 4.126 x 107 TZ - 4.011 x 10°T2 + 1.066 x 107*T¢ = 0 (4.273)

Solution of Equation 4.273 gives an outlet reactor temperature of 790 K. This tempera-
ture can be substituted into Equation 4.266 to obtain a reactor volume of 0.5 m?.

It is worthwhile to make two observations at this point. The first is that the CSTR vol-
ume for 99% conversion is about 10 times larger than that required for the PFR for the
same inlet conditions. This size difference occurs because in the CSTR all of the reaction
occurs at a CO concentration corresponding to 99% conversion, whereas in the PER the
reaction occurs over a continuously varying CO concentration. In the CSTR, all of the
reaction occurs at the exit temperature, whereas in the PFR it occurs at a continuously
varying temperature. The fact that all of the reaction occurs in the CSTR at the highest
value of the rate constant (highest temperature) is an advantage that this reactor has
over the PFR for adiabatic operation with exothermic reactions; however, in this exam-
ple, the increase in the value of the rate constant is not sufficient to offset the decrease in
rate caused by the low concentration.

The second observation is that the reactor outlet temperature is the same as for the
PFR with identical inlet conditions (Example 4.4). Close inspection of the equations
for the adiabatic reaction for a PFR and a CSTR shows that these two equations are in
fact the same, and therefore, for the same inlet conditions and outlet fractional conver-
sion, the outlet temperature must be the same (provided that the pressure is assumed
to be constant in both reactors.)

4.5.4 Multiple Reactions in CSTR

In a CSTR with multiple reactions, the enthalpy change for each reaction must be included
in the energy balance equation. A mole balance equation must be written for each inde-
pendent reaction. For example, consider a reactor in which the following two reactions
occur:

A—B
4.274)
C—-D

The rates of disappearance of A and C are given by (-r,) and (-r), respectively. Two mole
balance equations must be solved, one each for A and C:

Fro = Fap = (-1a)V and  Fey - Feg = (-10)V @.275)

The energy balance equation for a CSTR must include the enthalpy changes owing to
both reactions. For example, taking the general CSTR energy balance, Equation 4.246, we
obtain

n To
q+ 2 F]()pr] dT | - (FAO - FAE)AHR,A - (FCO - FCE)AHR,C =0 (4276)
]= Tt
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The general energy balance for a reactor containing n species (including inert material)
in which m reactions occur is

n To m

g+ 2 Fy f Cp dT | - Z(Fko ~ Fg)AHgy = 0 4.277)
£ .

T

4.5.5 Multiple Steady States in a CSTR

One of the interesting operating features of a nonisothermal CSTR is the existence of
multiple steady states under certain operating conditions. In a reactor with multiple
steady states, there is more than one set of steady-state operating conditions possible.
From a mathematical perspective, the existence of multiple steady states implies that
there is more than one solution (temperature and fractional conversion) that satisfies
the mole and energy balance equations. In a reactor in which multiple steady states
occur, it is not possible to deduce from a steady-state analysis which steady state will be
achieved in practice. In the following, we use some graphical analysis to illustrate how
multiple steady states arise and the implications for reactor operation. A simple first-
order reaction with a constant-density fluid is chosen for simplicity, but the principles
may be extended to more complex cases, with a concomitant increase in mathematical
complexity.

For illustration purposes, consider a first-order reaction occurring in a nonisothermal
CSTR. The mole balance equation is

\% _ XAE
QCao  kCao (1 - XAE)

4.278)

Equation 4.278 can be rearranged to give an expression for the fractional conversion
of A:

Tk
1+ k

Xae = (4.279)

The steady-state energy balance written in terms of the fractional conversion and con-
stant heat capacity is given by Equation 4.250. If the reactor exchanges heat with its sur-
roundings according to Equation 4.256, the energy balance is

UA(T. - T) + FroCpo(Ty = Te) = (FaoXae)AHg A = 0 (4.280)

Note that g is positive if heat is added to the reactor, that is, when (T.. > T;). Equation
4.280 can be rearranged as follows:

(_AHR,A)FAOXAE = (FTOEPO + UA)TE - (FTOEPOTO + uATw) (4281)
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Substituting for conversion from Equation 4.279 gives

Tk
+ Tk

(_AHR,A)FAO ( 1 ) = (FT()épO + UA)TE - (FT()ép()To + UATOO) (4282)

Equation 4.282 is simply a combination of the mole and energy balance equations for a
CSTR with a first-order reaction, constant heat capacity, and constant density. The rate
constant is an exponential function of temperature. If it follows the Arrhenius law, k is
given by

k= Aexp( R_i
g

) (4.283)

Equation 4.282 is a nonlinear equation. For a given set of operating conditions, the reac-
tor temperature is the only unknown value in the equation. However, owing to the nature
of the equation, it is possible that under some sets of operating conditions there will be
more than one solution to Equation 4.282. When two or more values of T will satisfy
Equation 4.282, the reactor is operating in a region of multiple steady states. It is instructive
to examine the nature of Equation 4.282 graphically. We define two functions correspond-
ing to the left-hand side and right-hand side of Equation 4.282, respectively. The first func-
tion is

G(T) = (~AHg,x)Fao ( ; Iktk) (4.284)

The function G(T) represents the rate of heat generation in the reactor. The second func-
tion is

R(T) = (FroCro + UA)T; = (FroCroTy + UAT..) (4.285)

The function R(T) represents the rate of heat removal by heat transfer with the surround-
ings and the rate of fluid removal from the reactor. Note that R(T) is a linear function of
temperature in this case because C, and AHy are assumed to be constant. The intercept of
the straight line depends on, for example, the value of the reactor inlet temperature. A typ-
ical behavior of the function R(T) at different inlet temperatures is shown in Figure 4.20.
An increase in the value of the reactor inlet temperature simply shifts the line to the right,
while maintaining the value of the slope. The slope of the curve can be adjusted by chang-
ing the value of (Fr(Cp + UA), and a typical behavior is shown in Figure 4.21. Note that
some of the operating parameters are usually fixed, so it is rare that complete freedom to
adjust all of the parameters will exist. If it was desired to process a given molar flow rate
of feed, then to change the slope would require a change in the value of the heat transfer
coefficient or the heat transfer area.

A plot of the generation function, G(T), verses T gives a sigmoidal curve because of the
exponential temperature dependence of the rate constant. The shape of the curve depends
in large part on the value of the activation energy. A typical plot is shown in Figure 4.22.
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FIGURE 4.20
Behavior of the heat removal function at different feed inlet temperatures, with all other operating conditions
being the same. An increase in the inlet temperature simply shifts the line to the right.

All possible reactor operating temperatures must satisfy both functions, G(T) and R(T),
such that the two functions have equal values. If both of the functions are plotted on the
same graph, the points of intersection of the two lines represent permissible solutions to
the reactor energy and mole balance equations. Figure 4.23 illustrates such a graph. In this
figure, a single G(T) curve is shown, which would correspond to specific values of the
kinetic parameters and enthalpy of reaction. Multiple R(T) curves are shown, each of
which corresponds to a different reactor inlet temperature, with all other parameters the
same.

Consider first the R(T) line that corresponds to the lowest value of the inlet temperature.
This line is at the extreme left of Figure 4.23. This line intersects the G(T) at a single point,
labeled 1 in Figure 4.23. This point of intersection corresponds to the only solution to the
mole and energy balance equations; thus this point represents the reactor operating tem-

A

R(T)

Increasing (FTOC_P0 + UA)

v

T

FIGURE 4.21
Behavior of the heat removal function at different values of (FTOEPO + UA) with all other operating conditions
the same. The slope of the line changes.
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Increasing £

\ 4

T

FIGURE 4.22
Shape of the heat generation function at different reactor temperatures. The curve shape depends on the activa-
tion energy.

perature. If the reactor inlet temperature is increased, with all other conditions held con-
stant, the R(T) line moves to the right. The sigmoidal G(T) curve is not affected by the change
in the inlet temperature because T, does not appear in the expression for G(T). The second
R(T) curve from the left intersects the G(T) curve at two points, marked with points 2 and 6,
respectively. Both these points represent possible operating temperatures for the reactor, the
low- and high-temperature stable operating conditions for this reactor. The next R(T) line in
Figure 4.23 intersects the G(T) curve at three points, labeled 3, 5, and 7 respectively. Points 3
and 7 represent stable-steady states. Point 5 is an unstable steady state which cannot be
achieved in practice. Continuing to increase the inlet temperature, the next R(T) curve illus-
trated has two stable steady states at 4 and 8, the final curve has a single steady state at point
9. The steady state that is realized in the reactor depends on either the initial conditions or

FIGURE 4.23
Plot of a single heat generation curve and multiple heat removal curves. Each heat removal curve corresponds
to a different reactor inlet temperature.
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the history of the reactor. The best method to determine the final steady state is to use a tran-
sient analysis; this method will be illustrated shortly in an example. However, we can visual-
ize some behavior using a quasi-steady-state analysis.

In a quasi-steady-state analysis, we analyze the reactor using a steady-state approach,
that is, using the steady-state mole and energy balance equations. It is assumed that small
changes are made to the operating conditions, and that the reactor is allowed to come to a
new steady state before further changes are made.

We consider a CSTR that is initially running at steady state with a low feed temperature.
The feed temperature is then slowly increased through the region of multiple steady states
(see Figure 4.23) with steady state prevailing at each point. The feed temperature is then
slowly decreased back to the original value. We plot the outlet reactor temperature as a
function of the feed temperature. The resulting plot is shown in Figure 4.24. The numbered
points in Figure 4.24 correspond to the same numbers in Figure 4.23.

At the inlet temperature corresponding to point 1, there is only one possible operating
point for the reactor. As the feed temperature increases, the reactor temperature also
increases until point 2 is reached. At this inlet temperature, there are two possible steady-
state operating points for the reactor; however, the reactor will operate at point 2. The reac-
tor temperature continues to increase with the feed temperature, passing through point 3,
until it reaches point 4. At this point the reactor leaves the region of multiple steady states
and any slight increase in feed temperature will send the reactor temperature rapidly to
point 8 on the plot. Further increases in the feed temperature will simply increase the reac-
tor temperature along the curve, in the direction of point 9.

If the reactor feed temperature is now slowly decreased, the reactor temperature will
also decline. It will move down along the upper line, passing through points 8 and 7 until
it reaches point 6. At this point, any further reduction in the feed temperature will send the
reactor temperature down to point 2 on the curve, and then in the direction of point 1. It is
thus evident that the heating and cooling behavior of the reactor are not the same, and
hysteresis is observed. A curve of the type shown in Figure 4.23 is often referred to as an
ignition extinction curve.

FIGURE 4.24

Ignition extinction curve for a CSTR operated at pseudo-steady state. The reactor temperature follows the lower
branch of the curve as the feed temperature increases, and then falls along the upper branch as the feed tem-
perature is reduced.
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The existence of multiple steady states has implications for the control of the reactor.
Suppose, for example, that the reactor was operating at steady state at point 7 in Figure
4.23. If there was a change in the process variables and the reactor feed temperature fell for
a period of time, the reactor operating temperature might fall to the lower operating line
(point 1 or 2 for example). It would then be necessary to increase the feed temperature past
point 4 to get the reactor operating temperature back to the upper line and point 7.

Note that the exact form of the ignition extinction curve depends on the operating con-
ditions and the reaction kinetics. Complex kinetic expressions can lead to very complex
multiple steady-state performance. It is also important to emphasize that when a steady-
state analysis predicts the existence of multiple steady states, it is not possible to know
which steady state will be achieved in practice. The final operating point depends on the
history of the reactor, which can only be determined using transient analysis. Transient
analysis is discussed after Example 4.7, which illustrates a CSTR problem with multiple
steady states.

Example 4.7

A first-order liquid-phase homogeneous reaction is carried out in an adiabatic CSTR.
The reactor volume is 1.8 x 102m?3, the feed flow rate is 60 x 10-°m3/s, the feed density
is 1000 kg/m3, the heat capacity is a constant 4182 J/kg - K, and the enthalpy change of
reaction is AHy = -2.09 x 10° J/mol. The inlet concentration of reactant A is 3000 mol/m?.
The rate expression is

(-7a) = kCp = 4.48 x 10° exp(@) Camol/m’ -s (4.286)

where the units of k are 1/s and the concentration of A is in mol/m?3.

a. Calculate the steady-state outlet temperature for an inlet temperature of 298 K.
b. Plot the pseudo-steady-state ignition extinction curve.

SOLUTION

(@) The solution to this problem requires both the mole and energy balance equations.
The steady-state mole balance equation is

Fao = Far - (—TA)V =0 (4.287)

The fluid density is constant, so the mole balance can be written in terms of concentra-
tion as

Cao = Car - (—VA)g =0 (4.288)

Equation 4.288 can be written in terms of the fractional conversion and the space time.
Also substituting the rate function, Equation 4.286, gives

Cao = (Cao = CaoXaz) = kCao(1 = Xae)t = 0 (4.289)
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Simplify Equation 4.289 by eliminating the inlet concentration

Xar —k(1-Xap)t=0 (4.290)

The space time can be readily calculated:

1% 1.8x1072m?
= =777 T _-300 4.291
T 0T 60x10° ms s (4.291)

Substitute the value of the space time and the rate constants into Equation 4.290:

X - (300)(4.48 x 10°)(1 - XAE)exp( —7554) 0

E

(4.292)

Equation 4.292 can be simplified and rearranged to give an expression in terms of
conversion:

1.344 x 10° exp(~7554/T; )

- (4.293
1+ 1.344 x 10° exp(-7554/T; ) )

AE

The steady-state energy balance for an adiabatic reactor, assuming constant C, can be
written in terms of the total mass flow rate of the inlet stream, as follows:

titrCp (Ty = Tg ) = FaoXag(AHg A ) = 0 (4.294)

Equation 4.294 gives a relationship between X, and T;. The mass flow rate is the
product of the volumetric flow rate and the density, or

fitr = Qp = 60 x 10° m®/s x 1000 kg/m® = 60 x 10~ kg/s (4.295)

The inlet molar flow rate of A is the product of the concentration and the volumetric
flow rate:

Fro = QCap = 60 x 10°m?/s x 3000 mol/m® = 0.18 mol/s (4.296)
Substituting the numerical values into Equation 4.294 gives

60 x 10 kg/s x 4182 J/kg - K(298 - T ) - 0.18 mol/s x (_2.09 x 105) J/molXar = 0

After simplification, the energy balance is

(298 - ;) = 150X 5¢ (4.297)

Equation 4.297 can be rearranged to give an expression for the outlet temperature
as a function of conversion. Note that this relation is nothing more than the adiabatic
reaction line.

193
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Ty = 150X 55 + 298 (4.298)

Equation 4.298 can be substituted into the mole balance, Equation 4.293:

1.344 x 10° exp(~7554/150X ¢ + 298)
AR _7554 )
150X 5 + 298

(4.299)
1+ 1.344 x 10° exp(

The solution of this nonlinear equation gives the outlet conversion, X,;. Solving
Equation 4.299 numerically yields the following three values for X,;, and correspond-
ing values for T}:

Xap =0.0158 T = 300.38 K
Xae =0.333 Ty = 3478 K
Xap =09831 Ty =4455K

It is seen that for an inlet temperature of 298 K there are three solutions possible.
Only the upper and lower values of X, represent stable operating points that could
be achieved in practice. The central point is an unstable state which would not exist
in the reactor. To determine which of the stable operating points are achieved in
actual operation from the given operating conditions, it is necessary to perform a
transient analysis. Transient reactor analysis is discussed immediately following this
example.

(b) To develop the pseudo-steady-state ignition/extinction curve, it is necessary
to solve the mole and energy balance equations at a variety of inlet temperatures.
Therefore, we express Equation 4.299 in the more general form:

1.344 x 10° exp(~7554/150X ;. + Ty)

- 4.300
1+1.344 x 10° exp(~7554/150X a + Ty ) €300

AE

Solution of Equation 4.300 over a range of inlet temperatures gives the values shown
in the table below. Note that either one or three solutions are possible, depending on
the value of T,. For two values of T, two of the solutions are the same: these points
are the “turning points,” and identify the extremities of the multiple steady-state

region.
T, (K) T; (K)
260.0 260.1
264.0 264.1
264.1 264.2

2642 2643 390.0 390.0  Turning point
265.0 2651 383.8  396.9
305.0 3100 340.0 456.0
310.0 3220 330.0 458.0
310.2 3289 3289 458.6  Turning point
310.5 459.0
311.0 460.0
315.0 463.0
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FIGURE 4.25
Ignition extinction curve for Example 4.7. The curve shows the possible outlet reactor temperatures for the given

inlet temperature. The upper and lower curves represent stable operating points, while the central line repre-
sents unstable points.

The possible outlet temperatures are plotted as a function of the reactor inlet tempera-
ture in Figure 4.25. This figure can be used to determine the performance of a reactor
operating at pseudostate with a slowly increasing inlet reactor temperature. An increase
in inlet temperature from 250 K would see the outlet temperature increase along the
bottom curve until an inlet temperature of 310.20 K was reached (reactor temperature
of 328.85 K). At this point, the reactor would experience a rapid temperature increase
to 458.63 K. If the inlet temperature was then slowly lowered, the reactor temperature
would decrease along the upper curve until the inlet temperature fell to 264.18 K (reac-
tor temperature of about 390 K). The reactor would then experience a rapid temperature
change to 264.26 K. Provided that steady state was reached, the reactor inlet tempera-
ture would have to be raised to 310.2 K to attain the upper operating line.

4.5.6 Transient CSTR with Energy Effects: Constant-Volume Case

The transient operation of a CSTR was considered in Chapter 3, where the transient mole
balance was derived. In this section, the transient energy balance for a CSTR is developed,
starting with the general energy balance, Equation 4.236. The right-hand side of Equation
4.236 is developed in the same manner as for the steady-state case. For constant-volume
operation, the expansion work is zero and the transient energy balance is

n To

q+ 2 Fio | Cp dT | - (FAO - FAE)AHR,A =
=

T

dau (4.301)
dt
The right-hand side of Equation 4.301 is the change in internal energy with time and is

the sum of the internal energy change of every species in the reactor. If there are m species
in the reactor, the change in internal energy is given by

au_ ‘W (4.302)

dt dt
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The right-hand side of Equation 4.302 can be expanded using the chain rule

dN
N

Equation 4.303 contains terms that reflect the internal energy change owing to reaction
and temperature. For a constant-volume transient CSTR, it can be simplified following an
analagous procedure to that used in developing the energy balance equation for the
constant-volume batch reactor. The final result is

du [ 2 \dT dN, (AUx.A) 4300

o= Coi | 22—
dr L/ ’Vdet dr

Combining Equations 4.301 and 4.304 gives the energy balance for the constant-volume
transient CSTR:

To

\ dT; dN
g+ 2 ) f Cp; dT | = (Fag - Far)AHg s = ENCV] CE_SCA(AUR,)  (4305)
]

dt dt

Note that Equation 4.58 contains both heat capacities, C,, and Cj, and both energy changes
of reaction, AHy; and AlUj. For liquid-phase reactions, the two heat capacities are equal,
while for ideal gases, we recall from Equation 2.34

Cr=Cy + R (4.306)

Refer to Section 4.1, where the difference between AH, and AU, was discussed. For
liquid-phase reactions, the two are approximately equal.

If the reactor is operated at both constant pressure and constant volume, the enthalpy change
and the internal energy changes are the same, and the energy balance can be written as

n TO

\dT, dN
g+ 2 ) f Cp; dT | = (Fao - Far)AHg s = ENcp] CE_STA(AHR,)  4307)
£

dt dt

The transient energy balance is illustrated in the following example. If the fluid density
is constant, Equation 4.307 can be written in terms of concentration of A and inlet volumet-
ric flow rate:

n To

\dT, dc
g+ 2 o [[Cri AT | = Q(Cao — Car)AHg 4 = ENCPJ CE_yv A (AHg,)  (4.308)
£

dt dt

T
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Example 4.8

In this example, we will apply transient analysis to the adiabatic CSTR of Example 4.7.
The reactor volume is constant at 1.8 x 10>m?, that is, the reactor is initially full. The ini-
tial reactant concentration in the reactor is the same as the concentration of A in the feed,
3000 mol/m?, and the feed temperature is 298 K. The feed flow rate is 60 x 10 m3/s, the feed
density is 1000 kg/m?, the heat capacity is a constant 4182 J/kg - K, and the enthalpy
change of reaction is AHy =-2.09 X 10° J/mol. The rate expression is given by

(-74) = kCp = 4.48 x 10° exp(@) Caymol/m? s (4.309)

where the units of k are 1/s and the concentration of A is in mol/m?. It was seen in
Example 4.7 that this set of operating conditions corresponds to the region in which
multiple steady-state solutions exist.

Determine the outlet temperature at various initial reactor temperatures and deter-
mine the critical initial temperature. The critical initial temperature is defined as the
temperature which is required for the reactor to attain the high-temperature steady-
state solution in the region of multiple steady states.

SOLUTION

This problem involves a transient reactor with constant volume V (because the reactor
is initially full) and constant Q (because the density is constant). The transient mole bal-
ance equation was developed in Chapter 3, and is given by

Fro = Fae - (—VA)V = dCZzA (4.310)

Equation 4.310 can be expressed in terms of concentration. As the reactor volume and
volumetric flow rate are constant, we can write

Cao = Car - (_VA)% = 5d(iA

@.311)

Equation 4.311 is simplified by introducing the space time, the rate expression, and by
dividing through by the inlet concentration:

d(Car/C
1(1 _ ﬁ) i Cae _ (Car/Can) 4.312)
T CAO CA() dt
We now define a dimensionless concentration, Z:
CAE
7 = — 4.313
Cao (4.313)

Substituting Equation 4.313 into Equation 4.312, and also substituting the value of the
space time, gives the final transient mole balance equation

1

300

(1-2Z)-448 x10°exp 7554\ , _dZ (4.314)
T dt
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Equation 4.314 is a first-order ordinary differential equation, and requires an initial
condition. The initial concentration of A in the reactor is the same as in the feed stream,
and therefore the initial condition is Z; = 1.

The energy balance is developed from the generic Equation 4.305. The reactor is adia-
batic, so g is equal to zero. As the fluid is a liquid, it is assumed that Cy, is equal to Cp,
and AHg s = AlUg . Furthermore, the heat capacity based on the mass of the fluid is
assumed to be independent of both temperature and composition. Thus, Equation 4.85
can be written as

rCp (To - TE) - (FAO - FAE)AHR,A = thP% _ dgiA (

AHg ) (4.315)

In Equation 4.315, iy is the total mass flow rate of the feed and m, is the mass of the
fluid in the reactor (which is a constant). Introducing the concentration and the constant
reactor volume gives the equation

7Cp(Ty = Te) = Q(Cao = Car)AHg s = mtcp% _ Vdg:E

(AHg,a)  (4.316)

Writing Equation 4.316 using the dimensionless concentration ratio, Z, gives

mTCP thp dTE dZ

——(Ty - T:)-Q(1-Z)AHr o = — - V—(AH 4.317

1)~ Q1 -2 - v ) 61
Equation 4.317 can be rearranged to give

dT; mr QCao VCao dZ

—— = —|(Ty -T¢)-=—=—(1-Z)AH —(AH 4.318

dt ™ ( 0 E) m,Cp ( ) RA* m,Cp dtf ( R’A) ¢ )

Substituting the values gives the final transient energy equation

% =3.33x107(298 - T¢) + 0.5(1 - Z) - 150% (4.319)

Equation 4.319 and the appropriate initial condition must be solved simultaneously
with the transient mole balance equation, Equation 4.314, to obtain the temperature and
concentration as a function of time. At a sufficiently long time, the steady-state solution
is reached.

The steady-state outlet temperature that is computed by the numerical solution of the
transient mole and energy balance equations must be the same as one of the two stable
steady states computed in Example 4.7. The low steady-state temperature is 300.38 K
and the high steady-state temperature is 445.5 K. By using a numerical solution tool,
and changing the value of the initial reactor temperature, it is found that for tempera-
tures less than or equal to 341.104 K, the steady-state solution corresponds to 300.38 K,
while for temperatures greater than this, the steady-state solution corresponds to a reac-
tor temperature of 445.5 K.

In Figure 4.26, the reactor temperature as a function of time is shown for these two
cases, that is, for initial temperatures of 341.104 and 341.105 K. In both cases, the reactor
temperature initially rises as the reaction proceeds. Once the operation starts there are
then two competing forces in the energy balance. One force is the exothermic chemi-
cal reaction that acts to increase the reactor temperature, while the second force is the
incoming cold feed that acts to reduce the reactor temperature. The critical temperature
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FIGURE 4.26

Reactor temperature as a function of time for inlet temperatures of (a) 341.104 K and (b) 341.105 K. At an initial
temperature of 341.105 K, the reactor temperature crosses the critical threshold, and the final reactor tempera-
ture lies on the upper operating line.

that must be reached in the reactor corresponds to the central unstable steady-state
solution. This latter value is 347.8 K, which was calculated in Example 4.7. Although
it may not be obvious from Figure 4.26, when the initial temperature in the reactor is
341.104 K, the maximum temperature that is achieved is 3474 K. When the initial reac-
tor temperature is 341.105 K, however, the temperature exceeds 347.8 K, and the reaction
rapidly proceeds, pushing the steady-state temperature to 455.5 K. Note that in practice
it is unlikely that temperature control would be as precise as that used here: the use of
six significant figures is simply for illustration purposes.

4.5.7 Semibatch Operation

We now consider a perfectly mixed semibatch reactor. In this reactor, there is an inlet
stream but no outlet stream, and the reactor contents at any time are uniform in tempera-
ture and concentration. This operational mode might prevail when a CSTR is being filled
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during startup. Because the volume of the reactor changes with time, expansion work is
done by the system on the surroundings and an expansion work term must be included in
the energy balance. We start the derivation by writing the general energy balance for a
system of n components:

d(2:=1Nfuj) =q+{z" F,H]] W, (4.320)

dt

j=1 in

In a procedure analogous to that used for the variable-volume batch reactor, the expan-
sion work is related to the change in the product of the pressure and volume

Wy =P 4.321
e=P (4.321)

Equations 4.320 and 4.321 can be combined to give:

dt

a3 NU-)
( o " dv (4.322)
- 7 =4t E il T
j=1 in
The expansion work term can be incorporated most readily by using the enthalpy. We
recall that
H=U+PV (4.323)

Taking the derivative and using the chain rule give

dH = dU + PdV + VdP (4.324)

For a constant-pressure process, the last term is zero. If we limit the filling process to a
constant-pressure operation, we can combine Equations 4.322 and 4.324:

d(zj=1Nfo) . E EH (4.325)
dt q jo 11RO

The subscript 0 denotes inlet conditions. The right-hand side of Equation 4.325 is
expanded using the chain rule to give

d( 2 N] dt 2 H] o (4.326)
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The enthalpy change of a species can be expressed in terms of the temperature change
and the constant-pressure heat capacity

dH, dr

S, 2 4.327
dt B ar 4.527)

Therefore, it is possible to write

EN, 7 [ZN,-CPJ-] % (4.328)

Consider, for illustration purposes, the reaction given by

A+lpCcifp (4.329)
a a a

The enthalpy change owing to the change in moles is given by

- dN. dN dN- dn. dN
E(Hj dt/) = Ha th +Hy dtB +He dtC +Hp dtD (4.330)

The change in moles with time for each species can be expressed in terms of the inlet
flow rate and the rate of reaction:

dN4
dt
dN. C c dN

=Fo+ (-n)V:—2
dat C0+a( Ta) dr

dNB

= Fao - (-ma)V = Fyo - *( vV

4.331)

d
= Fpo + E("’A)V

Substitution of these terms into Equation 4.330 and simplification give

dN;
E(H T) = (HAFAO + HpFgo + HeFoo + HDFDO)

+( T’A)V‘: HD +7HC —HA —EHB (4332)
The difference between the enthalpies of the products and the reactants, multiplied by
the stoichiometric coefficients, is the enthalpy change of reaction

EHD'FEHC—HA—EHB:AHR,A (4.333)
a a a
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The energy balance is therefore written by combining Equations 4.328, 4.332, and

4.333
[ VdT X -
LE NJ'CP/’J ar 2 FoH; | + (-=1a)VAHg A = g + 2 FoHjo (4.334)
J= J= ]=
Rearranging Equation 4.334 gives an explicit expression in temperature change
Z N;j CP] o =a+ 2 o (Hjo - H])] - (-7a)VAHg A (4.335)
= I

The change in enthalpy of the inlet components as their temperature increases from the
inlet temperature to the temperature of the reactor contents can be expressed as an integral
in terms of the heat capacity:

n To
2 j0 ij dT
T

The heat capacity integral can be solved provided that the temperature dependence of
the heat capacities is known. The energy balance equation must be solved simultaneously
with the mole balance equation, given by Equation 4.331. Note that the volume, V, will be
a function of time.

The solution of Equation 4.336 requires an initial temperature, T}, of the reactor contents.
In the event that the reactor is empty at time zero, the initial temperature is equal to the
inlet feed temperature, T;. As in previous energy balance equations, the heat capacity may
be taken as independent of composition or temperature or both. In the special case where
the reactants are present in a dilute solution comprised mainly of solvent, the heat capacity
is often assumed to be independent of composition. In terms of mass, the energy balance
in such a reactor can be written as

\d

( N Cp]J =g+ - (—T’A)VAHR/A (4336)

dT

m (CP )sol E

= q+1i1(Cp) ,(To - T) = (-ra)VAHg a 4.337)

where m, is the total mass of the reactor contents and : is the mass flow rate of the feed.
The mass of the reactor contents and the volume are related with the density. If the heat
capacity is given on a volumetric basis, that is with units of, for example, ]/m3K, the energy
balance is

dT

V (CP )sol E

= q+Q(Cp),, (To = T) = (~ra)VAHg o (4.338)

The solution of a semibatch reactor problem is illustrated in Example 4.9.
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Example 4.9

Consider an elementary second-order reaction conducted in the liquid phase:

A +B — C where(-ry) = kCACsp

The reaction is carried out in a semibatch adiabatic reactor. At time zero, the reactor
volume is 5 m? and contains 500 mol of A in a 0.1 molar solution at a temperature of 25°C.
Species B is then fed to the reactor at 50°C (323 K) at a molar flow rate of 10 mol/min and
a concentration of 0.1 mol/L. The feed is stopped when 500 mol of B has been added to
the reactor.

Enthalpies of formation:

A: =80 kJ/mol, B:-60k]J/mol, C:-160 kJ/mol

Heat capacities:

A: 60]J/mol - K, B: 60 J/mol - K, C: 120 J/mol - K

The rate constant, k, has a value of 0.01 L/mol-s at 300 K and the activation energy
is 50,000 J/mol. The heat capacity of the liquid solution may be taken to be a constant
(Cp )sol = 4000 J/L - K. Determine the number of moles of each species present, and the
reactor temperature, as a function of time. Plot the results for the first 2 h of operation.

SOLUTION

As a first step in the solution, identify the initial volume and the volumetric feed flow
rate. If the reactor contains 500 mol of A in a solution containing 0.1 mol/L, it follows
that the initial volume, V/, is

N, 500 mol

W = =
Ca; 0.1 mol/L

= 5000 L (4.339)

where the subscript i denotes initial conditions. The volumetric feed flow rate depends
on the addition rate of B and its concentration; thus

R 10 mol/min

Q B CBO B 0.1 mol/L

=100 L/min = 1.667 L/s (4.340)

The feed is stopped after 500 mol of B is added. At an addition rate of 10 mol/min,
it takes 50 min to add 500 mol. Therefore, the feed flow is stopped after 50 min, and
thereafter the reactor acts as a well-mixed batch reactor. The analysis of the 2 h period
is therefore performed in two stages: the first 50 min when the reactor operates in semi-
batch mode, and the remaining 70 min of pure batch operation.

Step 1: First 50 min of Operation

The transient mole balances for the three species, A, B, and C, can be written in the gen-
eral form for a semibatch reactor as

dN,
dt

= FAO - (—rA)V (4'341)
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o - (-)V (4.342)
dg} - Feo + (+1)V (4.343)

The inlet molar flow rates of both A and C are zero, and the reaction rates are related
through the stoichiometry as

(-7a) = (-78) = (+7c) = kCACs (4.344)

The reaction rates should be expressed in terms of the number of moles present
because the volume of the solution changes with time. With these substitutions, the
three mole balance equations are

dNa N Ng

= a2y 4.34
dt Vv (4.345)
dNB NA NB
= Fyy-k—A2By .
dr BO vV v (4.346)
dNc _j Na Ni y, (4.347)
dt vV Vv

The volume changes linearly with the added fluid; thus

V =V, + Qt = 5000 + 1.667¢ 4.348)

The time has units of seconds and the volume is in liters. Substitution of Equation
4.348 into the mole balances gives

Ny _ g NaNs ) (4.349)
dt ng +Qt
dNs _ p g NaNs | (4.350)
dt \v, + 0t
dNC { NANB \ dNA

dt kLVO +0t) T T a (4.351)

The rate constant depends on the temperature. The value of k is known at 300 K and
the activation energy is also known. From these numbers, the preexponential factor can
be calculated using the Arrhenius law

+50,000

i\‘ = 0.0lexp(i) = 5.08 x 10° L/mol - s (4.352)
R.T) 8.314 x 300

A= kexp(
g

The numerical values of the constants are substituted into the mole balance equations
to obtain
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dNa _ 508 x 10° exp( _6014)( NaNp ) (4.353)
dt T }\5000 + 1.667t
dNy _ 10 _ 508« 10° exp( _6014) ( NaNp ) (4.354)
dt 60 T JL5000 + 1.667t
dNe __dNa _ 5084 106exp( _6014)( NaNs ) (4.355)
dt dt T J15000 + 1.667t

The three mole balance equations are coupled, and furthermore contain the tempera-
ture. The energy balance equation is required to obtain the temperature. The reactor
is adiabatic and the heat capacity is a constant for the solution. Furthermore, the heat
capacity of the solution is expressed on a volumetric basis. The energy balance is thus
Equation 4.338 with the value of g set equal to zero:

V( P)sm% = Q(CP)sol(TO - T) = (=7a)VAHg,A (4.356)

Rearranging Equation 4.356 and substituting the rate function give

dT  Q(Cp),, (To = T) = k(NaNs/Vy + Qt)AHr o 4.357)

dt V(CP)

sol

The enthalpy of reaction is the enthalpy of formation of the products minus the
enthalpy of formation of the reactants:

AHR,A = AHf,C - AHf,A - AHf,B
= (-160,000) - (-80,000) - (-60,000) = -20,000 J/mol (4.358)

Note that AHy , does not change with temperature because AC, = 0. Substitute the
numerical values of the variables and simplify to give the final energy balance

dT  (6668)(323 - T) + 1.016 x 10" exp(-6014/T )(N s N;/5000 + 1.667¢)

4.359
dt (5000 + 1.667t)(4000) .35

Equations 4.353 through 4.355 and 4.359 comprise a system of four coupled nonlinear
differential equations which must be solved numerically. The initial conditions are

T, = 298 K; Ny, = 500; Ng; = 0; Ne,; = 0

The four equations are integrated between time zero and 50 min (3000 s) using the
Runga—Kutta method. The solution at 3000 s is

T3000 = 310.6 K, NA,3000 = 22544, NB/3000 = 22544, NC,3000 = 274.56

205
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Note that at 3000 s, the number of moles of A and B are equal, which follows from
the stoichiometry. That is, 500 mol of A was initially present, 500 mol of B was added,
the reaction stoichiometry is 1 mol of A reacting for each mole of B, and therefore the
number of moles remaining in the reactor must be the same.

Step 2: Remaining 70 min of Operation

After 500 mol of B has been added to the reactor (which originally contained 500 mol
of A), the concentrations (and number of moles) of A and B must be the same at all time
because no further additions of B are made. The volume of the reactor remains constant
at 10,000 L. The transient mole balance for A can thus be written as

2
CWNa gy g NaNe g NA (4.360)
dt Vv v
Substitute the numbers to give
dNa _ 508 x 10° exp(ﬂ)/ Ni ) (4.361)
a T 110,000}

The number of moles of B and C can be obtained from the stoichiometry as

N = Na; Nc =500 - N, (4.362)

The energy balance for this period of operation is the energy balance for an adiabatic
batch reactor, which is written as

dTr N2
(Cr)rgy = ~(-T)VAHR A =~k AH A (4.363)

The energy balance uses the enthalpy rather than the internal energy because the
reaction is carried out in the liquid phase at constant volume. Equation 4.363 can be
rearranged, and after substitution of the numbers becomes

4T 1016 x 10" exp(~6014/T)(N3/10,000)

at 4.364
dt (10,000)(4000) 364

Equations 4.361 and 4.364 are a system of two coupled nonlinear ordinary differential
equations. The solution of these equations requires the initial conditions. These condi-
tions are simply the solution at the end of the first 50 min of semibatch operation, that is

T30()0 = 310.6 K, NA,3()00 = 22544, NB,3000 = 22544, NC,3000 = 274.56

A numerical solution of Equations 4.361 and 4.364 is performed using the Runga-
Kutta method, along with the auxiliary Equation 4.362, from a starting time of 3000 s to
the final time of 7200 s. The final number of moles of each component and the tempera-
ture in the reactor is thereby determined to be

T7200 = 310.7 K; NA,7200 = 78.12, NB,7ZOO = 78.12, NC,7200 = 421.88
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A plot of the concentration of the three components and the reactor temperature
over the entire 2 h is shown in Figure 4.27. Several observations can be made from
this figure. From the plot of the moles of species as a function of time (plot a), it is
seen that the number of moles of A falls continuously with time. This observation is
logical because all of the A is initially present in the reactor. The number of moles
of B in the reactor rises for the first 3000 s, because the rate of addition is greater
than the rate of disappearance by reaction. At 3000 s, the moles of A and B in the
reactor are the same, and thereafter decline at the same rate because of the reaction
stoichiometry. The number of moles of product C rises continuously over the 7200 s
time period.

The reactor temperature (plot b) rises during the first 3000 s by just over 12°C, and
rises only a fraction of a degree over the remaining time. This behavior results because
of the relatively large heat capacity of the reactor contents compared to the heat released
on reaction. Most of the temperature rise during the first 3000 s of reactor operation
results from the addition of feed which is at a higher temperature than the reactor con-
tents. This type of behavior is not unusual when reactions are conducted in the liquid
phase with relatively large quantities of inert solvent.
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FIGURE 4.27
Time dependence of (a) the moles of the reacting species and (b) the temperature in a semibatch reactor. The
feed stream is switched off at 3000 s. Results from Example 4.9.
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Semibatch reactors can be operated under a variety of different scenarios. The operating
conditions are often dictated by the kinetics of the reaction. For example, when several
reactions occur in the vessel the rate of feed addition may be controlled to achieve a pre-
ferred product distribution by controlling the relative concentrations of reactants.
Alternatively, the rate of heat release may be the deciding factor. Regardless of the com-
plexity, the analysis can be performed using the material described in this section as a
starting basis.

4.6 Summary

This chapter has shown how the energy balance equation is used to determine the
temperature in an ideal chemical reactor. The energy balance equation is always coupled
to the mole balance equation through the temperature dependence of the reaction rate
constants and the temperature dependence of the physical properties of the reacting fluid.
The energy balance equation is almost invariably a nonlinear equation, and with the cou-
pling to the mole balance requires a numerical solution. When performing an energy bal-
ance, it is important to remember that both internal energies and enthalpies of reaction are
used. In many cases, the two are effectively interchangeable; however, in other cases, the
differences are quite significant.

The introduction of the energy balance into the reactor analysis problem can lead to
some interesting complexities, especially in the CSTR. In that reactor, even simple kinetic
expressions can result in the existence of multiple solutions for the mole and energy bal-
ance. In such a case, the reactor operation can exhibit unstable operation if the inlet condi-
tions fluctuate. In this case, it is necessary to perform a transient analysis to determine the
operating point of the reactor.

The combination of the mole and energy balance equations can be used to solve for the
concentration and temperatures in any ideal reactor system, regardless of the number of
reactions and reactors, or the complexity of the reaction kinetics. If one starts from the
basic balance equations, it is possible to derive the appropriate system of equations and
then to solve them. The most important factor to remember is that the correct solution
depends on making the appropriate choices when deriving the equations.

PROBLEMS

41 An elementary second-order liquid-phase reaction occurs in a CSTR. The reac-
tor has a volume of 1200 L and is heated by a steam jacket.

A+B—55C (-ry) = kCsCj

The feed temperature is 27°C, and the flow rate is 30 L/min. The inlet concentra-
tions of A and B are 2 mol/L. The desired conversion of A is 60%.

a. Determine the reactor temperature required to achieve the desired conversion.

b. Determine the temperature of the steam in the jacket required to operate
the reactor at the temperature determined in part (a).
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Activation energy 10,000 J/mol
Rate constant at 27°C 0.01725 L/mol - min
AHy (assume constant) 41,840 J/mol A

Heat capacity of mixture 4184J/L-K
Reactor heat transfer area 6 m?
Heat transfer coefficient 70 W/m?2K

4.2 A tubular flow reactor is to be designed to produce butadiene from butene by
dehydrogenation (gas-phase reaction). The first-order reaction rate expression is
written in terms of the partial pressure of butene as

C4H8 g C4H6 + Hz (_rC4H3) = kPC4H3 mOl/L -h

The constant k has units of mol - (h -L- atm)_l. The reaction is endothermic,
the reactor is often operated adiabatically; therefore, steam is often added to the
feed to provide thermal energy for the reaction. For this reactor, the feed is a
mixture of 10 mol of steam for each mole of butene. The reactor pressure is 2 atm
and the feed temperature is 650°C. Values of the rate constant at different tem-
peratures are given in the following table:

T(K) 922 900 877 855 832
k 11.0 490 204 085 032

Assume that the heat of reaction is a constant 1.1 x 10° J/mol butene. The heat
capacity of the feed stream may be considered constant at 2.1 kJ/kg - K.

a. Calculate the reactor volume for a 20% conversion of butene if the reactor is
operated isothermally at 650°C with a total inlet molar flow rate of
11,000 mol/h.

b. Determine the reactor volume for 20% conversion of butene for a total inlet
molar feed rate of 11,000 mol/h in an adiabatic reactor.

4.3 A chemical plant is planning to install a reactor to produce ethanoic acid by the
hydrolysis of methyl acetate. The reaction is

CH3COOCH3 + HQO - CH3C02H + CH3OH
The reaction is pseudo-first-order overall because of the excess of water

~TeHycoocH; = k [CH3COOCH3]

At 25°C, the rate constant has a value k=3.51 x 10® min~!, and at 35°C,
k =8.84x10°* min. A1 mol/L aqueous solution of methyl acetate resides in a
storage tank at 0°C and will be pumped to the reactor at a rate of 30,000 L/h.
The production rate of ethanoic acid is to be 8.64 tonnes/day, based on 24 h a
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day operation. The reactor is to be an adiabatic CSTR and the feed is to be pre-
heated in an electrical heater. The operating cost of the reactor (including capi-
tal cost allowance, stirring cost, pumps, etc.) is $1 a minute for each liter of
capacity (e.g., a 4 L reactor costs $4 a minute, a 6 L reactor $6 a minute, etc.).
Electricity costs $0.10 a kilowatt hour and the preheater is 90% efficient.
Determine the reactor volume which will minimize the production cost of eth-
anoic acid. Assume that the specific heat of the mixture is a constant equal to
4180 J/kg - K. The heat of formation data, [JH? s, are given below:

Methanol —238.7 kJ /mol Ethanoic acid —484.4 kJ /mol
Water —286.0 kJ/mol Methyl acetate —447.8 kJ /mol

The hydrogenation of aromatic compounds in an oil is carried out in an internal
recycle reactor at a constant hydrogen pressure. The recycle rate is sufficiently
high so that the reactor behaves like a CSTR. The reactor contains 20 g of cata-
lysts and is operated adiabatically. The rate function for the hydrogenation of
the aromatic compounds is

fyp = —tao = AeXxp L i\ [Cam] moles of aromatics/h - gcat
R,T)

The oil has the following properties:

Xfaro Mass fraction of feed that is aromatic ~ 0.30

M, Average molecular mass of feed 210

Cp Average heat capacity of oil 1.75]/(g - K)
AHg .., Heat of reaction of aromatics —-2.0x10%J/mol

The values of the kinetic parameters are:

A =13 x10"cm®/h - gcat RE = 16,300 K
8

Oil is fed to the reactor at a constant rate of 0.5 cm?®*/min. The temperature of
the feed stream is increased very slowly from 250°C to 375°C and then decreased
very slowly from 375°C to 250°C. Assume that the density of the oil is constant
at 0.85 g/cm? and that the hydrogenation of the aromatics is the only reaction.
The pseudo-steady-state approximation can be made for the slow changes in
feed temperature, that is, it can be assumed that steady state is achieved at all
feed temperatures because the changes in feed temperature occur very slowly.
Prepare a plot of fractional conversion of the aromatic content as a function of
feed temperature for the above changes in feed temperature.

4.5 The following reaction is carried out in an adiabatic plug flow reactor:

A+B=C+D
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4.6

47

Calculate the maximum conversion that may be achieved if the feed enters at
27°C. Only A and B are in the feed. The following data are available:

AHpy = -120,000 J/mol
Cpa =Cpp = Cpc = Cpp =100 J/molK

K, (equilibrium constant) = 500,000 at 50°C

FAO = FBO =10 mol/min

A first-order endothermic reaction is carried out in a constant-volume batch
reactor.

(-10,000\ .
— | Min

8

A — B therate constant is: k = 0.20 exp

The enthalpy of reaction is 50,000 J/mol. The reactor volume is 1 m? and con-
tains 1000 kg of mixture. There are initially 10,000 mol of reactant A in the reac-
tor. The reactor is heated to 400°C, during which time 10% of the initial A reacts.
When the temperature reaches 400°C, the reactor operates adiabatically. The
heat capacity of the mixture is a constant 2000 J/kg - K.

a. After the heating stops, how much time is required to achieve a final con-
version of 70% of the A originally present before the heating started?
b.  What is the final temperature in the reactor?

A first-order liquid-phase exothermic reaction

A—B

is carried out in a batch reactor. There is no heat transfer through the reactor
wall. The reaction mixture is to be held at a constant 40°C by the addition of an
inert coolant at a temperature of 25°C. The flow rate of coolant varies with time
so as to maintain the reactor temperature at 40°C. The following data are
available:

Heat capacity of all components Cp=2000]J/kg K (assume constant)
Density of all components 1000 kg /m?

Heat of reaction AHy = -200,000 J/mol

Value of rate constant at 40°C 1.0x10*s™!

At time t =0, only compound A is present in the tank at a concentration of
8000 mol/m?3. The initial volume is 1.5 m3.

a. Calculate the conversion of A 2 h after the start of the reaction.
b. Calculate the rate of coolant addition 2 h after the start of the reaction.
c. Calculate the total amount of coolant added after 2 h.

211
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Consider an adiabatic constant pressure batch reactor in which a second-order
gas-phase reaction occurs

A+B = C (-1a)=kCaCs

The rate constant is independent of temperature and equals 0.01m3/mol - s.
The initial reactor temperature is 450 K and the pressure is 100 kPa. The initial
volume of the reactor is 1.0 m3. The reactor initially contains 30% by volume A,
30% B, and 40% inerts. The heat capacity of the mixture is a constant C,, = 1000
J/kg K. The average molecular mass of the initial material is 30 g/mol. The inter-
nal energy change on reaction is a constant AUy = —60 kJ/mol. Calculate
a. The time required to reach 80% conversion
b. The reactor volume at 80% conversion
c.  The reactor temperature at 80% conversion

Consider a constant-volume batch reactor in which a liquid-phase reaction
occurs. The reaction is a catalytic reaction (solid catalyst is used), and is repre-
sented by the following overall reaction, with second-order kinetics:

A+B—=C+D (-ra) = kCoCgmolof A/s - kgcat

The kgcat term means kg of catalyst and concentrations are in mol/m?. The
reaction rate constant is given by the following expression:

k=1x10" exp(@) m®/mol - s - kgcat

One cubic meter (1000 kg) of a fluid solution containing 2000 mol of A and
2000 mol of B are placed in the reactor. At time zero, 10 kg of catalyst is added to
the reactor and the reaction starts.

a. If the reactor is operated isothermally at a temperature of 100°C, calculate
how much time is required to reach 80% conversion.

b. If the reactor is operated adiabatically, and the initial temperature of the
mixture is 27°C, calculate the temperature of the reaction mixture when the
conversion is 80%.

AHg » = -50,000]/mol

Heat capacity of fluid = 4000 J/kg-K
Heat capacity of catalyst = 10,000 J/kg-K

Consider an adiabatic plug flow reactor in which a second-order ideal gas-phase
reaction occurs

A+B—C

The reactor feed is composed of 40 mol% A, 50 mol% B, and 10 mol% inert
material. The total inlet molar flow rate is 10 mol/s. The reactor inlet tempera-
ture is 300 K and the pressure is 101.325 kPa. The reaction rate is
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(=7a) = kCACgmol/s - m®> wherek = 1x 10" exp

(7_12’ 500) m®/mol - s

The concentrations are in mol/m?®. The enthalpy of reaction at 298 K is equal

to —50,000 J/mol. The heat capacities are

A:10]/mol-K, B:5]/mol-K, C:15]J/mol-K, and inert: 15 J/mol-K

The desired fractional conversion of A is 80%. Calculate the reactor volume
required.

411 Consider the reaction

A+B—C+D

The reaction is zero order. That is, the rate equation is

(-1a) = Aexp(i\ where A = 5 x 10° mol/m®s and E_ 7000 K
\R,T) R

8

The reaction is carried out in a CSTR of volume 0.02 m? that is operated adia-

batically. The inlet molar flow rates of A and B are 0.20 and 0.25 mol/s, respec-
tively. The total mass flow rate is 0.40 kg/s. The constant enthalpy of reaction is
—600 kJ/mol (of A) and the heat capacity of the feed stream is 4200 J/mol-K
(assume constant).

a. Calculate the outlet conversion if the reactor is operated at 340 K.

b. Derive a general steady-state mole balance for A. The result should be an
equation which gives the outlet conversion of A as a function of outlet
temperature.

c. For adiabatic operation with an inlet feed temperature of 300 K, develop the
steady-state energy balance. The result should be an equation that gives
outlet conversion as a function of outlet temperature.

d. Plot the mole and energy balances and identify the steady-state solution(s).

e. Comment on the stability of the steady state(s) obtained in part (d).

|
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Chemical Kinetics for Homogeneous Reactions

No study of chemical reaction engineering can be complete without an examination of
chemical kinetics. Kinetic analysis deals with the molecular processes involved in a chem-
ical reaction that lead to a formulation of the rate equation. In Chapter 3, the rate of reaction
was seen to be an integral part of the mole balance equation for a chemical reactor. In that
chapter, the rate equation was not considered in much detail and this chapter supplies
some of the necessary details. This chapter starts with a discussion of the general nature
of rate equations, and continues with a brief look at reaction rate theories. Rate equations
for both simple reactions and those that proceed via complex multistep mechanisms are
considered. Some of the common methods for deriving rate expressions from postulated
mechanisms are then given.

Reaction rate theories can provide some insight into the general form of a rate equation,
but cannot be used to obtain quantitative values for the constants in them. These constants
must be determined experimentally, and the latter part of this chapter is thus devoted to
an introduction to experimental techniques, including data analysis and modeling.

5.1 General Nature of Rate Functions

In Chapter 1, the concept of the rate equation or rate function was introduced. The rate
equation endeavors to quantify the rate of a chemical reaction. The rate of a chemical reac-
tion depends on the temperature and the concentrations of the reactants, products, and,
sometimes, on the presence of other materials. The reaction rate function (or rate equation)
is the mathematical relationship between the rate of a chemical reaction, and the tempera-
ture and concentration. It is expressed either as a rate of disappearance of a reactant or as
the rate of formation of a product. For example, as seen in Chapter 3, the rate of disappear-
ance of a reactant A can be written in the generic form

(-ra) = f(T,C1,C,,Cs,...,C)) (5.1)

where (-7,) is the rate of disappearance of reactant A. C; represents the concentration of any
species, j, present in the reacting mixture that influences the rate, and T is the temperature.
The concentrations and temperatures are local values at a given reactor position. As seen
in Chapter 3, in a plug flow reactor, the concentration varies with axial position and thus
so does the value of the reaction rate. In perfectly mixed reactors, either batch or flow, the
reaction rate is uniform over the reactor volume. There are a number of general observa-
tions that can be made about the nature of rate equations.

It is often the case that the rate of reaction decreases as the concentration of reactant A
decreases (i.e., as the conversion of A increases), although this is not always true. Reactions
that exhibit a decrease in reaction rate with a decrease in reactant concentration over the
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entire range of reactant concentration are often referred to as having “normal” kinetics.
Recall that the concept of “normal kinetics” was introduced in Chapter 3 when comparing
reactor sizes for PFR and CSTR. However, we emphasize that this type of kinetic behavior
is not always observed.

Often, the concentration and temperature dependence can be separated into two sepa-
rate and independent functions. Rate equations of this type can be represented in the form

(-1a) = A(T) x f2(C1,Ca,-., C;) (52)

The temperature dependence of the reaction rate may vary, but it usually contains an
exponential term. The various types of temperature dependence are discussed in more
detail shortly, but it is often expressed as the Arrhenius law:

fi(T) = AexP(IgET) (.3)
8

The origin of this temperature dependence is discussed below. In Equation 5.3, the con-
stant A is known as the preexponential factor, E is the activation energy, R, is the universal
gas constant, and T is the absolute temperature (i.e., the temperature in kelvin). The units
of E/Rg are kelvin and E/Rg T is dimensionless.

The concentration dependence in rate equations exhibits many forms. One of the most
commonly encountered forms of concentration dependence is the power law-type expression.
For example, if the rate of reaction depended on the concentrations of three species (denoted
with subscripts 1, 2, and 3), the power law form of the concentration dependence might be

L(O) = GGG 54)

In Equation 5.4, 0, is called the order of reaction with respect to component j. The overall
order of the reaction is given by the sum of all of the o, values. Note that the value of o; may
or may not be an integer, and that there is in general no relationship between the o;’s and
the stoichiometry of the reaction. Rate equations that have a concentration dependence of
the power law type offer the advantage of computational simplicity in many calculations.
Such expressions may be based on theoretical foundations or simply represent empirical
equations that correlated experimental data. In fact, a large number of chemical reactions,
even those that involve complex multistep processes, can be described by power law mod-
els, especially over fairly narrow ranges of operating conditions.

When the reverse reaction is significant, the reaction rate equation may be written as a
difference between forward and reverse reactions. Consider, for example, the reversible
reaction

A+B=C+D (5.5)

If the rate equation exhibits a separable concentration and temperature dependence, the
rate equation would typically have the form

(-7a) = fl(T)fz (CA/CB) - fs(T)f4 (CC/CD) (5'6)
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There are many rate expressions in which the dependence of the rate on temperature
and concentration cannot be separated into two independent functions. For example, con-
sider the simple irreversible reaction

A—B (5.7)

An example of a rate expression with nonseparable temperature and concentration
dependence for this reaction is given below.

(-1a) = ( faCa G.8)

1+ kZCA)

Both rate parameters, k; and k,, are functions of temperature, and thus the rate cannot be
expressed neatly as the product of two functions, one each for temperature and concentra-
tion dependence. As will be seen later, kinetic expressions that cannot be neatly divided
into separate functions of temperature and concentration occur often in catalytic
reactions.

The variety of rate expressions that are encountered in practice is large: brevity necessi-
tates that only a few of these will be discussed in this book.

5.2 Reaction Mechanism

One of the most important factors in understanding reaction rates is the reaction mecha-
nism. Broadly speaking, the reaction mechanism is a description of the molecular-scale
process by which reactants are turned into products. The reaction mechanism consists of
a sequence of elementary steps, each of which involves a collision between moieties, which
might be atoms, molecules, or free radicals. Each reactive collision produces a product or a
reaction intermediate. A reaction intermediate is an identifiable species that is not consid-
ered a final product. Intermediates are often short-lived species such as free radicals.
A comprehensive understanding of a reaction mechanism can be used to develop theoreti-
cally based rate expressions, which in turn can be used to design reactors to work more
efficiently and effectively.

Reaction mechanisms vary greatly in complexity. Simple reactions may proceed via a
single reactive collision, while in complex systems, multiple-step mechanisms may involve
literally hundreds of reactive intermediates.

5.2.1 Rate Expressions for Elementary Reactions

If the reaction mechanism consists of a single collision (in which reactants collide and form
products in a single step), the reaction is said to be elementary. The rate equations for ele-
mentary reactions are straightforward to write. The rate is proportional to the concentra-
tion of each reactant raised to the power of its stoichiometric coefficient. For example,
consider the irreversible reaction

A+B—-=C+D (5.9



218 Introduction to Chemical Reactor Analysis

If this reaction were elementary, then the rate equation for the forward reaction would
be deduced directly from the stoichiometry and written as

(=7a) = kCACs (5.10)

Note that only one form of the overall reaction can represent an elementary reaction.
Thus, the same reaction written as

2A +2B - 2C + 2D (5.11)

would not be elementary. There are many examples of elementary reactions; however, it is
rarely obvious whether or not a reaction is elementary from the stoichiometry. There are a
number of pointers, however, to when a reaction is not elementary. These are summarized
in the following.

If the stoichiometric coefficients in the reaction are not integers, the reaction cannot be
elementary. For example, a reaction might be represented by the following overall
stoichiometry:

A — 1.62R + 0.75S (612

This reaction is not elementary as written because the stoichiometric coefficients in the
reaction are not integer values.

Not only must all of the stoichiometric coefficients be integers, but the sum of the stoi-
chiometric coefficients for the reactants should be three or less. That is, only two or three
molecules should be involved in the collision that produces the reaction. Although elemen-
tary reactions could theoretically involve more than three molecules, the number of such
collisions that would occur in practice would give very low reaction rates. Thus, if a reac-
tion proceeds at an observable rate, the probability that a four body or higher collision is
required is remote. For example, we can write the reaction between nitrogen and hydrogen
to produce ammonia as

Nz + 3H2 g 2NH3 (513)

All of the coefficients in this reaction are integers. However, the sum of the stoichiomet-
ric coefficients for the reactants is four, which implies that an elementary reaction would
require the simultaneous collision of one nitrogen molecule with three hydrogen mole-
cules. Statistically speaking, the number of four body collisions is relatively low, which
implies that the reaction rate from such a mechanism would be very low. Furthermore,
both forward and reverse reactions must be elementary for the reaction to be considered
an elementary reaction. For example, the decomposition of ammonia into hydrogen and
nitrogen could be written as

2NH3 e N2 + 3H2 (514:)

The sum of the coefficients for this forward reaction is two, which is within the bounds
of acceptability; however, the reverse reaction, involving a four body collision is unlikely.
Therefore the forward reaction shown here is also unlikely to be elementary. In other
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words, both the forward and reverse reactions must be elementary or neither will be. This
concept is known as the principle of microscopic reversibility.

Experimental data may also be used to test a hypothesis that a reaction is elementary.
For example, experimental data may not be well correlated by the rate equation based on
an elementary reaction. Consider the reaction

A+B—-=C+D (5.15)

If the reaction were elementary, the rate equation for the forward reaction would be

(=7a) = kCACs (5.16)

If this type of rate expression does not correlate experimental data well, then the reaction is
also not elementary. It should be noted, however, that even if the experimental data do obey
the postulated rate equation, this does not necessarily imply that the reaction is elementary.

5.2.2 Rate Expressions for Nonelementary Reactions

For nonelementary reactions, the reaction mechanism is composed of a sequence of non-
elementary steps. If the reaction mechanism can be deduced, it may be possible to derive a
rate expression from it. Some of the methods for doing this are explained later in this
chapter. However, it is not always possible to identify the mechanism of a reaction and, even
if identified, it may not be possible to derive a rate equation from it. As a result, many rate
expressions used in reactor design are purely empirical equations. These equations are
generally referred to as models. It is important to appreciate that reaction models without
any theoretical underpinning are widely used, and can be sufficient for design purposes.
Indeed, few of the very successful processes in use today would exist if the developers had
waited until all of the theoretical underpinnings were known.

5.3 Theoretical Analysis of Reaction Rate

Considerable effort has been made to develop fundamental theories for chemical reac-
tions. Although much progress has been made in the understanding of reaction rates, reac-
tion rate theory cannot as yet be used to predict the value of rate constants. However, it is
useful to discuss briefly two reaction rate theories, as there are some useful concepts to be
learned from them, such as the origin of the temperature dependence of the reaction rate.
Two elementary reaction rate theories are collision theory and absolute reaction rate theory.
Note that these rate theories deal with elementary steps.

5.3.1 Collision Theory

The collision theory was developed in an attempt to produce a working theory of reaction
rates and thereby to calculate the value of a rate constant. Collision theory is based on a sim-
plified version of the kinetic theory of gases, in which molecules are modeled as hard spheres.
The hard sphere assumption is only approximately valid for very simple reactions, such as
those between simple atoms. The underlying idea is, however, correct in that reactions occur
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as a result of collisions between molecules. For dilute gases, the kinetic theory of gases pre-
dicts that the frequency of collisions between molecules of A and molecules of B, Z,g, is

(Ma + Msg) e

AMB

Zxp = |8aR,T 04sCACpN? (5.17)

The units of Z,; are collisions/volume-time. M, and My are the molecular masses of A
and B, respectively, and 6,3 is the collision diameter, defined as 6, + 6;/2. The diameter of
the molecule, o, is given in many references. N, is Avogadro’s number, and C, and Cj are
the concentrations of A and B in units of mol/vol.

At normal temperature and pressure, the number of collisions predicted by Equation
5.17 is of the order of 10% (collisions/cm3-s), which is a very large number. This value is
much higher than the observed reaction rate, and to account for the difference it is neces-
sary to introduce the idea of an “effective” collision. An effective collision is one that results
in a reaction, and, because the rate of most chemical reactions is substantially lower than
the number of collisions between reactants, it necessarily follows that not all collisions
result in a reaction. There are two reasons why not all collisions are effective. The first
reason is that the orientation of the molecules when they collide may not be correct for
reaction to occur. To account for this fact a steric factor, s, is introduced, which is defined
as the fraction of collisions that occur in which the molecules have the correct orientation
for reaction. Depending on the shape of the molecules involved in the reaction, this factor
can be a fairly low number. The second reason that a collision may not result in a reaction
is that a minimum energy, E, is required for the collision to result in reaction. Typically, the
energy distribution among the molecules in a system follows a Maxwell distribution, and
from this distribution, the fraction of molecules having or exceeding the minimum energy
required for reaction is given by an exponential expression

exp] ~E
&)

Adding the steric factor and the energy distribution function to Equation 5.17 gives the
number of collisions resulting in reaction as

(=7a) = $Zas eXP(_E) CaCp = kCACs (5.18)

R,T

From Equation 5.17, it is seen that Z,5 is proportional to the square root of T; therefore,
the temperature dependence of the rate constant, k, is predicted by collision theory to be
of the form

kT exol “E )
k = koT eXpLRgTJ (5.19)

Thus, the rate constant is predicted to depend on the temperature according to a square
root and exponential dependence. This type of dependence is now compared to that
deduced from the second theory, absolute reaction rate theory.
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5.3.2 Absolute Reaction Rate Theory

Absolute reaction rate theory has its origins in statistical thermodynamics. The fundamen-
tal basis is beyond the scope of this book; the general idea and the result will be presented
briefly. The theory states that for a chemical reaction to occur the reactants must first form
an activated complex. This complex is regarded as being located at the top of an energy
barrier lying between the initial and final states, and the rate of reaction depends on the
rate at which the activated complex can travel over this barrier.

Consider some reversible reaction represented by the following overall reaction:

A+B%C+D (5.20)

Assume that the route from reactants to products includes the formation of an activated
complex as an intermediate, which is denoted AB'. If the intermediate is included in the
reaction scheme, and furthermore it is assumed that all steps are reversible, the reaction
can be represented as

A+B=AB =C+D (.21)

The activated complex can be viewed as lying at the top of an energy barrier between reac-
tants and products, as illustrated in Figure 5.1. Essentially, molecules of A and B must be
involved in a sufficiently energetic collision to form the activated complex. Once formed, the
activated complex may either decay into products or revert to the original reactants. The
height of the energy barrier for the forward reaction (E)) is the activation energy for the for-
ward reaction. Similarly, the height of the barrier for the reverse reaction (E,) is the activation
energy for the reverse reaction. The difference between the forward and reverse activation

Potential energy

Reactants
AHy

Reaction coordinate

Products

FIGURE 5.1
Potential energy plot of a chemical reaction. The reactants must pass over the energy barrier to become
products. The activated complex sits at the top of the energy barrier.
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energies is the enthalpy change on reaction, AHy, as shown in Figure 5.1. The detailed deriva-
tion of the rate equation from the absolute reaction rate theory is beyond the scope of this
text. After some theoretical analysis, the following expression for the reaction rate is obtained:

[ -E\
—ta) = koT —— | CaCs 5.22
(=7a) Pl & 7 (5.22)

It can be seen that the basic form of the rate equation is different from that produced by
collision theory, in that the temperature dependence of the rate constant is different (see
Equation 5.19).

5.3.3 Temperature Dependence of Rate Constant

Collision theory and absolute reaction rate theory as discussed in Sections 5.3.1 and 5.3.2
predict different temperature dependencies of the rate constant. These dependencies can
be summarized in the following two equations:

k = k,T* exp(I;ET) (collision theory) (5.23)
s
k = koT exp ( I;ET) (absolutereaction rate theory) (5.24)
g

Other kinetic theories, or different variations of these two theories, predict concentration
dependence similar to collision theory and absolute reaction rate theory, but with different
temperature dependence of k. A common feature of all of the theories is an exponential
dependence of the rate constant on temperature. An additional power law term differs in
form from theory to theory. A general equation for the temperature dependence of the rate
constant, which incorporates the temperature dependence predicted by the different rate
theories, is

k = kTN exp(é) (5.25)

In Equation 5.25, the power N can have values in the range from -2 to +2, depending on
the assumptions that are made in the rate theory upon which the derivation of k is based.
However, if the In of the rate constant is plotted against the inverse temperature, a straight
line plot frequently results, as illustrated in Figure 5.2. This linear behavior often results
because the term TV will tend to change much more slowly than the exponential term,
especially if a small temperature range is considered. As a result, it is very common to
write the temperature dependence of the rate constant using only the exponential portion,
that is, using the Arrhenius law:

k=A exp(_E) (5.26)

R,T
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In(k)

A J

l/RgT

FIGURE 5.2
Typical temperature dependence of the reaction rate constant observed in practice. This plot is often called an
Arrhenius plot.

Note that constants in more complex rate equations may also follow the Arrhenius tem-
perature dependence, for example, the rate equation might have the form

_ kCa
(=7a) T+ kC (5.27)
The rate constants in Equation 5.27 might be given by
(-E) (-E)
k=A d k,=A 5.28
1 1 eXpLRgT) an 2 2 eXPLRgTJ (5.28)

One important observation that should be made at this point is that the exponential
dependence of the rate constants on temperature can lead to very large changes in the
value of the rate constant for comparatively small changes in temperature.

5.4 Rate Equations for Nonelementary Reactions

Many reactions have been found to proceed via a sequence of steps, known as a reaction
mechanism, rather than as the result of a simple molecular rearrangement that occurs with
a single collision. Many types of rate expressions have been experimentally observed for
such reactions, including first order, fractional order, and complex expressions. In some
cases, it is possible to postulate a reaction mechanism and derive the form of the rate
expression from this mechanism. Some of the techniques used to accomplish this derivation
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are explained in this section. Note that in the next few sections, to simplify the nomencla-
ture, the concentration of a species will be denoted using the square bracket nomenclature,
for example, the concentration of A is denoted [A].

5.4.1 Unimolecular Reactions

We begin the discussion of nonelementary reactions by considering the case of a unimo-
lecular reaction. A unimolecular reaction is one that involves only a single molecule that
can either undergo an isomerization reaction or decompose into two or more parts. In a
unimolecular reaction, the activated complex must consist of only a single molecule of
reactant that has attained sufficient energy to climb the energy barrier to reaction. The
reactant molecules must obtain this energy from collisions with other molecules. It would
appear that this requirement would imply a second-order reaction; however, the classic
work of Lindeman (described below) demonstrated how first-order rate expressions could
be achieved for unimolecular reactions.

5.4.1.1 Lindeman Mechanism

The Lindeman mechanism was developed to explain how a first-order rate expression
could be achieved for what was in effect a second-order reaction. We consider here only
the basics of the method, although the original theory has been modified to account for
some inconsistencies in the original derivation. Consider the unimolecular reaction given
by the overall expression

A—B (5.29)

In some cases, this type of reaction has been observed to follow a first-order rate expres-
sion, that is

(=7a) = k[A] (5.30)

Lindeman proposed that the reaction followed the two-step mechanism involving the
collision of two molecules of A to form a high-energy molecule of A, which could then
react to form a molecule of B. This proposed scheme can be represented by the following
two-step mechanism:

A+ A== A0 A (5.31)

In this scheme, the first step is a collision between two molecules of A, represented by
Equation 5.31. In this collision, there is some energy transfer resulting in the formation of
A* which is an “activated” A molecule. This energized A can then react to form the prod-
uct B, as described in Equation 5.32. If each of these reaction steps is treated as an elemen-
tary reaction, the following two reaction rates can be written. The rate of disappearance of
nonactivated A is

(-1a) = ki[A] - ka[A][A%] (.33)
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The net rate of formation of “energized” A molecules is

(+7,) = KIAP - kA[A][AY] - ko[A%] (5.34)

This mechanism must be analyzed to produce a rate equation consistent with observed
behavior. It is desirable to eliminate the concentration of energized molecules, [A*], because
it is not usually an easily measurable quantity. This elimination can be done by using the
steady-state hypothesis.

5.4.1.2 Steady-State Hypothesis for Lindeman Mechanism

The steady-state hypothesis is a powerful tool for developing rate equations from mecha-
nisms that include reactive intermediates. The hypothesis assumes that the net rate of
formation of an intermediate is negligible and may be approximated by zero, often a rea-
sonable assumption for highly reactive intermediates such as free radicals. Apply this
hypothesis to the Lindeman mechanism by assuming that the net rate of formation of A*
is zero. From Equation 5.34

(+#73:) = 0 = KA - {ku[A] + o} [A%] (5.35)

Equation 5.35 can be rearranged to give an explicit equation in [A*]

kAP
A= ———— 5.36
[A%] ks + ka[A] (5.36)
Back substitute Equation 5.36 into Equation 5.33 to get
kAT
—1a) = k[AT - k4[A]] - 5.37
(-r3) = kIAT - k. ]{k2+k_1[A]} 637)

Equation 5.37 is expanded by expressing both terms on the right-hand side in terms of
the lowest common denominator and combining

(—T’A) _ ki [AF + kik[AP - kika[A]

5.38
ka + ka[A] 539
Simplification of Equation 5.38 gives the final rate equation
2
() = Al (5.39)

ko + ko[A]

When the concentration of A is relatively large, the term k, [A] will be much greater than
k,, and will dominate the denominator. In this case, the rate will simplify to the expression

(-7a) = (kklklz) [A] = K[A] (5.40)
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Equation 540 is apparently first order. At low concentrations of A, the value of k, will
dominate in the denominator, and thus the rate reduces to an apparently second-order
equation

(—T’A ) = kl[A]2

This type of behavior, where the reaction rate is first order at high reactant concentra-
tion, but switches to second order at low reactant concentration, has been observed for
many reactions.

5.4.2 Rice—-Herzfeld Mechanisms

Reactions involving organic substances are of major importance in the chemical industry
and consequently have been the subject of much study. Many organic gas-phase reactions
follow power law type rate equations of the following form:

(=) = kCA (5.41)

In Equation 5.41, n can have simple values such as 0.5, 1, or 1.5. In spite of the compara-
tively simple rate equations, which in some cases might suggest that a single elemen-
tary reaction is responsible for the reaction, the mechanism of such reactions have been
shown to proceed via complex free radical mechanisms comprised of the following
overall steps:

Initiation: Formation of free radicals by the parent reactants

Propagation: Reaction of free radicals with reactants to produce products and more
free radicals

Termination: Destruction of free radicals by reaction between two of them

The following examples will be used to illustrate the method proposed by Rice and
Herzfeld to develop rate expressions based on proposed free radical mechanisms. The
reader should note that the mechanisms illustrated in the following sections do not neces-
sarily represent the “correct” mechanism. These types of reactions are quite complex, and
there is often disagreement in the literature as to the exact steps occurring. Furthermore,
the reaction mechanism may change under different operating conditions. The examples
given are intended solely to illustrate the methodology of rate expression derivation using
the steady-state hypothesis.

Case 1. Three-half-order kinetics: The decomposition of acetaldehyde

The thermal decomposition of acetaldehyde to form methane and carbon monoxide is rep-
resented by the following overall reaction:

CH,CHO — CH, + CO (5.42)

Traces of C,H, are also formed in the decomposition reaction. The reaction rate can be
expressed in terms of the rate of disappearance of CH,;CHO or the rate of formation of
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CH, (or CO). In this reaction, these rates are not equal because some of the CH,CHO forms
C,H;. The rate of formation of CH, has been observed to follow a rate expression of the
form

ey = k[(jI_Ig,(jHO]]5 (54:3)

A reaction order of 1.5 cannot result from an elementary reaction, and the following
mechanism for this reaction has been suggested:

CH,CHO —%— CHj + CHO" (5.44)
CHj + CH;CHO —2— CH, + CH,;CO’ (5.45)
CH,CO" —&— CH; + CO (5.46)
2CH; —%— C,H; (5.47)

CHO" —:— CO+H’ (5.48)

H' + CH,CHO —*— H, + CH,CO’ (5.49)

We want to use the steady-state hypothesis to derive a rate expression based on this
proposed mechanism. To start the derivation, apply the steady-state hypothesis to the
CH; radicals by setting their net rate of formation equal to zero. CHj radicals are
formed in reactions (5.44) and (5.46), and consumed in reactions (5.45) and (5.47).
Therefore, the net rate of formation, which is equal to zero, is given by the following
equation:

ki[CH;CHO] - k,[CH3][CH;CHO] + k3[CH,CO'] - ky[CH3J* = 0 (5.50)

Using a similar approach, application of the steady-state assumption to the net rate of
formation of the CH;CO" radicals gives the equation

k,[CH;3][CH;CHOJ - k3[CH;CO’] + k¢[H'][CH;CHO] = 0 (5.51)
Adding Equations 5.50 and 5.51, and rearranging gives

[CH;] = (’“;{‘6“{]) [CH.CHOJ* (5.52)

The hydrogen radicals must be eliminated next. The net rate of formation of H” is
obtained from Equations 5.48 and 5.49, as follows:

ks|[CHO'] - ks[H'][CH;CHO] = 0 (5.53)
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Rearranging this expression gives the following expression:

_ ks [CHO']

HT=-
s [CH;CHO]

(5.54)

This expression for H” still contains a free radical concentration, that of CHO™ This spe-
cies is formed in Step 1 and destroyed in Step 5, so at steady state, its net rate of formation is

k[CH;CHO] - ks[CHO'] = 0 (5.55)

Combining Equations 5.54 and 5.55, then gives

..k [CH;CHO] kK
H]= -t 2
[H] ks [CH,CHO] ~ ks (5:56)

When Equation 5.56 is combined with Equation 5.52, we obtain

2%

[CH;] = ( P )05 [CH;CHOJ*® (5.57)

4

CH, is involved only in the reaction given by Equation 5.45

feny = ko[CH3][CH,CHOL (5.58)

Substituting the methyl radical concentration from Equation 5.57 into Equation 5.58
gives the rate of formation of methane:

2k 0.5
ew, = kz(k—l) [CH,CHO]” (5.59)

4

The apparent rate constant is a function of the rate constants of three steps in the mecha-
nism. Each of these rate constants is an exponential function of temperature, and each step
has its own activation energy. The apparent activation energy of the reaction would thus
be a combination of the three activation energies of the elementary steps, as follows:

1
E=E + E(E1 - E,) (5.60)

Case 2. First-order kinetics: The decomposition of ethane

The decomposition of ethane (ethylene) into ethene and hydrogen is an important reaction
for the production of ethene, which is used in the production of many useful products.
One possible mechanism that has been proposed is composed of the following steps:

C,Hy —— 2CH; (5.61)
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CHj; + C,H,—2—CH, + C,H; (5.62)
CH: —2—-CH, +H (5.63)

H' + C,H, ——H, + C,H; (5.64)
H' + C,H:; ——C,H, (5.65)

Once again the steady-state hypothesis can be applied to each of the free radicals. The
CHZ radicals are formed in reaction (5.61) and are destroyed in reaction (5.62). The net rate
of formation of methyl radicals is therefore

ki[CoHe] - ko [CH3][CHg] = 0 (5.66)

The C,H5 radicals are formed in reactions (5.62) and (5.64), and destroyed in reactions
(5.63) and (5.65). Therefore, the net rate of formation is

ko[CH31[CoHs] - k3[CoHs] - ks[CoH5I[H'T + ky[H'][CoHe] = 0 (5.67)

The H" radicals are formed in reaction (5.63), and destroyed in reactions (5.64) and (5.65),
therefore

ks[CoHs] = ks[H1[CoHs ] - ks[CoH][H] = 0 (5.68)

If we add Equations 5.66 through 5.68, a number of terms cancel and we obtain, after
rearrangement

o _ ki [CoHe]
[(H]= = 5.69
ks [CH] o0
Equation 5.69 is substituted into Equation 5.68 to give a quadratic equation
2ksks[CoHEY = kaka[CoH)* ~ kski[CoHG [C-H3] = 0 (5.70)

Equation 5.70 is solved using the quadratic formula to give the solution in terms of [C,Hz:

Gk (kY Rk ] L
[CZHS] = {4](3 + |:(4k3) + 2k5k3:| }[CzHé] = k [C2H6] (571)

The rate constant k” is a lumped parameter comprised of the combination of constants.
The rate of formation of C,H, is given by reaction (5.63):

+1c,H, = k3[C2H;] (572)
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Substituting Equation 5.71 into Equation 5.72 gives the rate of formation of ethene:

+rC2H4 = k'/[C2H6] (573)

Here, k” is another lumped kinetic parameter. The overall reaction is first order in ethane
concentration. An alternative reaction mechanism is used in a problem at the end of the
chapter. The final form of the rate equation depends on the number of radicals that partici-
pate in the initiation and termination steps, and a variety of possible combinations have
been observed.

The examples considered in Section 5.4.2, while complex, are still relatively simple.
Although it is dangerous to generalize, it is usually observed that the reaction mechanism
increases in complexity as the size of the molecules increases. For example, combustion
reactions of hydrocarbons of the gasoline (petrol) molecular mass range involve hundreds
of steps and an equal number of reaction intermediates. In such cases, it can be very diffi-
cult to identify the reaction mechanism and, if it is identified, to derive a simple rate equa-
tion from it.

5.4.3 Complex Gas-Phase Reactions

Complicated mechanisms can also give rise to rate expressions that are not of the power
law form. A classic example is the formation of HBr from H, and Br,, which can be repre-
sented by the following overall reaction:

H, + B, — 2HBr

The proposed mechanism is summarized below:

Initiation:
k1
Br, — 2Br’ (5.74)
Propagation:
k
Br' + H, — H' + HBr (5.75)
k
H" + Bn, = Br® + HBr (5.76)
k
H' + HBr — H, + Br' (5.77)
Termination:
ks
2Br" — Br, (5.78)

The steady-state hypothesis can be used to develop a rate expression for this mechanism
by applying it to the reactive intermediates. We start by the process by writing the overall
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reaction rate for hydrogen bromide. HBr is formed in reactions (5.75) and (5.76), and
destroyed in reaction (5.77). The net rate of formation is therefore given by

fape = ko[Br'][Hz] + ks[H'][Br,] - ky[HBr][H'] (5.79)

The steady-state hypothesis can be applied to the net rate of formation of both Br*and H*
radicals to give the following equations. The H” radicals are involved in the propagation
steps, that is, reactions (5.75) through (5.77). Thus, we obtain an expression for the net reac-
tion rate:

tp = 0 = ko[Br'][H,] - ks[H'][Br,] - ky[H'][HBr] (5.80)

The Br” radicals are involved in every step, that is, in reactions (5.74) through (5.78). The
net rate of formation is thus given by

rBr' =0= 2k1[Br2] - kz[Br.][Hzl + ks[H.][Brz] + k4[H'][HBr2] - 2k5[Br']2 (581)
Combining Equations 5.80 and 5.81 followed by simplification gives an expression for
the concentration of Br™

0.5

Bl - (] (B 652
Equation 5.82 can then be substituted into Equation 5.80 and the result rearranged to

give an equation for the concentration of H™

ﬂﬂ_mMmﬁ%FMA
"~ ks[B] + ky[HBr]

(5.83)

Equation 5.80 can be subtracted from Equation 5.79 to simplify the expression for the rate
of formation of HBr:

tupe = 2ks[H'][Br] (5.84)

Finally, substitute Equation 5.83 into Equation 5.84 to give the rate expression for the
formation of HBr:

0.5 1.5
hpg = 2k3k2 (k1 /k5) [H2 ][Brz] (585)
k3 [Brz] + k4 [HBI']

Equation 5.85 is obviously not of the power law form seen in previous cases. The tem-
perature and concentration dependence of the reaction rate cannot be separated.
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5.4.4 Rate-Determining Step Method for Deriving Rate Expressions

The pseudo-steady-state hypothesis is not the only technique that has been used to derive
rate equations from proposed mechanisms. Although it works well in many cases, and leads
to rate expressions that successfully describe experimentally observed reaction rates, it is by
no means universally applicable. Another common approach used to derive rate expressions
from proposed mechanisms is called the rate-determining step method. In this technique, it
is assumed that one step in the mechanism is intrinsically slow compared to the others, and
thus controls the rate. This step in the mechanism is essentially the “bottleneck” in the
mechanism. The other steps are intrinsically very fast compared to the rate-determining
step, and as a result may be assumed to be in equilibrium, that is, their net rate of reaction is
negligibly small. This method is widely used in developing rate equations for catalytic reac-
tions, as shown in Chapter 8. The method is illustrated here for a homogeneous reaction.

The formation of phosgene from chlorine and carbon monoxide can be described by the
following overall reversible reaction:

CO + Cl, == COCl, (5.86)

The rate of formation of phosgene has been observed to obey the following rate
expression:

reoc, = k¢[COJ[CL]" - k[CcOCL ][CL]* (5.87)

Such a complex expression cannot result from an elementary reaction. We now examine
two proposed mechanisms, and use the rate-determining step method to derive rate
expressions based on each one. The first proposed reaction mechanism is composed of
three elementary steps:

k1

Cl, k—T\ 2CI (5.88)
CO +CI' kki cocr' (5.89)
CocCl’ + Cl, ::3 CocCl, + CI' (5.90)

In the proposed mechanism, the rates of the reactions represented by Equations 5.88 and
5.89 are taken to be very fast and are assumed to proceed to equilibrium. The overall rate
of the reaction is controlled by Equation 5.90, which is known as the rate-determining step.
The rate of reaction is written in terms of the rate-determining step, that is

tcocl, = k3s[COCI'][Cl,] - k5[COCL,J[CI"] (5.91)

It is necessary to eliminate the free radical concentrations from Equation 5.91. Reaction
(5.88) is assumed to be in equilibrium and thus the net rate of reaction is equal to zero.
Therefore

ki[Cl,] = k4[CI' (5.92)
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The concentration of C1”* can be expressed explicitly by rearrangement to give

0.5

[Cr' - (kk—jl[cu) 59)

Reaction (5.89) is also assumed to be in equilibrium. Setting the net reaction rate to zero
gives

ky[CI'][CO] = k_,[COCT'] (5.94)

Equation 5.94 is also rearranged to give

[COCI'] = :—2 [CI'][CO] (5.95)

-2

Substituting Equation 5.93 into Equation 5.95 gives

o ﬁ ﬁ 0o 0.5
[COCI] = k_z(k_l) [COIICL] (596)

Using Equations 5.93 and 5.95 to eliminate [COCI”] and [C]¥] in Equation 591 gives

k k 0.5 k 0.5
reocs, = kgi(fl) [COJICL]" - k_3(—1) [COCL]ICL]* (597)
ko \ iy K

This rate equation is the same as the one observed to correlate the experimental data
(Equation 5.87), provided that

kz kl 0.5
k= ks> -
/ k(k)

and

The steady-state/rate-determining step approach involves different assumptions than
the steady-state hypothesis. Depending on the assumptions that are made in proposing
the mechanism, either method may provide a rate equation that is consistent with the
experimental data. The rate-determining step approach is extensively used in developing
rate expressions for catalytic reactions. Rate equations for catalytic reactions are discussed
in Chapter 8.

It is seldom the case that a single reaction mechanism is considered when investigating
the kinetics of a chemical reaction. The mechanism of any given reaction is often the subject
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of much controversy and debate in the literature. For example, another proposed mecha-
nism for the formation and decomposition of phosgene is composed of the following
sequence of steps:

k1

Cl, == 2cI (598)
Cl' + Cl, k": Cl; (5.99)
Cli + CO == COCl, +CI (5.100)

Reaction (5.100) is the rate-determining step; thus, the reaction rate is given by

fcoa, = k3[COJ[Cl3] - k_3[COCL][CI'] (5.101)

Using the same approach as for the first proposed mechanism, reaction (5.98) is assumed
to be in equilibrium; therefore

0.5

[CI] = {Ifl[cb]} (5102)
-1
Reaction (5.99) is in equilibrium and, therefore
. ky o .
[Cl3] = r[Cl 1[CL:] (5.103)
2
Substituting for [C1”] from Equation 5.102 gives
ok (k)7
[CL3] = kfz(kfl) [CL]"S (5104)
2 \NK1

Substituting for [Cl3] and [C]”] from Equations 5.104 and 5.102 into Equation 5.101 gives
the rate expression

)0'5 [COINCLI" - k. (lii

Tcoc, = ks

Lz(ﬁ

.5 o
ol | rcocniicn) (5105)

-1

This rate expression is identical to that derived from the other proposed mechanism. In
this case

ky (ki 05
k= ks> %
! 3k,z(k,1)
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and

Either of these two mechanisms could explain the observed kinetic behavior, which
leads to an important observation. Simply because a proposed mechanism is capable of
generating a rate expression that is consistent with the observed experimental behavior,
the mechanism is not necessarily valid. Additional information is often required to nar-
row the choice of a mechanism. For example, in the example given here, it is generally
accepted that the first mechanism is more consistent with other experimental observa-
tions. It is very important to appreciate the difference between a reaction mechanism and
a mathematical model for the reaction. From an engineering point of view, it may be more
important to have a reliable mathematical model, and less important to understand the
detailed mechanism.

5.5 Mechanisms and Models

In the previous sections of this chapter, we explained how rate equations could be derived
from proposed mechanisms. It is worthwhile to summarize the key points of these previ-
ous sections prior to a description of some of the methods used to estimate reaction rate
parameters. The main points from the previous sections are:

1. All reactions proceed via a sequence of steps at the molecular level, which, taken
together, comprise the reaction mechanism.

2. The mechanism may comprise a single step (elementary reaction) or a sequence of
steps.

3. The reaction mechanism, if known, can be used to develop a rate function, with
the reaction rate expressed as a function of reactant and product concentration,
and temperature. Usually, the development of the rate equation from the mecha-
nism involves making some assumptions.

4. The rate function, whether for an elementary reaction or one based on a complex
reaction mechanism, contains one or more temperature-dependent parameters.
The numerical value of these parameters cannot be calculated from first principles
and must be determined by experimental measurement.

The significance of these points should not be underestimated, especially point 4. The fact
that rate functions contain experimentally determined parameters, obtained by statistical
analysis of rate data, means that a certain degree of caution should be exercised when using
them. This is especially true when it comes to making statements about the validity of the
assumptions made in deriving the rate function. We have seen earlier that it is possible for
more than one mechanism to give the same rate function. It is also possible for two different
rate functions, derived from different mechanisms, to give an acceptable correlation of the
experimental data. It is often difficult to determine exactly the reaction mechanism.
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Furthermore, even if the reaction mechanism is reasonably well established, it may be so
complex that its use in a practical reactor model is too unwieldy. In such a case, simplifying
assumptions or “lumped” kinetics are often used. Although this latter point is of less con-
cern as the power of computers continues to grow; it is still valid. The net result is that the
rate function used to design or analyze a reactor should be regarded more as a model than
a mechanistic description of the reaction process.

A model is developed using experimental data collected over a limited range of operat-
ing conditions. The model should not be extrapolated to new conditions outside of this
range: even a model that is an exact description of the mechanism may not be correct if
extrapolated to new operating conditions because the reaction mechanism may change.
For example, a rate model that assumes that a certain step in the reaction mechanism is the
rate-determining step would not be appropriate under a new set of operating conditions
where the rate-determining step changed.

5.6 Experimental Methods in Rate Data Collection and Analysis

It follows from Section 5.5 that the essence of parameter estimation involves curve fitting
experimental data to rate equations. Therefore, from an experimental perspective, the task
is to collect data that are suitable for this purpose, either directly or after some degree of
manipulation. Many methods are used by experimentalists in kinetic investigations, so
this section is meant only to serve as a brief introduction to this area. It is important to note
that there is no general “recipe” that can be used for all kinetic studies. The nature of the
reaction is an important consideration; some experimental methods are better suited to
gas-phase reactions, while others may be appropriate if a liquid-phase reaction is being
studied. The presence of a heterogeneous catalyst can also be a significant factor when
selecting an experimental technique, a theme developed further in Chapter 11. In addition,
the heat effects of the reaction are important. The availability of equipment and computa-
tional tools may also influence the choice of experimental method.

The development of a rate function from experimental methods can be divided into a
series of steps:

1. A set of experiments is conducted in a small experimental reactor. Experimental
reactors used for obtaining rate data come in a variety of forms but usually they
are small bench-scale units. Typically, the reaction conditions such as flow rate,
inlet and outlet concentrations and temperatures, time, and so on are measured
and recorded.

2. The raw data are manipulated in some fashion to produce a set of data that are in
the correct form for the calculation of the parameters in the rate function. The
nature of this manipulation depends on the choices made in steps 1 and 3.

3. The reduced data are used to determine the functional dependence of reaction
rate on concentration and temperature. This dependence is determined using a
variety of statistical and numerical methods. Depending on the results, new
experiments may be planned.

The following sections describe some experimental reactor types and data analysis tech-
niques used to determine parameters in rate equations. As noted, there is not a single best
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method for conducting an experimental investigation and each method offers advantages
and disadvantages, which will have differing degrees of importance depending on the
reaction being studied.

5.6.1 Rate Data in Constant-Volume Batch Reactor

The CVBR is often used in the initial stages of a kinetic investigation, especially for homo-
geneous liquid-phase reactions. The advantages of the batch reactor are that a feed system
is not required and only a comparatively small amount of reactants and products are
needed. A disadvantage is that the initial state is often not well defined because a finite
and significant length of time may be required to reach the desired initial conditions: dur-
ing this time, some reaction may occur. The usual experimental procedure is to use an
isothermal CVBR, although sometimes adiabatic operation is used. Isothermal operation
reduces the number of parameters that must be simultaneously fitted, so it is considered
more desirable than adiabatic operation. Isothermal operation may, however, be difficult to
achieve if there are strong heat effects associated with the reaction.

The usual practice is to monitor the concentration of a specific species or the total pres-
sure as a function of time, that is, as the reaction proceeds. From the concentration (or
pressure) versus time data, it is necessary to obtain rate of reaction versus concentration
results, which are subsequently used to determine the rate parameters. There are two
main methods of analyzing CVBR data, the differential method and the integral method.
Each method has advantages and disadvantages, and neither is obviously the best for all
cases. These two methods are briefly presented in the following sections, with some
examples.

5.6.2 Differential Method of Analysis of CVBR Data

The constant-volume batch reactor produces a set of data: typically, these data are con-
centration of reactant in the reactor as a function of time. In the differential method of
analysis, the desired quantity is the rate of reaction at a given value of the concentra-
tion, and therefore the experimental data must be manipulated to obtain these values.
Recall from Chapter 3 the batch reactor mole balance equation for a constant-volume
reactor:

1 dN4 dCyu
(-ra) = voa T (5.106)
It is seen from Equation 5.106 that the reaction rate is the rate of change of concentration
of reactant A with time. Therefore, if we have collected data of concentration as a function
of time, it is necessary to differentiate the data to obtain the reaction rate. There are a num-
ber of ways of differentiating experimental data; we shall consider two of them. A typical
plot of C, versus time that might be obtained in a CVBR is illustrated in Figure 5.3: the
slope of the curve at any point is dC,/dt. The slope (and hence the reaction rate) at any
value of C, can be obtained by choosing the desired concentration on the vertical axis of
Figure 5.3, and then finding the slope that corresponds to this value. The problem is to
obtain a reliable value of the slope from the experimental data, which may contain some
experimental error. Two methods for obtaining the slope are to apply finite difference for-
mulae to the data, or to fit a curve to the data points and then differentiate the curve to
obtain the slope.
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v

Time

FIGURE 5.3
Typical concentration versus time curve that may be obtained in a constant-volume batch reactor. In this case,
A is a reactant.

5.6.2.1 Finite Difference Formulae

The slope can be obtained in a discrete manner by applying the finite difference formula
to the data points. Assume that we have N data points measured at various times.
Thus, let t, represent time 0, at which time the concentration of reactant A is given
by C,- The concentration at data point j, C,; corresponds to time #, and the last
data point is taken at time fy and corresponds to concentration C,y. The slope of the
line at time zero is expressed in terms of the concentrations at data points 0, 1, and 2,
that is

dCA —3CA0 + 4CA1 - CAz
(to) =

5.107
dt 2At ( )

The slope at the data points 1 to N —1 is written in terms of the concentrations at the
preceding and following points:

dCayy _ (Cajwi = Cajmr) (5.108)
dt 2At

Finally, the slope of the curve at the last data point, N, is given by

dCA B (CA,Nfz - 4CA,N—l + 3CA:N) 5.109
at ()= 2At o

These finite difference formulae are valid when the time step size is the same between
all data. The implementation of this method is straightforward.
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5.6.2.2 Fitting a Curve to the Data

An alternative to the finite difference method is to fit a curve to the data points. This curve
fitting may be done using a variety of numerical techniques and there are many programs
available for this purpose. After the equation for the concentration versus time curve has
been generated it can be differentiated, usually analytically, to determine the slope and
hence the reaction rate at any desired concentration. It is not always easy to determine
what type of equation should be used to fit the concentration—-time data. A polynomial is
often used for this purpose because it is conceptually straightforward to fit and differenti-
ate. It is usually preferable to use as few adjustable parameters as possible in this equation.
For example, a high-order polynomial that is curve fit to experimental data that contain a
significant degree of error may lead to oscillations, and physically meaningless behavior
of the reaction rate.

Once the derivative of the C, versus time curve is determined, a reduced data set con-
sisting of a table of reaction rates and concentrations can be generated. These data are used
to determine the values of the constants in the rate model. The techniques for performing
this operation are described in the next section.

5.6.3 Determining Form of Rate Expression

This section describes some of the methods that are used in evaluating rate constants from
reaction rate data. Note that the methods described in this section are not limited to batch
reactor data, but rather can be applied to rate data obtained in any reactor type.

5.6.3.1 Power Law Models

The first step in developing rate constants values is to assume some form for the rate
expression. This expression may be an empirical model or a model that has been derived
from an assumed mechanism using the methods outlined earlier in this chapter. For
example, for a unimolecular reaction, one might start by assuming that the reaction rate
obeys a simple power law model

(-7a) = kCA (5.110)

It is necessary to determine if there are values of k and n that will correlate the experi-
mental values. Equation 5.110 can be linearized by taking the logarithm of both sides, to
obtain the following equation:

ln(—rA) = In(k) + nIn(Ca) (5.111)

The constants k and 7 can be determined by regression analysis. The data may be plotted
as shown in Figure 54 to test for systematic deviation. In Figure 54, it is seen that the data
points seem to follow a straight line with a random deviation of the points from the line. If
a graph like Figure 5.4 is observed, the proposed model may correlate the data well over
the experimental range of concentrations. The goodness of fit should be tested using the
appropriate statistical parameters, and by comparing the model prediction to the
observations.
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In(-r,)

v

In(C,)

FIGURE 5.4

A plot of the In of the rate as a function of the In of the concentration of reactant A. The random nature of the
deviation of the experimental points from the line indicate that the model may be appropriate.

The data points may not follow a straight line; therefore, the proposed model would be
invalid. Alternatively, the data points may appear to be linear but show a systematic devia-
tion about the line. For example, the graph may give a result like the one shown in
Figure 5.5. In this figure, the data points are close to the line, but show a systematic devia-
tion, indicating that another model should probably be investigated to achieve a better
representation of the data.

For reactions that depend on more than one reactant concentration, such as bimolecular
reactions, a power law model may be proposed. For example, an irreversible reaction
between molecules of A and B might be assumed to have a rate equation of the form

In(-r,)

v

In(C,)

FIGURE 5.5

The plot In of the rate vs. In of the concentration shows a systematic deviation about the best fit line, indicating
that a power law equation may not be the best model for this reaction.
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(-7a) = kCACE (5.112)

Equation 5.112 can be linearized by taking the In of both sides, which gives

In(-75) = Ink + aInC, + BInCg (5.113)

To find the parameters in Equation 5.113, it is necessary to have values of (-r,) at different
C, and Cg. The presence of B in the rate equation means that a larger number of experi-
ments must be performed to eliminate the possibility of cross correlation. Consider the
reaction

A+B—C (5.114)

If experiments are conducted where the initial concentrations of A and B were the same,
then at any given time the concentrations of A and B would be equal because of the stoi-
chiometry of the reaction. Equation 5.113 would therefore simplify to

In(-r5) = Ink + (. + B)InCx (5.115)

It would thus not be possible to determine o and [ separately. Therefore, it is necessary
to do a series of experiments with different ratios of C,,/Cg,.
The use of the differential method of analysis is illustrated in Example 5.1.

Example 5.1

Consider the essentially irreversible liquid-phase reaction represented by

A—=C (5.116)

The concentration of A as a function of time was measured in an isothermal constant-
volume batch reactor.

Time (min) C,(mol/L)
0 2.50
10 2.10
20 1.78
30 1.50
40 1.30
50 1.15
60 1.01
70 0.90
80 0.81
90 0.73

100 0.66
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Determine if a power law-type rate expression is able to correlate these data and, if so,
determine the values of the kinetic parameters.

SOLUTION

The first step in the analysis is to convert the data to reaction rates at known values of
concentrations. As discussed in the previous section, there are a number of options avail-
able to perform this calculation. In this example, the finite difference formulae, Equations
5.107, 5.108, and 5.109 will be used. For example, at time zero, Equation 5.107 is used:
dCA (t ) _ —SCAO + 4CA1 - CAZ _ —3(250) + 4(210) - (178)
dr T 2t 2(10)

= —0.044 mol/L - min

(5.117)

This result is a negative number, indicating that the concentration is decreasing with
time. The reaction rate is the minus of this number, or 0.044. For the subsequent points,
except for the last one, Equation 5.108 is used. As an example, for an elapsed time of 10
min, the rate is

= -0.036

4 (10, - (Cajur = Caja) (178 - 2.50)
dt 2At 2(10) (5.118)

Finally for 100 min, Equation 5.109 is used. The rate data thus computed are summa-
rized in the following table:

Time (min) C, (mol/L) (=r,) (mol/L - min)
0 2.50 0.044
10 2.10 0.036
20 1.78 0.030
30 1.50 0.024
40 1.30 0.0175
50 1.15 0.0145
60 1.01 0.0125
70 0.90 0.010
80 0.81 0.0085
90 0.73 0.0075
100 0.66 0.0065

Note that the reaction rate falls with concentration. Now that the reaction rates have
been estimated, a plot can be made of reaction rate versus concentration. If this plot
is prepared using log scales, a straight line will indicate that a power law rate model
correlates the data. Such a plot is shown in Figure 5.6. From this figure, it is seen that a
straight line does indeed appear to correlate the data. From the least squares regression
analysis, the equation of the line is given as

_ 1.49 .
(=7a) = 0.012C4” mol/L - min (5.119)

The fact that the power is not an integer is an indication of a more complex mecha-
nism than a simple collision of two molecules of A.
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FIGURE 5.6
Reaction rate plotted as a function of reactant concentration on a log-log scale. The line is the least squares fit of
the data points. It appears that these data follow a power law kinetic model.

5.6.3.2 Complex Rate Expressions

A large number of chemical reactions obey the relatively simple power law-type rate
models. However, the reaction rate for a large number of reactions does not obey these
types of models, and consequently more complex expressions are required. For exam-
ple, free radical reactions may have rate models of high degrees of complexity. As rate
expressions increase in complexity, the methods used to determine the rate parameters
also have a concomitant increase in complexity. Consider, for example, the rate
expression

_ KCa
(-m) = ker %.C. (5.120)

The rate constants in an equation like Equation 5.120 can be determined in two general
ways. The first is to use nonlinear regression analysis. Historically, many workers in kinet-
ics have avoided nonlinear regression analysis because of the computational complexity
involved. However, at present there are many readily available software packages that
make this technique relatively simple to use. The other method is to linearize the rate
expression and then to use linear regression analysis. In the simpler cases, linearization of
the equation allows graphical analysis to be used, which has the advantage of allowing a
visual interpretation of the results. It is often possible to linearize the rate equation in a
number of different ways. For example, Equation 5.120 can be linearized in three possible
ways, to give the following equations:

Ca 1 K
-—+-1C
(—TA) k + k A (5121)
1 1 K;

(—T’A) = E + T (5.122)
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(=) _
c. - k - Ki(-74) (5.123)

It is important to note that that a linear regression analysis performed on each of these
three equations will yield different parameter values. The differences may be minor, and
each set of parameters may predict the reaction rate to a similar degree of accuracy. There
are some cases, however, where an inappropriate selection of a linearization may give a set
of parameters that give a poor prediction of the reaction rate. For this reason, it may be
preferable to use nonlinear regression analysis. The reader should also note that some
choices may be less desirable from a statistical point of view. For example, use of Equation
5.121 or 5.123 involves plotting an experimental variable against itself (see Example 5.2), a
practice which should usually be avoided. Example 5.2 illustrates the linearization of a rate
equation.

Example 5.2

Consider the catalytic reaction represented by the following overall reaction:

A+ lB —-C+D
2 (5.124)

In a large excess of B, the reaction rate follows the expression given by Equation 5.120,
thatis

(-rp) = _KCa mol/min - gcat
1+ KiCa (5.125)

Values for the rate of disappearance of A as a function of concentration are given in
the following table:

C, (mol/m3) (-r,) (mol/min - gcat)

0.049 0.038
0.105 0.068
0.196 0.135
0.298 0.176
0.402 0.218
0.605 0.238
0.792 0.290
1.012 0.312
1.193 0.352

Use these data to determine the values of the reaction parameters in the rate equation.
Compare the results obtained by using different linearized versions of the rate equation
to that obtained using nonlinear regression analysis.
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SOLUTION

Three possible ways to linearize the rate equation were given as Equations 5.121
through 5.123. Each of these forms requires that different variables be plotted to pro-
duce a straight line. The first form is

G 1 K,

(1) (5.126)
In this case, a plot of C, against C,/(-r,) should give a straight line of slope K;/k and

intercept of 1/k, from which K, and k can be computed. The second linearized form is

11K

(—T’A) N kCA * k

(.127)

In this case, a plot of 1/C, against 1/(-r,) should give a straight line of slope 1/k and
intercept of K;/k, from which K, and k can be computed. The third form is

(_rA) =k - K1 (—TA)
Ca (5.128)

A plot of (-r,) against (—r,)/C, should give a straight line of slope —K, and intercept of k.
The reduced data required to generate the plots is given below:

Ca (-r,) Cal(-1y) 1/Cy 1/(-1y) (=74)/Ca
0.049 0.038 1.289 20.408 26.316 0.776
0.105 0.068 1.544 9.524 14.706 0.648
0.196 0.135 1.452 5.102 7.407 0.689
0.298 0.176 1.693 3.356 5.682 0.591
0.402 0.218 1.844 2.488 4.587 0.542
0.605 0.238 2.542 1.653 4.202 0.393
0.792 0.290 2.731 1.263 3.448 0.366
1.012 0.312 3.244 0.988 3.205 0.308
1.193 0.352 3.389 0.838 2.841 0.295

The plots of the three linearized equations are shown in Figure 5.7. In each case, the
symbols represent the reduced data and the line is the best-fit straight line that corre-
lates the data. Linear least squares analysis on Equations 5.126, 5.127, and 5.128 give the
following values for the reaction rate parameters:

Equation Number Slope Intercept k K,
(5.126) 1.931 1.194 0.8377 1.618
(5.127) 1.215 1.888 0.8232 1.554

(5.128) -1.563 0.8292 0.8292 1.563
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FIGURE 5.7

These plots are the linearized version of the reaction rate expression for Example 5.2. Graph (a) corresponds to
Equation 5.126, graph (b) corresponds to Equation 5.127, and graph (c) corresponds to Equation 5.128. The
straight lines are the regression lines obtained by linear least squares analysis.

A nonlinear regression analysis on Equation 5.125 gives the following values:

k=08692 and K; =1723

The difference in values given by the different regression schemes is typical when
linearization is performed. The predictive ability of the four sets of constants can be
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FIGURE 5.8

Comparison of the predicted reaction rate at various concentration of A from the four different sets of reaction
rate parameters. The four lines are virtually indistinguishable, indicating that all four parameter sets give the
same level of accuracy.

compared by plotting the predicted reaction rate at each concentration, as shown in
Figure 5.8. The four curves are almost the same, indicating that each set of parameters
has similar prediction accuracy.

5.6.4 Integral Method of Analysis of CVBR Data

The integral method of analysis does not require the generation of rate of reaction data; the
experimental concentration versus time curves are used directly. The need to differentiate
the experimental data is avoided, which is the primary advantage of the integral method.
In the integral method, the form of the rate expression is first assumed. This rate expres-
sion is then substituted into the mole balance equation and the result is integrated to give
a predictive equation for the concentration as a function of time. The values of the rate
constants are adjusted until the best match between the observed and predicted concen-
tration versus time curves is obtained. If a satisfactory match cannot be obtained, other
forms for the rate equation are proposed.

5.6.4.1 Power Law Kinetics

Consider, for example, a unimolecular reaction with the proposed rate function:

(-7a) = kCX (5.129)

Recall that for the differential method we would find (-r,) at various C,, and then plot In
(=) versus In (C,) to get k and #n. In the integral method, Equation 5.129 is substituted
directly into the CVBR mole balance equation to give

C

" _dC,
Ca

=kt (5.130)

Cao
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The objectiveis to find a value of nn that will correlate the data, which in this case means that
a plot of the left side of Equation 5.130 versus time will give a straight line, as illustrated in
Figure 5.9. For any value of n except 1, Equation 5.131 can be written as

1‘_1n [(Ca) ™ = (Cao)™"] = kt (5.131)

A plot of (-1/1-n) [(C A )l_n —(Cao )HL] versus kt should therefore give a straight line of
slope equal to k passing through the origin. It is necessary to find the value of # to do this.
One approach would be to assume values of n and iterate until the value is found that gives
the best straight line. For this example of a unimolecular reaction, it is possible to be more
systematic using what is known as the method of half-lives. The half-life of the reaction,
tys is defined as the time required for the concentration to drop to half of its initial value.
Substitution for C, = 0.5C,, into Equation 5.131 gives

1 [(Cao )1‘" -
ktos = 1 -Ca¢ 5.132
s = [( . 5 (5132)
Equation 5.132 can be rearranged to give
(n =1 ktos = (Cao) ™" (27 - 1) (5.133)
Further rearrangement of Equation 5.133 gives
P (Cao)™" (5.134)
0.5 k(}’l _ 1) A0 .
S
hSS
U<
=]
UZ? L)% Slope =k
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Time i

FIGURE 5.9
Integral method plot for a uni-molecular reaction with a power law rate equation. The value of n must give a
straight line of slope equal to the value of the rate constant.
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If we take the In of both sides of Equation 5.134, we obtain

(5.135)

In(tys) = (1 - m)In(Cay) + 1n[2n_1 - 1}

k(n-1)

From Equation 5.135, it can be seen that a plot of In(t;s) versus In(C,,) should give a
straight line of slope equal to (1 — #). For an irreversible reaction, the data required for this
plot can be obtained from a single CVBR experiment (see Example 5.3).

5.6.4.2 Complex Kinetics

When the rate equation is more complicated than a simple power law expression, the inte-
gral method becomes more complicated, although it is still possible to use it. Consider the
rate equation for a unimolecular reaction

_ kCa
(-ra) = T KCo (5.136)

Substituting Equation 5.136 into the integral form of the CVBR mole balance equation
gives

Ca

-[ (Ci " Kl) dC, = kt (5137)

A
Cao

Integration of Equation 5.138 between the limits gives

ln(%) +Ki(Cap = Ca) = kt (5.138)

A

It remains to find values of k and K; that give the best match between predicted and
experimental concentration values. The procedure would be

1. Assume starting values for k and K;.

2. Compute a set of values of C, at values of time over which the experiment was
performed.

3. Compute the sum of the square of the difference between the experimental and
observed values.

4. Adjust the values of k and K; until the minimum value for the sum of the square
of the difference (computed in step 3) is obtained.

The algorithm outlined in steps 1 through 4 is an optimization problem, and numerous
methods exist for solutions of problems of this type.
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Actually, the method of half-lives could also be applied to Equation 5.138. Substitution
for C, =0.5C,, into Equation 5.138 gives

In(2) K
n]i ) + ?;CAO = t0'5 (5139)

A plot of the half-life versus initial concentration should thus give a straight line with the
slope equal to K;/2k and the intercept equal to In(2)/k. This illustration shows that it may
not always be obvious as to which technique to use.

Example 5.3

Consider the essentially irreversible, liquid-phase reaction that was examined in
Example 5.2:

A—C (5.140)

The concentration of A as a function of time was measured in an isothermal constant-
volume batch reactor to yield the following data:

Time (min) C, (mol/L)

0 2.50
10 2.10
20 1.78
30 1.50
40 1.30
50 1.15
60 1.01
70 0.90
80 0.81
90 0.73
100 0.66

Assuming that a power law-type rate expression is able to correlate these data, use the
integral method to determine the values of the kinetic parameters.

SOLUTION

This problem will be solved using the method of half-lives. We begin by estimat-
ing the half-life at as many of the concentration values as possible. At time zero, the
concentration of A is 2.50. Half this value is 1.25, which falls between 40 and 50 min.
Using linear interpolation between these two times, we obtain a time of 43.33 min
corresponding to a concentration of 1.25. Similar analysis for the other data gives the
following values:
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Time (min) C,o (mol/L) Cao/2 (mol/L) Half-life (min)

0 2.50 1.25 43.3
10 2.10 1.05 47.1
20 1.78 0.89 51.1
30 1.50 0.75 57.5
40 1.30 0.65 61.4
50 1.15 0.575 n/a

Notice that from the data supplied it is only possible to use the first five data points.
Now, recall Equation 5.135:

21
In(tys) = (1 - n)In(Cyo) + ln[k(n - 1)] (5.141)

A plot of In (t,5) versus In(C,,) can now be made, where the slope should be equal
to (1 —n). This plot is shown in Figure 5.10. The slope of the line and the intercept are
determined by least squares analysis. These values give

bR |
1-n)=-0.546 d = 70.96 5.142
1-m an [ . 1)] (5142

Solving for n and k gives the following rate expression:

(-r4) = 0.012C%* mol /L - min (5.143)

N
(92}

[oN]
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(92}
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FIGURE 5.10
Half-life plotted as a function of reactant concentration on a log-log scale. The line is the least squares fit of the

data points. The slope of the line is equal to —0.5462.
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Note that the rate constant has the same value as that computed in Example
5.1 using the differential method, but the reaction order is higher. This fact can
be attributed to the use of fewer data points as well as the different method of
analysis.

Note: In this example of the integral method, the data were manipulated so that use
could be made of linear regression analysis. However, it is possible to use the data
directly if nonlinear regression analysis can be used. The integral form of the batch
reactor equation for the power law model is

1__1,1 [(Ca)™" = (Cao)™"] = ke (5.144)

Using a nonlinear solver to optimize the values of n and k gives the following rate
expression:

(=74) = 0.012Cx** mol/L - min (5.145)

This solution is close to that generated by the previous two methods. In practice, the
value of the power in the rate expression would probably be rounded to 1.5, and thus all
three methods give essentially the same results.

5.6.5 Temperature Dependence of Rate Constants

It was mentioned in Section 5.6.1 that rate data are frequently taken under isothermal reac-
tor conditions. Subsequent analysis, either using the differential or integral methods,
yields values of the rate parameters at the reaction temperature. It is usually desired to find
the temperature dependence of the rate constants, and, therefore, the experiments are usu-
ally performed at a variety of reactor temperatures. The range of temperatures used in the
experimental study should cover the range of operation of the full-size reactor that will be
designed. It is standard practice to assume an Arrhenius type of temperature dependence
for the rate constants, that is

k=A exp( E ) (5.146)

R,T

The usual procedure is to plot Ink versus 1/R, T to determine the values of A and E. The
data points on this graph should be close to a straight line if the reaction rate constants
follow an Arrhenius type temperature dependence. The slope of the line is equal to -E, as

shown in Figure 5.2.

5.6.6 Methods of Isolation and Excess

The method of isolation and the method of excess are similar experimental techniques that
are sometimes used to reduce the number of parameters that must be determined from
any given set of data. The methods are especially useful when reversible reactions are
being studied.
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5.6.6.1 Method of Isolation

The method of isolation might be used to analyze a reversible reaction. In essence, the
method consists of the analysis of rate data in the absence of products. For example, con-
sider the following chemical reaction:

A=R+S

The proposed rate equation is

(cr) = KiCa = loCiCs

1+ Cs) (5.147)

Rate data could be collected in a batch reactor where the only reactant or product present
at time zero was reactant A. Rate could be measured for a period of time where the concen-
trations of R and S remain relatively low, and thus the reverse reaction is not significant.
During this time, the reaction rate can be approximated by

(=7a) = kiCa (5.149)

These data could be used to determine the value of k; and an experiment could be per-
formed with only R and S present at time zero, with data collected while the concentration
of A is small.

P ere!

" T kCe (5.149)

When fitting data to Equations 5.148 and 5.149, the number of parameters is lower than
when fitting data to Equation 5.147. It is usually preferable to reduce the number of param-
eters to be determined from any given set of data because this increases the confidence in
the result.

5.6.6.2 Method of Excess

Another method that is often used to reduce the number of parameters to be fit from a set of
data is the method of excess. As the name implies, one of the reactants is present in a large
excess, so that its concentration is essentially unchanged during the reaction. For example,
consider the reaction between A and B that is governed by the following rate function:

(-ra) = KC4Ch (5.150)

If the initial concentration of B is very much larger than the initial concentration of A, the
concentration of B will remain essentially constant, and therefore the rate equation can be
approximated as

(-72) = (kCy)Cs = kCs (5.151)
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Data from this experiment could be used to compute the power o and the lumped reac-
tion rate constant k;, from which the value of k can be calculated. The experiment could be
repeated for an excess of A to determine the value of 3.

Example 5.4

Crystal violet dye (denoted CV) forms an intensely colored solution when mixed with
water. Addition of a base causes a chemical reaction between the crystal violet and
hydroxide ions with a subsequent loss of color. The rate of reaction is first order in both
CV and OH, as follows:

(=7cv) = kCevCon (5.152)

A series of batch reactor experiments was carried out in which the concentration of
sodium hydroxide was varied, and the concentration of crystal violet dye in the reactor
was measured as a function of time. For each sodium hydroxide concentration, the time
required for the crystal violet concentration to fall to one-half of its original value (the half-
life) was recorded. The averaged results of several experiments are given in the table below.

Concentration NaOH (mol/L) Half-life of CV (s)

0.10 69
0.15 46
0.20 35

Determine the value of the rate constant, k, from these data.

SOLUTION

The reaction rate data were recorded in a large excess of NaOH. Therefore, it is safe to
assume that the concentration of NaOH remains unchanged during the course of the
reaction. The reaction is thus a pseudo-first-order reaction, with an apparent rate con-
stant that includes the value of the NaOH concentration, as follows:

dCev
dt

(-tev) = - = kppCcov  Where k., = kCon (5.153)

Equation 5.153 can be integrated analytically to give

1n( Cov ) - kot (5.154)

CCVO

Substituting for one-half the initial concentration gives the formula

11'1(2) = kapptO.S (5155)

We can substitute the measured half-life values from the data table into Equation
5.155 to determine values of the apparent rate constant for the three NaOH concentra-
tions. The intrinsic rate constant, k, is calculated by dividing the apparent rate constant
by the NaOH concentration. These results are shown in the table below.
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COH kaPP k = kapp /COH

0.10  0.010 0.10
0.15 0.015 0.10
0.20  0.020 0.10

We see from the table that the results consistently predict a value of k = 0.10. By using
an excess of NaOH, the analysis is simplified, because the calculations are based on a
first-order reaction.

5.6.7 Using a CSTR to Collect Rate Data

Reaction rate data may be obtained using other types of reactors, for example, flow reac-
tors. The continuous stirred tank reactor is frequently chosen, especially for liquid-phase
reactions. The reactor is usually run at steady state. The steady-state mole balance equation
for the CSTR is

Fro = Fae - (—VA)V =0 (5.156)

The inlet and outlet volumetric flow rates and concentrations are measured and the reac-
tor volume is known. It is therefore easy to collect rate of reaction data directly from a
CSTR without using the differential analysis necessary for the batch reactor. In this respect,
the CSTR is better than the batch reactor. Once the rate data have been collected, the analy-
sis proceeds in the same manner as described in Section 5.6.3. Furthermore, because the
temperature in the CSTR is uniform and known, it is less important that the reactor be
operated isothermally. It should be noted that each CSTR experiment will yield one data
point, whereas a batch reactor experiment can be used to generate multiple data points.
The CSTR therefore requires that more experiments be performed, which is the price that
is paid for the ease of data analysis.

5.6.8 Using PFR to Collect Rate Data

A plug flow reactor can also be used to generate data for determining rate expressions. The
data analysis is similar in many respects to the batch reactor. The PFR is less commonly
used for kinetic experiments, and is often used when other reactors are not appropriate.
The use of a tubular reactor to collect data for reaction rate analysis is discussed in more
detail in Chapter 11, where its use in catalytic systems is discussed.

5.7 Summary

In this chapter, a somewhat detailed explanation of chemical kinetics has been presented.
Both homogeneous reactions and an introduction to heterogeneous reactions were dis-
cussed. The area of chemical kinetics is a very broad one, and it should be emphasized
that only the general outlines have been presented in this chapter, although all of the
important kinetic concepts have been discussed. Several of the important points are sum-
marized here.
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The rate of chemical reaction depends on the temperature and the concentrations of the
species present in the mixture. Fundamental rate theories can be used to glean some basic
information about the temperature and concentration dependence of elementary reac-
tions. The reaction may proceed via a simple elementary reaction involving only a single
collision between two molecules, or it may involve a complex mechanism consisting of
many steps. The reaction mechanism cannot in general be deduced from first principles,
but rather is determined from experimental observations. It is important to distinguish
between the mechanism of the reaction and a model for the reaction that is used in reactor
analysis. The mechanism is the sequence of actual molecular steps in the reaction while a
model is usually an approximation of the real situation. Models are used when the mecha-
nism is not available, cannot be determined, or is too complex for practical use. Many
industrial-scale reactors can be modeled with a sufficient degree of accuracy using empiri-
cal models for the rate. When using such a model for design, it is important to realize the
danger of extrapolating beyond the range of experimental conditions upon which the orig-
inal model was based.

Rate expressions may be derived from mechanisms, usually with some simplifying
assumptions. However, a rate expression is developed; it contains constants that must be
determined experimentally, by obtaining rate data in a laboratory reactor. There are many
ways of obtaining and correlating rate data, and the chosen method usually depends on
the nature of the reaction that is being studied. As mentioned above, because even mech-
anistically based rate equations contain constants that are determined from experimental
data, that are in turn measured over a limited range of experimental conditions, the
extrapolation of rate equations to other conditions should be avoided if possible.
Conversely, when designing an experimental program to determine reaction rate param-
eters, it is important to cover the range of conditions at which the final design will
operate.

PROBLEMS

51 The decomposition of ethane by a free radical mechanism was shown in Section
54.2. Other mechanisms have been proposed for this reaction, and one such
possibility is represented by the following five-step free radical mechanism:

C,H, —1— 2CH; (second-order reaction)
CH; + C,H, —2— CH, + C,H;

CH; —&—- CH, +H"

H' + CHy —“— H, + C,H;

2C,H; —=— C,Hy,

Note that in contrast to the mechanisms examined in Chapter 5, the first step is
assumed to be second order, that is, it involves a collision between two ethane
molecules. Derive a rate expression for the formation of C,H, using the steady-
state hypothesis.

52 An important class of reactions involve enzymes, where the enzyme is used to
promote the rate of reaction in a manner similar to a catalyst. Indeed, this area
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is sometimes referred to as enzyme catalysis. The enzyme reacts with the reac-
tant molecule (often called the substrate), which forms an intermediate that
decays to products, regenerating the enzyme. Consider the following enzyme

reaction:
k1 k3
—\ —\
S+E<—ES<——P+E
ko kg

where E represents an enzyme, and ES is an intermediate. We define the terms:
E,=E+ES (the total enzyme concentration, including that contained in the
intermediate), k,, = (k, + k;)/k,, and K = k,k;/k,k,. Derive the following rate equa-
tion using the steady-state hypothesis:

(cr) - ks [, ){i81 - (1P1/k)}
7 Ky + [S]+ (ka/Ky)[P]

5.3 Consider the catalytic decomposition of ozone by chlorine. The proposed mech-

anism is
Initiation Cl, + O; —1— ClO" + ClO5 1)
Propagation ClO; + O; —k 5 ClO; + O, )
Propagation ClO; + O3 —k 5 C10; + 20, 3)
Termination ClOj + ClO; —%— Cl, + 30, @

Find the rate of disappearance of O;.

54 The oxidation of phosgene is given by the following overall reaction:

2COC12 + 02 - 2C02 + 2C12

The reaction can be activated by high-intensity light in a photochemical reac-
tion. A proposed mechanism is

COCl, + hv —1— cocql’ + CI’ 1)
COCl’ + 0, —2— CO, + ClO" Q)
COCl, + ClIO0" —&— CO, +Cl, + CI' 3)
COCI’ + Cl, —— COocl, + CI' @)

Cl'+Cl'+M —— Cl,+ M )
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where M is any molecule and hv is the radiation. Apply the PSSH to CIO” and
COCI* to develop a rate equation.

55 The original Rice-Herzfeld mechanism for the decomposition of acetone
(CH,COCH,) is

CH;COCH; — CH; + COCH;

CH; + CH;COCH; — CH, +* CH,COCH;
‘CH,COCH; — CHj; + CH,CO

CH; +" CH,COCH,; — C,H;COCH;

Develop a rate equation for the decomposition of acetone based on this
mechanism.

5.6 The pyrolysis of ethyl nitrate has the following proposed mechanism:

C,H;:ONO, —— C,H:0" + NO, )
C,H:0° —2— CH; + CH,O Q)

CH; + C,H;ONO, —*— CH;NO, + C,H;O" 3)
2C,H;0" —%— CH,CHO + C,H;OH @)

The reaction rates at different concentrations of ethyl nitrate are

Cemson0, (Mol /m?) 0.0975 0.0759  0.0713 02714  0.2436
(~7emsono, )J(mol/m®) 00134 00122 00121  0.023 0.0209

Use the PSSH to deduce a rate equation and test it for consistency with the
experimental data.

5.7 Consider the decomposition of acetaldehyde, given by the reaction

CH,CHO — CH, + CO

One proposed mechanism was illustrated in Section 54.2. Consider an alternative

CH,CHO —®%— CHj; + CHO
CH; + CH,CHO —%2— CH, + CH,CO"
CH,CO' —&— CH; + CO

2CH,CO" —— CH,COCOCH,
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58

59

510

511

Note the difference in the termination step for this mechanism, compared to the
one in the text. Use the PSSH to derive a rate equation for this mechanism.

Consider the following overall reaction:

N,Os — 2NO, + %Oz

The observed rate expression for the decomposition of N,O; is first order:

(~",05) = k[N2Os]

A proposed mechanism is
N,O5 == NO; + NO;
2
NO, + NO; —2—-NO" + O, + NO,
NO' + NO; —“4—2NO,

Show that this mechanism is consistent with the observed rate equation. Note
that NO, does not react in step 2, but it affects the rate of decomposition of NOj.
The gas-phase reaction 2A — B + C + D is carried out isothermally in a constant

volume batch reactor. Initially there is pure A at 1 atm pressure. The following
pressures are recorded during the reaction:

Time (min) 0 1.2 1.95 2.90 4.14 57 8.1
Pressure 1 1.1 1.15 1.20 1.25 1.30 1.35

For a rate expression (-7, ) = kCj, determine values of k and n.

An aqueous solution of ethyl acetate is reacted with sodium hydroxide in a
batch reactor. The initial concentration of ethyl acetate is 5.0 g/L and that of
caustic soda is 0.1 molar. The reaction is second order and irreversible. Values of
the rate constant in L/mol-min are

k=235at0°C and 924 at20°C.

Calculate the time required to convert 95% of the ethyl acetate at 40°C. The for-
mula for ethyl acetate is C,H;(COOCH,;) and the molecular mass is 88.

Determine the reactor volume required to produce 50 kg a day of product R. The
reactor is a stirred tank batch reactor which can be run for 8 h each day. The
stoichiometry of the reaction is known to be 1 mol of reactant A consumed for
each mole of R produced. The molecular weight of R is 50. The feedstock con-
sists of an aqueous solution of A, concentration 1 mol/L. The kinetics of the

259
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reaction are unknown, but the following kinetic data were obtained in a labora-
tory batch stirred tank reactor. The data are concentration-time data.

Time (h) 0 1 2 3 4 5 6 7 8 9 10
Cy(mol/L) 2 16 133 114 10 089 080 073 067 062 057

The data were obtained at the temperature at which the commercial reactor will
be run.

5.12 Consider the solid-catalyzed isomerization reaction

A—B

The reaction takes place at 25°C and 100 kPa. The rate function and rate constant
are

(—rA) = kCa(mol/kgcat -s) where k = 2 x 10°m’/kgcat - s

The feed to a recycle reactor consists of pure A at 25°C and 100 kPa, with a flow
rate of 1.2 m3/s. The reactor contains 500 kg catalyst. Calculate the fractional
conversion of A at recycle ratios of 0, 1.0, 5.0, 10.0, and ee.

5.13 The half-life of a reaction in a batch reactor is defined as the time it takes for the
concentration of reactant to fall to one-half of its initial value. For a certain first-
order reaction, it is observed that at 25°C the half-life is 60 s and at 35°C it is 30 s.
Calculate the activation energy for the reaction.

514 A common guideline is that a reaction rate doubles for an increase in tempera-
ture of 10°C. Consider a second-order reaction, with rate expression given by
(—VA) = kCi
a. Calculate the activation energy required for the rate to double with an

increase in temperature from 25°C to 35°C.

b. Calculate the ratio of reaction rates at 100°C and 110°C for the case in part (a).
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Nonideal Reactor Analysis

In Chapters 3 and 4, we developed the conservation equations used to calculate the con-
centrations and temperatures in reactors that obeyed the ideal reactor assumptions. Recall
that in an ideal batch reactor, the contents were assumed to be perfectly mixed, and in flow
reactors, the two extremes of plug flow and perfect mixing were used. These assumptions
lead to simplicity in the mole and energy balances, and are valid in many industrial reac-
tors, such that it is sufficient to use an ideal reactor model to analyze and predict the reac-
tor performance to a level acceptable for design calculations. In other cases, however, the
deviation from ideal reactor behavior may be sufficiently large that the use of an ideal reac-
tor model will give an unacceptably large error. Deviations from ideal reactor performance
are caused by many factors, and depend on the type of reactor and its mode of operation.
The purpose of this chapter is to introduce the methods of analyzing nonideal systems,
which can be used either to model a real reactor or to investigate the degree of nonideality
of an existing system, with a view to improving its performance. The causes of deviation
from the ideal case are first summarized, followed by a treatment of some methods of
analyzing nonideal reactors. Finally, the topic of mixing is introduced. Note that the mod-
eling of nonideal reactors is a complex subject and far from an exact science. Many tech-
niques have been used to model nonideal reactors and what follows is an introduction to
some possible methodology. Further information on the modeling of nonideal systems can
be found in Levenspiel (1999) and Froment et al. (2011). A more advanced presentation of
mixing in flow systems is given by Nauman and Buffham (1983), while those looking for
an in-depth treatment of mixing phenomena can refer to Ottino (1989) or Baldyga and
Bourne (1999).

6.1 Causes of Nonideal Reactor Behavior

Prior to discussing methods for accounting for deviations from ideal reactor behavior,
some of the causes of such deviations are briefly discussed. Recall that ideal reactor mod-
els all involve an assumption about the mixing behavior inside the reactor. Mixing is
defined and discussed in more detail later in this chapter: suffice to say at this point that
the degree of mixing relates to the presence or absence of concentration and temperature
gradients in the reactor vessel. Thus, ideal tank reactors (either batch or CSTR) are assumed
to have a completely uniform composition and temperature, while the PFR has no radial
gradients and no mixing in the axial direction. However, such assumptions may not be
valid, especially in badly designed systems. The following sections discuss very briefly
some of the causes of nonideal behavior.

261
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6.1.1 Nonideal Behavior in CSTR

A typical CSTR consists of a tank, the contents of which are stirred by an impeller. It is
assumed that the circulation of the fluid caused by the impeller rotation is sufficient to
achieve perfect mixing. In practice, the fluid motion is not the same in all parts of the ves-
sel; fluid velocities tend to be larger near the impeller and decrease as the distance from
the impeller increases. Baffles are usually used as an aid in improving the circulation of
fluid. Depending on the kinetics of the reaction and the circulation pattern in the vessel, it
is possible for relatively stagnant zones of fluid to develop. These zones are sometimes
referred to as “dead zones,” and are illustrated in Figure 6.1. Stagnant zones can result
from incorrectly sized impellers, inappropriate baffles, or incorrect tank geometry.
Stagnant zones tend to lower the effective reactor volume. Imperfect mixing may also
result from feed bypassing. The perfectly mixed assumption requires that fresh feed is
instantly and completely mixed with the entire tank contents. However, if the inlet and
outlet pipes are not placed correctly some of the feed may flow directly to the outlet with-
out being mixed into the bulk fluid in the reactor: see Figure 6.1. The usual “rule of thumb”
used when designing a CSTR is that a straight line drawn between the inlet and outlet
stream locations should pass through the center of the impeller.

Good mixing also becomes more difficult to achieve as the viscosity of the fluid increases.
In addition, the presence of multiple phases can also lead to nonideal behavior.

6.1.2 Deviations from Plug Flow Performance

The assumptions involved in the plug flow model were given in Chapter 3. The PFR is
assumed to have zero axial mixing and perfect radial mixing as well as a flat velocity pro-
file. All of these plug flow criteria are violated to a certain extent in real reactors. Even in
highly turbulent flow, a radial velocity profile still exists in a tubular reactor. This velocity
profile in turn results in concentration and temperature gradients. Furthermore, if a tubu-
lar reactor is operated with exchange of heat through the reactor wall, it is inevitable that
aradial temperature gradient will develop in the reactor, which leads to a radial concentra-
tion gradient. In addition, there is always a degree of axial mixing in a tubular flow reactor,
although the amount may be small. These factors cause a deviation from plug flow. If the
deviation from plug flow is significant, the PFR model will lead to an unacceptable error,
and a reactor model that more accurately reflects the true situation will be required. In
packed beds, channeling of the fluid along the wall or flow maldistribution owing to poor
packing can lead to deviations from plug flow.

/= ¢

Dead
zone

FIGURE 6.1
Typical CSTR illustrating possible causes of nonideal performance. Badly placed inlet and outlet lines can cause
feed bypassing, and poorly designed impellers and baffles can result in the formation of dead zones.



Nonideal Reactor Analysis 263

6.1.3 Deviations from Perfect Mixing in Batch and Fed Batch Reactors

The deviations from perfect mixing in batch reactors have similar causes to the deviations
in CSTR. Poorly designed impellers or baffles can lead to imperfect flow patterns.
Incorrectly placed injection ports in semibatch reactors can also cause significant devia-
tions from ideal performance, especially for relatively fast reactions.

6.2 Residence Time and Mixing

The relationship among the thermodynamics, transport phenomena, and kinetics governs
the behavior of any chemical reactor. If the flow behavior does not follow one of the ideal
models, a more complex methodology than that hitherto employed must be used for the
reactor analysis. Theoretically, any reactor can be modeled by solving the appropriate
equations of transport that describe the flow in the reactor. However, this can be a formi-
dable task and, for turbulent flow especially, in many cases is still beyond the power of
current analysis techniques. Furthermore, exact mass and energy transport models have
not been formulated for all real reactor situations.

There are many factors that govern the performance of the reactor and these can be
grouped into two broad classifications. The first is the amount of time that a reactant mol-
ecule spends in the reactor. The longer that reactants can spend in the reactor, the more
chance there is for them to react. The time that molecules spend in the reactor is called the
residence time, and the distribution of residence times for feed molecules is an important
factor in determining the extent of reaction. The residence time is a key parameter in flow
reactor performance.

The second major factor that determines reactor performance is the extent of mixing
within the reactor. For all reactions involving more than one molecule, it is necessary that
molecular collisions occur as a first step; therefore, the concentration at the molecular level
is important. The degree of mixing depends not only on the reactor configuration and
operating conditions, but also on the fluid and reactant properties. Mixing is a complex
phenomenon that is analyzed at several scales, but ultimately it is the mixing at the molec-
ular level that determines the extent of reaction.

In the following sections, the concept of the RTD and its use in evaluating and modeling
reactor performance is presented. This explanation is followed by an introduction to mix-
ing and its relationship to the RTD. At the end of this chapter, the reader should have some
useful tools for the analysis of nonideal reactors.

6.3 RTD Function

This section introduces basic residence time theory in the context of a flowing system. The
description is based on the RTD of nonreacting species in an arbitrary flow system with a
constant-density fluid. The relationship to a chemically reacting species is explained at the
end of this section.

Residence time theory deals with the age of particles within a flow system. For a chemi-
cal reactor, the system is simply the volume of the reactor; particles enter and leave the
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system in the process streams. The particles may be atoms, molecules, or fluid elements
that are conserved as they flow through the system. The age, or residence time, of a particle
in the system is the elapsed time between the time at which the particle enters the system
and the time at which it leaves. If a particle reenters the system after it leaves, the ageing
of that particle resumes from the value it had at its previous exit. It should also be noted
that no particle is allowed to remain in the system forever; all particles must have an origi-
nal entrance and a final departure, although, as noted above, a particle may leave and
subsequently reenter the system. The age of the particle when it finally leaves the system
is called the residence time.

6.3.1 Measurement of RTD

The RTD is usually measured using an inert tracer. A tracer is a material that is nonreac-
tive, nonadsorbing, and has properties that closely resemble the species for which it is
desired to have the RTD. The tracer must have a distinguishing feature that makes it pos-
sible to measure its concentration easily. A tracer might be a colored dye whose concentra-
tion can be measured using a spectrometer, or a radioactive species that is monitored using
scintillation counting. Neutrally buoyant particles (particles whose density is the same as
that of the fluid) are also used.

Consider a simple system of a fixed volume that has one entrance and one exit. Suppose
that a finite quantity of tracer is injected into the inlet of the system. The tracer molecules
flow through the system and leave over some period of time, until finally all of the tracer
molecules leave the system. Depending on the flow pattern inside the system, the time
at which the tracer molecules exit the system may vary, and thus the residence time of
the tracer molecules has a distribution, which depends on the flow pattern in the system.
By measuring the concentration of the tracer in the effluent stream, the RTD can
be determined.

6.3.2 RTD Function

The distribution of the residence times of the tracer molecules can be represented by a
density function, denoted f{(f). This function, which is also called the RTD function, is a
measurement of the fraction of molecules that have the residence time ¢. A possible plot of
the density function versus the residence time is shown in Figure 6.2.

Density function, f{¢)

Residence time, ¢

FIGURE 6.2

Typical residence time distribution function for a flow system. The density function can be used to determine
deviations from ideal reactor performance.
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The density function can be described in terms of probabilities. The probability that the
residence time of a tracer molecule lies between time ¢ and ¢ + dt is

ft) dt ©6.1)

Since, all the molecules must enter and eventually leave the system, it follows from the
probability addition rule that

fﬂﬂm=1 6.2)
0

The RTD function may be used directly in the analysis of reactors, or related functions
may be used depending on the application.

6.3.3 Cumulative Distribution and Washout Functions

Two useful functions that are related to the density function are the cumulative distribu-
tion function and the washout function. The cumulative distribution function gives the
fraction of molecules with residence times from time 0 to time ¢, and is obtained by inte-
grating the density function between 0 and ¢.

Hﬂ=fﬂﬂw 6.3)

The washout function gives the fraction of molecules with residence times in the range ¢
to . It is also calculated from the density function:

wm=fﬂﬂm (6.4)

It is clear that the addition of Equations 6.3 and 6.4 gives Equation 6.2; thus
FH)+ W) =1 (6.5)
Furthermore, the relationship between the functions in derivative form is

dE(t) __dW()

TR AR 40 66)

A typical cumulative distribution function is illustrated in Figure 6.3, and the corre-
sponding washout function is shown in Figure 6.4.

6.3.4 Determination of f(t) from Pulse Input

The direct experimental determination of f(t) requires a pulse of tracer to be injected into
the system. Essentially, this requires an amount of tracer to be injected into the inlet of the
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1.0

Distribution function, F(¢)

Residence time, ¢

FIGURE 6.3
Typical cumulative distribution function for a flow system. The cumulative distribution function gives the frac-

tion of particles with a residence time less than f. The cumulative distribution function can be obtained by
integrating the density function.

1.0 -1

Washout function, W(t)

Residence time, ¢

FIGURE 6.4

Typical washout function for a flow system. The washout function gives the fraction of particles with a resi-
dence time greater than t. It can be obtained from the residence time density function.

vessel at a single instant of time. The ideal shape of the injected pulse is mathematically
described by a Dirac delta function. In practice, the tracer should be injected in as short an
elapsed time as is experimentally possible to achieve. The concentration of the tracer in the
effluent is then measured as a function of time, and the density function can be evaluated
using the following analysis. The fraction of tracer molecules that leaves the system over
some time interval dt is

‘;\]—1\0’ = f(t)dt ©6.7)

In Equation 6.7, dN represents the number of tracer molecules that leave the system over
the time interval dt, and N, is the total number of tracer molecules injected. The number of
molecules can be expressed in terms of the concentration and the volumetric flow rate, Q:

dN = QC(t) dt ©6.8)
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C(#) is the concentration of tracer in the effluent stream as a function of time. The total
number of molecules initially injected can also be calculated from the effluent profile, by
integration over a long period of time:

Nb=!Qdﬂdt 6.9)

Substitute Equations 6.8 and 6.9 into Equation 6.7 and rearrange to obtain the RTD func-
tion for a constant-density (constant volumetric flow rate) system:

f®=7gif (6.10)

Lcmm

Therefore, the RTD function may be obtained by measuring the effluent tracer concen-
tration as a function of time with a pulse injection into the system inlet. The cumulative
distribution and washout functions may be calculated from f(t) by integration, using
Equations 6.3 and 6.4. Note that it is not necessary to know how many molecules were
injected into the system, although if the injected amount is independently known, the
value can be used to check the mass balance by comparison with the result of Equation 6.9.

6.3.5 Determination of f(f) from Step Change

Rather than inject a pulse of tracer into the inlet, another possibility is to increase or
decrease the tracer concentration in a stepwise manner. Typically, this involves either a
step increase or a step decrease in tracer concentration. In the case of a step increase from
an initial value, C(0), to some final value, C(), the outlet concentration as a function of time
gives the cumulative distribution function, F(t), directly from the following equation:

~ C(h - C0)

FO = Gy~ c0)

6.11)

If the inlet tracer concentration has a step decrease from an initial value, C(0), to a final
value, C(e), then the effluent concentration can be used to compute the washout function,
W(t):

C(t) - C()

W0 = c0) - ce)

(6.12)

The washout function is considered by many designers to be the best function to use for
defining the moments of the distribution function.

6.3.6 Means and Moments

In addition to characterizing the RTD using the three functions f(t), F(t), and W(t), the resi-
dence time can also be characterized using the moments of the RTD function. These
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moments are used in some reactor models for the RTD, as will be seen in the following
sections. Several types of moments are used. The first type is the moment around the ori-
gin, which is defined in terms of the density function as

Wy = JO' £ F(t) dt 6.13)

The value of n determines which moment is calculated. For example, when n =0, the
zeroth moment is obtained, which is equal to one (see Equation 6.2).

o = f f(tdt =1 (6.14)
0
The first moment about the origin is the mean residence time, t,,
W =ty = f t(t) dt (6.15)
0

The mean residence time is the average time that molecules spend in the system. For a
constant-density system, the mean residence time can also be calculated from the system
volume, V, and the volumetric flow rate, Q:

ty =

g (6.16)

Recall that for a constant-density system the mean residence time is equal to the space
time. Calculating the mean residence time in the two different ways can be used as a check
on the accuracy of the experimental data used to calculate the RTD. The moments can also
be determined from the washout function, as follows:

W, = f W () dt 6.17)
0
In terms of the washout function, the mean residence time is therefore equal to
ty = f W(t) dt (6.18)
0

Rather than compute the moments about the origin, it is common for the moments of the
RTD function to be computed about the mean residence time. These moments are called
central moments, and are defined as
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©

w = f (£ - 1,)" fFB)dt (6.19)

0

The variance, 62, of the RTD is the second central moment:
ot =uz = [t -t )’ f(t)dt (6.20)
0

The variance measures the spread of the distribution about the mean. The third central
moment, the skewness, measures the symmetry of the distribution about the mean:

== f (t-t,) f(t)dt 6.21)
0

The central moments are related to the moments about the origin by

wp =w =1 6.22)
ui =0 (6.23)
U = Uy — £y, 6.24)

and so on. The use of the moments in RTD models will be shown shortly.

6.3.7 Normalized RTD Functions

It is common when using residence time theory to work with a normalized RTD, defined
as the residence time divided by the mean residence time. This dimensionless time is
given by

0=— (6.25)
The washout function expressed in terms of 6 follows the relationship

f W(0)de =1 (6.26)

The density functions for the two cases are related by

£0) dO =) dt 6.27)
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Because t,, d6 = dt, it follows that
f(0) =t,f(t) (6.28)

The other relationships do not change. The normalized cumulative distribution function
is

0
F(8) = f £(0) do (6.29)
0
The normalized washout function is
W(0) = f £(6)do (6.30)
0

The moments about the origin and the central moments for the normalized RTD func-
tion are

v, = f 0" £(6) do (6.31)

V) = f 6 -1)" f(6)de = 2 6.32)
0 tﬂl
The normalized RTD curves are useful for direct comparison of different-size reactors,
for example, because the mean residence time is eliminated as a variable. As shown in the
next section, the normalized RTD is the same for every perfectly mixed stirred tank
reactor.

Example 6.1

Consider a vessel through which a fluid is flowing. To determine the RTD function,
a pulse injection of the tracer is done and the outlet concentration is monitored as a
function of time. The output concentration in mol/L measured as a function of time in
seconds is

t 0 60 120 180 240 300 360 420 480 540 600 720 840
c o0 1 5 8 10 8 6 4 3 22 1.5 0.6 0

Plot the RTD, the cumulative distribution, and the washout functions.

SOLUTION

We first plot the data (C vs. t) to obtain the concentration time curve, which is shown in
Figure 6.5. The points in the plot have simply been connected by straight lines. To obtain
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FIGURE 6.5
Concentration versus time plot of the experimental data for Example 6.1. The experimental points have simply
been connected by straight lines.

the f(t) curve, we need to integrate the concentration curve, that is, we must evaluate the
integral

fC(t)dt

0

Obviously it is not possible to integrate over infinite time. The practical limits on the
integral are the time of first appearance of the tracer in the effluent to the time when the
effluent concentration falls essentially to zero, which in this case is 0-840 s. The value
of this integral is the area under the curve, which can be found using a numerical inte-
gration formula (e.g., Simpson’s rule or the trapezoidal rule). If Simpson’s rule is to be
used, it is necessary to estimate values at 660 and 780 s to produce even intervals. These
numbers were obtained by linear interpolation. Then, using numerical integration, we
find the following value for the integral over the time interval of interest:

840

f C(t)dt = 3008 mol - s/L
0

Once the cumulative concentration has been evaluated, the RTD function is evaluated
directly from the concentration data:

o) Su) mal/L

The curve has the same shape as the C(t) curve but the scale on the vertical axis is
different. The RTD function plot is shown in Figure 6.6. The cumulative distribution
function, F(t), can be obtained by integrating the f(t) curve, again using numerical inte-
gration. The value of F(f) at any time is obtained by integrating from time zero to each
time value that corresponds to a data point, according to the formula
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FIGURE 6.6
Residence time distribution function obtained by integrating the experimental concentration—time data for
Example 6.1. As with Figure 6.5, the data points have been connected by straight lines.

F() = [r0)ar

0

By employing numerical integration to the experimental f{t) curve, the F(t) data can be
calculated at each time point, and then the total curve generated. This curve is shown in
Figure 6.7. In a similar manner, the washout function may be generated, by integrating
from each time point to the upper practical limit of 840 s using the equation

840

W(t) = ff(t)dt
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FIGURE 6.7
The cumulative distribution function for the data of Example 6.1. The curve progresses from a value of zero to
one as all of the tracer molecules leave the system.
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FIGURE 6.8
Washout function for the data of Example 6.1. This line is the mirror image of the cumulative distribution func-
tion shown in Figure 6.7.

The washout graph is shown as Figure 6.8. Observe that it is essentially the mirror
image of Figure 6.7, the cumulative distribution function.
The data used for the plots generated in this example are shown in the following table:

Time C() f®» F(t) W(#)

0 0 0.00E+00 0.000 1.000
60 1 3.32E-04 0.010 0.990
120 5 1.66E-03 0.070 0.930
180 8 2.66E-03 0.199 0.801
240 10 3.32E-03 0.379 0.621
300 8 2.66E-03 0.559 0.441
360 6 1.99E-03 0.698 0.302
420 4 1.33E-03 0.798 0.202
480 3 9.97E-04 0.868 0.132
540 2.2 7.31E-04 0.920 0.080
600 15 4.99E-04 0.956 0.044
660 1.05 3.49E-04 0.982 0.018
720 0.6 1.99E-04 0.998 0.002
780 0.3 9.97E-05 1.007 —-0.007
840 0 0.00E+00 1.010 —-0.010

6.4 RTD in Ideal Reactors

In Section 6.3, the experimental determination of the RTD for a given system was dis-
cussed. If it is possible to write down the exact mole balance equation for the flow vessel in
question, it is possible to calculate the RTD from first principles. The RTD in the PFR and
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the CSTR can be computed easily because the mole balances are known. These mole
balance equations are used to calculate the RTD in the following sections.

6.4.1 RTD in Perfectly Mixed CSTR

We consider first a perfectly mixed stirred tank with a constant-density fluid flowing in
and out at equal mass flow rates. The RTD can be analyzed using either a step-down or a
pulse injection. Assume, in the first instance, that the inlet stream to the vessel contains a
tracer at a concentration of Cy, and that the system is at steady state. The tank and effluent
concentration of the tracer are thus equal to C,. At time zero, the tracer concentration in the
feed is suddenly reduced to zero. Because there is no more tracer injected, the concentra-
tion in the tank begins to decline. The transient mole balance for the tracer is written
(using the principles given in Chapter 3) as

-QC = V% (6.33)

For a constant-density fluid, the space time is equal to the mean residence time, and
Equation 6.33 can be rearranged to give

- v = —a = ? (6.34)
Equation 6.34 is integrated to give the outlet concentration as a function of time
t
C(t) = CO eXp ( - t) (635)

Substitute the concentration from Equation 6.35 into Equation 6.12 to obtain the washout
function directly:

W(t) =

CH) -C=)  Coexp(-ttu) [t (6.36)
co-Cc= -~ G e"P( tm)

The normalized washout function is then simply given as
W(6) = exp(-0) (6.37)

Furthermore, the RTD function (density function) is obtained by differentiation:
dW(t 1
sty = - 400 = L

& t _ti) and f(0) = exp(-9) (6.38)

m

The normalized density function is equal to the washout function for the perfectly
mixed CSTR. The RTD function can also be obtained from a pulse injection. When a pulse
of tracer is injected into the tank, it is instantly mixed with the vessel contents to give an
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initial concentration of C,. As the material leaves the CSTR, the concentration of the tracer
in the effluent begins to decline. It can be seen that this mole balance is identical to that for
the step-down case, and the solution is given by Equation 6.35. When the concentration
function is substituted into Equation 6.10, we obtain the RTD function:

C(t Coexp|-(t/tm expl-(t/tn

[ P UR—— (/) (t( ) 6.39)
j:) C(t) dt .l; CO eXp(—(t/tm )) dt "

The washout function is obtained by the application of Equation 6.4:

W(t) = (Lo (_t) dt = ex (_t) (6.40)
I b P\ P, |
The normalized RTD function is written as

(6) = exp(-0) (641)

Equation 6.41 is the normalized RTD function for all perfectly mixed continuous stirred
tanks with a constant-density fluid. The normalized washout function for all perfectly
mixed tanks is

W(0) = exp(-6) (6.42)

6.4.2 RTD in Plug Flow System

The RTD function in a tube with plug flow is envisaged most easily in terms of the cumula-
tive distribution or the washout function. Suppose that a steady-state plug flow system is
subjected to a step change in the inlet concentration of a tracer (step up or step down).
There is no axial mixing in plug flow, so the outlet concentration profile will be exactly the
same as the inlet profile, and a sudden step change of the outlet concentration would be
observed after a time delay equal to the mean residence time. This pattern is shown in
Figure 6.9.

This behavior means that all molecules in a plug flow system have the same residence
time. The cumulative distribution function can be expressed as

Ft)=0 t<t,
(6.43)
Ft)=1 t>t,

The distribution function is defined in terms of the Dirac delta function, &(x). The Dirac
function equals zero at all values of x except x =0, and has the further property:

f 8(x)dx =1 (6.44)
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FIGURE 6.9
Response of a plug flow system to a step increase in inlet tracer concentration. The lack of axial mixing implies
that the outlet response curve has the same shape as the inlet change.

The RTD function is
f(t) = 6(t - tm) (645)

The moments of the normalized distribution all equal one, while the central moments
equal zero.

6.5 Modeling RTD

From a reactor analysis perspective, it is usually desirable to use the RTD data to predict
reactor performance. In other words, we want to use the RTD to model a reactor. The usual
approach is to develop a model flow system that has the same RTD as the existing system.
Provided that the conservation equations can be written for this model system, the perfor-
mance of the real vessel can be predicted. Empirical models with one or more adjustable
parameters are often used to model the RTD in vessels. Generally speaking, the more
adjustable parameters that are used in a model the better the correlation between a pre-
dicted and observed RTD will be. The adjustable parameters in RTD models are often
related to the moments of the RTD and are usually expressed in terms of the dimension-
less moments about the mean. The first two dimensionless moments about the mean are
always given and are therefore not variables, that is, o =1and w,' = 0. The moments
about the mean are selected so that the mean residence time is not a variable. Quite often
the mean residence time is known or may be calculated from other data. For example, for
a constant-density fluid, the mean residence time is given by the ratio of the reactor volume
to the volumetric flow rate:

t (6.46)

_v
Q
The following sections describe some common RTD models.

6.5.1 Multiple Vessel Models

It was seen in Chapter 3 that the mole balance equations for the ideal reactors, PFR and
CSTR, were relatively straightforward to write. Many industrial reactors are either tubular
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reactors or tank reactors, but may not necessarily be operated under conditions of either
plug flow or perfect mixing. Many such large-scale reactors are modeled as combinations
of ideal reactors, usually in series, sometimes with additional complexities. The following
sections describe some of the more common combinations of tanks and tubular reactors
that have been used to model industrial reactors. These types of models are sometimes
referred to as compartment models (Levenspiel, 1999) or tank and column models (Nauman
and Buffham, 1983).

6.5.1.1 Parallel Plug Flow Reactors

It is always possible to devise a combination of ideal reactors to fit an experimental RTD
curve. Indeed, any RTD can be closely approximated using a sufficient quantity of plug
flow reactors in parallel. For example, consider the washout function shown in Figure 6.10.
A set of parallel PFR can be made to fit the curve by adjusting the length of each reactor to
fit the curve, as shown in the figure. The more reactors that are used, the better will be the
approximation, although usually it is desirable to have as few elements as possible and for
the model to have some physical meaning.

6.5.1.2 Fractional Tubularity Model

A simple multiple reactor model is the fractional tubularity model, which consists of a PFR
in series with a CSTR, as shown in Figure 6.11. The order of the reactors is not important in
regard to the RTD, that is, the same RTD is obtained regardless of which reactor is placed
first. The single adjustable parameter in this model is the fractional tubularity, which is the
fraction of the total reactor volume that is assigned to the plug flow element. If the PFR
volume is V;, and the CSTR volume is V, the fractional tubularity is defined as

Vp + VS

6y (6.47)

It was seen in Section 6.2 that the PFR is characterized by a sharp breakthrough of
the washout function, while the CSTR exhibits an exponential decay. The cumulative
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FIGURE 6.10
Any RTD can be approximated using a system of parallel PFR. The length of the reactors is adjusted to match
the washout function.
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FIGURE 6.11
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The fractional tubularity model is one of the simplest multiple vessel models. It models the reactor as a PFR and
a CSTR in series. The RTD is the same regardless of the order of the reactors.

distribution function for the two reactors in series thus has a sharp first appearance fol-
lowed by an exponential tail, as shown in Figure 6.12. The time at which the washout
function shows a sharp breakthrough of the tracer compound is equal to the mean resi-
dence time of the PER. The position of the sharp breakthrough is adjusted by changing
the fractional tubularity. The dimensional form of the cumulative distribution function is

Fit)=1- exp(—t;ﬂ) for t>t,p

mS

The mean residence time of the PFR is

Washout function, W(0)

FIGURE 6.12
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The washout function for the fractional tubularity model is characterized by a sharp first appearance followed

by an exponential tail. The point of breakthrough depends on the relative volume of the PFR.
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The mean residence time of the CSTR is

Vs
th = 6.50
0 (6.50)

The dimensionless form of the cumulative distribution function is

F0)=1- exp(— 0 ; e”) for 0> 0p (6.51)
S

The dimensionless variance is

o5 = (1-0p)* = 63 (6.52)

The fractional tubularity can be determined directly from the observed RTD curve or
calculated from the variance of the RTD.

6.5.1.3 Tanks-in-Series Model

The tanks-in-series model uses N equally sized perfectly mixed stirred tank reactors in
series. The value of N is selected so as to match as closely as possible an observed or
expected RTD. Consider, as an illustration, three equally sized tanks in series through
which a constant-density fluid flows giving an equal space time (and mean residence time)
for each reactor (see Figure 6.13). At time zero, a pulse of the tracer is injected into the first
tank. This tracer instantaneously becomes uniformly distributed in the first tank, giving
an initial concentration of C,. The outlet concentration from the first vessel is given by
Equation 6.35:

Ci(t) = Co exp(—%) 6.53)

mi

where t,,; is the mean residence time in a single tank. The mole balance equation for the
second tank is obtained from the perfectly mixed mole balance, without reaction:

déG,

1% -
dt

QG - C) (6.54)

T | I

V.,
N
FIGURE 6.13

The tanks-in-series model uses a number of equally sized CSTR placed in series. The volume of each reactor is
the total volume divided by the number of reactors.
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Substitute for C,(f) from Equation 6.53 and solve

Cot) = Cotiiexp(—i) 6.55)

m tmi

Performing the mole balance on vessel 3 and solving in a similar manner give the outlet
concentration with time from the third reactor:

2

Ca(t) = %(i) exp(_tim) 6.56)

The RTD function based on the outlet from reactor 3 is then obtained using our defini-
tion of the RTD function:

C 2
- GO °°g(t/tmf) exp(~(t/tui)) =t2exp(—3(t/t,,,,-)) 657)
fo Cs(t) dt fo ) (£t exp(= (/b)) dt 2t

In Equation 6.57, the mean residence time (or space time), ¢,,;, is the value for a single vessel,
and not for the total system volume. Equation 6.57 can be generalized to a system of N tanks:

Nt t
ft) = (N_Mexp(—%) (6.58)

Equation 6.58 can be written in terms of the mean residence time for the entire system,
t,, as

m’/

tN—lNN t
)= ——— -N— 6.59
TO= N e"p( tm) ©.5)
The normalized distribution function is
N-IATN
0) = -N6 6.60
fO = P (-N) (660
The normalized washout function is
N1 ciagi
W(0) = exp(-N9) oN (6.61)

i!

1=

To utilize the tanks-in-series model, we need to determine the number of tanks that will
give the same RTD as for the real system. This number may be obtained from the variance
of the RTD, which is given by the second normalized moment about the mean (see
Equation 6.32):
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FIGURE 6.14

The shape of the washout function from the tanks-in-series model depends on the number of tanks. For one

tank, the washout function is exponential, while as the number of tanks increases, the performance approaches
that of a plug flow system.

-1
) eN N

! 2 P N
Vy = Oy =[(6 - 1) mexp(—NB)dB (662)

Solution of the integral equation gives the result

»_(N+2-D! . (N+D! | (N+D _

0

1
1=——
N x N! N x N! N N

(6.63)

The variance of the RTD is seen to be equal to the inverse of the number of tanks used.
Therefore, if the RTD curve is known, the appropriate number of tanks in series to use may
be readily calculated. The tanks-in-series model is widely used as a reactor model. For
example, a tubular reactor with a slight deviation from plug flow may be modeled as a
large number of tanks in series. The typical shape of the washout function from a series of
CSTR is shown in Figure 6.14 for various numbers of tanks.

Example 6.2

Consider the vessel with the RTD shown in Example 6.1. Calculate the number of tanks
in series that should be used to model this vessel.

SOLUTION

To determine the number of tanks in series, we need the variance. The variance is com-
puted as the second normalized moment about the mean residence time. Therefore, we
first compute the mean residence time from the formula
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By numerical integration, ¢, = 310.1 s. The variance is given by

©

o = [(6-1f(e)an =}’(: - 1)2f(t)dt

0

The equation is integrated numerically to give o = 0.232. For the tanks-in-series
model

Solving this equation gives N =4.31. Because only integers are acceptable, the num-
ber of tanks is taken as four. The model system would consist of four tanks in series,
each with a volume 25% of the volume of the real system. Because the tanks-in-series
model is restricted to an integer number of tanks, the match between the model and the
observed RTD will not be perfect.

It is worthwhile to consider the output from a series of tanks as the number of tanks
increases. The normalized RTD function for a series of perfectly mixed tanks is shown in
Figure 6.15 for an increasing number of tanks. This figure represents a response to a pulse
input to the system. It can be seen as the number of tanks increases, the shape of the
response curve becomes more symmetrical, and the maximum moves close to a dimen-
sionless time of 1. For an infinite number of tanks, the curve would become Gaussian in

4 - -
I 100 i
[=] L 4
S
g3r 7
= |
g L _
S
s | i
0
R 50 .
w)
52 n
QEJ | 4
-3 | 20 ]
g L
[=]
[
E -
g1
0
0.0 0.5 1.0 15 2.0

Normalized residence time

FIGURE 6.15
The shape of the residence time distribution function with an increasing number of tanks. The curve tends to
become more symmetrical and, in the limit, becomes a Gaussian distribution.
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FIGURE 6.16
A portion of the residence time distribution curve for the tanks-in-series model with 100 tanks.

shape, although it approaches this shape for a large but finite number of tanks. A portion
of the curve for 100 tanks is given in Figure 6.16. The key features of this curve are sum-
marized by the following equations. The maximum value of the RTD function occurs a
dimensionless time of

O = ——— (6.64)

At this value of dimensionless time, the maximum value of the RTD function is

f(0),., = I\Mexp(l - N) (6.65)

The inflection points on the curve are the positions where the rate of change of the slope
changes from positive to negative (or vice versa). The width of the response curve at across
these points (marked by the dotted line in the figure) is given by

= = (6.66)

In the limit (or for a very large number of tanks), the width across these points equals
twice the standard deviation (square root of the dimensionless variance).

6.5.1.4 Extensions of Tanks in Series: Gamma Function and Fractional Tanks

The standard tanks-in-series model described in the previous section is constrained to
have an integer number of equally sized tanks. This constraint is not a serious handicap
when large numbers of tanks are used as, for example, when modeling tubular reactors
with small deviations from plug flow. However, if N is small, such as the case that may
arise if using the model to describe small deviations from ideal mixing in a stirred tank,
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problems may arise. The constraint can be especially restrictive if the value of N is between
1 and 2. Both the gamma function and the fractional tank extensions have been proposed
to increase the flexibility of the tanks-in-series model.

In the gamma function model, the value of N is allowed to assume any value and thus
has no physical meaning. The normalized RTD curve is given by

N-1z7N

0
FO) =

exp(-N0) (6.67)
where the gamma function is defined by

r®) = f exp(-x)xN1dx (6.68)
0

If N is an integer, Equation 6.67 becomes the same as Equation 6.60 because for integer
values the following relation is true:

re)=u-1 6.69)

The cumulative distribution function is

NO

1 N-1
E(6) = in) [ exp(-x)xNdx (6.70)

In Equation 6.70, the integral is an incomplete gamma function because the upper limit
is less than infinity. The variance of the gamma function model is the same as for the
standard tanks-in-series model; thus, the only difference is that a noninteger value of N is
allowed. The most common use of the gamma function model is to simulate single stirred
tanks with less than perfect mixing. The model can account for stagnant regions or
bypassing (also called short-circuiting) in stirred tanks. Roughly speaking, stagnant
regions tend to increase the residence times of some molecules, while bypassing will tend
to reduce it. For a stirred vessel with significant stagnant regions, the variance of the RTD
will be less than one, and the value of N in the gamma function model will be greater than
1, while a stirred tank with bypassing will give a variance greater than 1, and hence a
value of N that is <1. Typical RTD curves for the gamma function model are shown in
Figure 6.17.

Although the gamma function extension offers the advantage of mathematical simplic-
ity, it suffers from a lack of physical meaning, and, for this reason, the fraction tank exten-
sion was proposed by Stokes and Nauman (1970). In this extension to the tanks-in-series
model, the system is comprised of I + 1 tanks in series, with I tanks (I must be an integer)
the same size and one tank of a smaller size. If V is the total reactor volume, the volumes
of the identical tanks, V;, and the volume of the fractional tank, Vj, are given by

1%

Vi = Vﬁ=ﬁ(v

) 6.71)
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FIGURE 6.17

RTD curves for the gamma function model. The gamma function model can account for stagnant regions and
bypassing in CSTR.

Note well that the value of B lies between 0 and 1. If the value of N has a noninteger
value, the value of B can be calculated from the system constraint:

I+B=N 6.72)

The normalized washout function of the fractional tank extension model is

W() = (1_—[35) exp(—Z\[;e) + exp(—Ne)z ei;?,l [1 —( i ) ] 6.73)

The variance of the RTD is different from that for the standard tanks-in-series model, and is

e N-B+B _ I+p
’ N? (I+|3)2

(6.74)

Figure 6.18 shows a comparison of the dimensionless variance for the gamma function
model and the fractional tanks model.

Example 6.3

Consider the vessel with the RTD shown in Example 6.1. Calculate the number and

size of the tanks in series that should be used to model this vessel using the fractional
tanks model.

SOLUTION

To determine the number of tanks in series, we need the variance. The variance was
computed in Example 6.2 to be o3 = 0.232; therefore
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Comparison of the dimensionless variance for the gamma function model (solid line) and the fractional tanks

model (dashed line).

2 N—ﬁ+[32 I+B2
Oy = 0]
N (I+[3)

- ;= 0232

Now, it was seen in Example 6.2 that the standard tanks-in-series model gave four
tanks. The fractional tank size in the fractional tanks model must lie between 0 and 1,
and this will occur when I = 4. We can then solve for the fractional tank size in the pre-
ceding equation, which gives = 0.167. Therefore, there will be a total of five tanks (but
note that N = 4.167), four of which will be equal in volume, and the fifth will be 16.7% of
that volume. The total system volume equals the volume of the real system.

6.5.1.5 Backflow, Crossflow, and Side Capacity Models

There are other extensions that can be made to the tanks-in-series model. One of these is
the backflow cell model. In this model, the system is once again treated as a series of
equally sized tanks; however, a backflow stream is introduced between adjacent vessels, as
shown in Figure 6.19. This backflow stream allows material to flow upstream from reactor
i to reactor i — 1. The backflow model allows for additional axial dispersion in the system.
This model is a two-parameter model because both the number of tanks and the backflow
ratio must be specified. Note that as the volumetric flow rate of the backflow stream tends

Z
z[<

HRHeT

q q

.&.,.6

q

FIGURE 6.19

N

The backflow cell model is essentially a tanks-in-series, model which allows fluid to flow backwards to upstream

tanks.
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FIGURE 6.20
The crossflow model has a separate stirred tank attached to the main tank. Fluid is transferred between the two
at a specified flow rate. This model can be used for a CSTR with stagnant regions.

Qe—> v > v, > Vv, —>e

FIGURE 6.21
Side capacity models come in various forms and are another model that can be used to account for stagnant
regions.

to zero, the model tends to the standard tanks-in-series model. As the backflow stream g
becomes very large compared to Q, the system tends to act like a single stirred tank.

The backflow model allows for backmixing between tanks. A crossflow model is a modi-
fication to a stirred tank model that allows for the presence of stagnant regions. In this
model, the main tank exchanges mass with a secondary tank at a flow rate 4. Mass cannot
leave the secondary tank directly, only by exchange with the main reactor. This arrange-
ment is shown in Figure 6.20.

Side capacity models are another method of accounting for stagnancy. A typical example
is shown in Figure 6.21. In this figure, the side stream through the CSTR is taken from the
inlet of PFR V, and passed around to the exit. This pattern corresponds to feed forward. If
the same tank arrangement was used but the stream to the CSTR was taken from the exit
of PFR V, and returned to the entrance of PFR V,, the situation would be called feedback.

Numerous other possibilities can be envisaged. For example, one could take the back-
flow cell model shown in Figure 6.19 and add crossflow cells on each of the tanks. Obviously
such a model would have a larger number of adjustable parameters. In general, the higher
the number of parameters, the better will be the match between the observed and the pre-
dicted RTD. However, the predictive ability of the reactor model will not necessarily be
better. One should try as much as possible to minimize the number of adjustable param-
eters in the model.

6.5.2 Theoretical Model for Laminar Flow Tubular Reactor

If the hydrodynamics (velocity pattern) of a vessel are known, the RTD can often be com-
puted analytically. Consider, for example, the fully developed laminar flow of a Newtonian
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fluid in a circular tube of radius R. The velocity profile is parabolic. In terms of the mean
fluid velocity, u,,, and the radial position, 1, the axial velocity u is

m’/

u(r) = 2u,, (1 - 11:2) 6.75)

In laminar flow, the fluid flows along well-defined streamlines. Because of the radial
velocity distribution, the fluid velocity increases as the distance from the wall increases,
and the residence time of a particle at the center is thus less than that of particles closer to
the wall. If a change in the inlet concentration is made, a radial concentration profile will
develop as the fluid flows down the tube. Molecular diffusion will act to reduce the radial
profile; however, in many systems, especially liquid systems, the rate of diffusion is slow
and a radial concentration profile is retained. In the limiting case of zero diffusion, the
RTD can be readily derived. The solution of the case where molecular diffusion is included
is discussed in Section 6.5.4.

For a particle moving along a streamline in a tube with no diffusion, the residence time
of that particle is simply the length of the tube divided by the velocity of the streamline.

Hry = £ 6.76)

Substitute the radial velocity profile and note that the ratio of the mean velocity and the
tube length is equal to the mean residence time:

H(r) = - T 6.77)
Zum(l—(r /R )) 2(1—(r /R ))

From Equation 6.77, it is seen that the residence time of a particle traveling along the axis
is one-half the mean residence time, which corresponds to the minimum particle residence
time in the tube. The fraction of the fluid that flows in a differential radial increment, dr, is
given by

u(r) 2mr dr
Q

Fraction of fluid flowing indr = 6.78)

The total fraction of the fluid in the tube within the range of = 0 to an arbitrary value of
r is found by integration:

F(r) = é[u(r) 2nr dr = é[Zum (1 - 1’;) 2qtr dr 6.79)

Solution of the integral gives the fraction of the fluid in the tube with a radial position
less than or equal to r:

2r°R* - 1t

w (6.80)

E(r) =
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Equation 6.77 relates the residence time to the radial position, and this equation can be
substituted into Equation 6.80 to obtain an expression for the fraction of the fluid in the
reactor with a residence time less than or equal to t:

2
Hﬂ=1—2% 6.81)

Equation 6.81 is the cumulative distribution function. The minimum residence time is
one-half the mean residence time; thus, the complete cumulative RTD function is

t
FH)=0 t< 2
*) <5
6.82)
Fty=1-ti ¢utn
41* 2
The washout function is then defined as
E
W(t) = 1 t < ?
(6.83)
Wy gt
41? 2
The RTD function is the derivative of the cumulative distribution function
tﬂl
f)y=0 t< o
(6.84)
fiy =" st
283 2
The normalized functions are
F®)=0, W®)=0, f(6)=0 for 6<05
1 1 1 (6.85)
F(6)=1—4762, W(6)=4762, f(6)=ﬁ for 6>05

This result is valid for Newtonian fluids with no diffusion present. Other results apply
if the fluid is non-Newtonian. For example, with a power law fluid, the velocity profile is
given by

(1+(1/m))
n=1 (6.86)

u(r) = 2u, [1 - (%)
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It can be shown that the cumulative distribution function is equal to

(2n/n+1)

E(t) = [1 " 2”%} [1 - w £ Mt (6.87)
(3n + 1)t (3n + Dt Gn+1) "

6.5.3 Dispersion Model for Tubular Reactors

If a step change is made in the inlet concentration of a tracer in a plug flow system, the
shape of the axial concentration profile does not change as the fluid flows down the tube.
In a system that does not have plug flow, axial mixing tends to smooth out or blur the
shape of the concentration profile. Rather than observing a sharp step in the outlet concen-
tration for a step input, the concentration increases more slowly over a measurable period
of time, as shown in Figure 6.22.

In turbulent flow, the axial mixing, or backmixing, results primarily from localized
velocity fluctuations. In laminar flow, backmixing is caused by molecular diffusion forces.
Turbulent axial mixing is referred to as dispersion, and the flow in a tube is modeled in the
same manner as molecular diffusion, that is, it is assumed to follow a Fick’s law type of
relationship. The dispersion model for flow in a tube can be viewed as a plug flow model
with a superimposed dispersion. For the transient flow of a nonreacting tracer, the mole
balance equation is

2
DL% _u, 9C _9C (6.88)
0z 0z ot

In Equation 6.88, u,, is the time average mean axial velocity and D; is the axial (or longi-
tudinal) dispersion coefficient. Equation 6.88 can be made dimensionless by defining the
following scaling factors:

0=-— C=— (6.89)

Here, C, is usually taken as the maximum concentration in the system. This concentration
would be the initial concentration in the system before a step down or the final concentration
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FIGURE 6.22
Comparison of the outlet response to a step input for plug flow and flow with axial dispersion.
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after a step up. Note that the mean residence time is given by t,, = L/u,, and therefore the
dimensionless equation is, after substitution

D, \ d*C" oC"  aC
— |- = 6.90
(umL) 9z? oz 90 (6.90)

Equation 6.90 is rewritten using a dimensionless group called the Peclet number, denoted Pe:

(L) o i -

Equation 691 is a second-order boundary value problem and requires two boundary
conditions. If the system is taken as a closed system (which implies that there is no disper-
sion in the feed line), the dimensionless boundary conditions are

1 oC”

C;n=C*—P——a* atz =0

- € oz 6.92)
67* =0 at Z* =1

0z

These boundary conditions are called the Danckwerts boundary conditions. Note that
as the Peclet number tends to infinity (e.g., with a large u,, or small D, ), the flow tends to
plug flow, and as the Peclet number becomes very small, the flow tends to be perfectly
mixed. The dispersed plug flow reactor performance therefore falls between the limits of
a PFR and a CSTR.

The Peclet number can be found experimentally using a pulse injection into the tube
inlet and finding the RTD function as described in Section 6.3. The Peclet number depends
on the variance of the normalized RTD function (Levenspiel and Smith, 1957):

e " P [1- exp(-Pe)] (6.93)

The behavior of the washout function with increasing Peclet number is shown in
Figure 6.23. Note that as the Peclet number increases the flow approaches plug flow. The
behavior of the washout function with increasing Peclet number is similar to that observed
with the tanks-in-series model with increasing number of tanks. Either model can be used
to model a tubular reactor with dispersion, and can give similar results. An advantage of
the tanks-in-series model over the dispersion model is that the tanks-in-series models
require the solution of a system of algebraic equations while the dispersion model requires
the solution of a differential equation.

Once the Peclet number for the system is calculated from the RTD information, the mole
balance for a steady-state system with chemical reaction of a species A is written (in dimen-
sional form) as

2
ICa _ Uy 9Ca _ (-74) =0 (6.99)

D
baz2 0z
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FIGURE 6.23

The washout function depends on the value of the Peclet number. At small Peclet number, the performance is
similar to a CSTR, and as the Peclet number increases the behavior approaches plug flow.

When the extent of axial dispersion is relatively small, that is, when the Peclet number is
greater than about 100, Equation 6.93 can be approximated by the form
2
0

o

2
i 6.95
Pe (6.95)

As the Peclet number becomes increasingly large, the shape of the output curve (nor-
malized RTD function) tends toward a symmetrical curve (Gaussian distribution) in the
same manner that the TIS model output approaches symmetry as the number of tanks
increases. Typically, when Pe > 100, an injection of an idealized pulse of tracer into the feed

of the vessel gives a nearly symmetrical output curve. The equation for the Gaussian dis-
tribution is

i (_Pe(l- 0)?)
- 2/n/Pe expL 4

f(0) (6.96)

This equation is plotted in Figure 6.24 for a Pe of 100. The maximum value of f(6) occurs
at 0 =1, and therefore the maximum value is given by

1 Pe
F(O)max = m “\ax 6.97)

The inflection points on the plot occur at 0.61 £(0),,,, and the width of the curve across the
inflection points is equal to 26, The dimensional quantities can give useful information
about the system. Recall that

FO) = tuf(t) = ui Pe = ”[’;LL (6.99)
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FIGURE 6.24
A near Gaussian-shaped distribution function for the dispersion model with high Peclet number. In this case,
the Peclet number is 100.

The dimensional form of the Gaussian curve is thus

u, Uy, 2
f® = 1DL eXp(— 2D, (L - tu,) ) (6.99)

The variance of this curve is related to the dimensionless variance, and thence to the
physical parameters:

o’ = tiod = tfni = 2( D gL) (6.100)

The variance is thus proportional to the distance, which means that the width of the
RTD curve is proportional to the square root of the distance.

Another interesting artifact of systems with small amounts of dispersion is the additive
property of the nonnormalized variance. Consider, for illustration purposes, a series of
tubular vessels in each of which a small amount of dispersion occurs. The overall mean
residence time is the sum of the residence times of each vessel, that is

(t)total = (Er + (B2 + (En)s + - (6.101)

The nonnormalized variance in each vessel is given by

2
o = ol =2 2 - (ui) (iDi) - 2(2%) 6.102)
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The variance of the system as a whole is the sum of the variances of the components, or
(021 = (02); +(07), + (07); + - (6.103)

This surprising result has the consequence that for a system in which there is a small
amount of dispersion, the Peclet number for the vessel can be determined from any shape
of input pulse, provided that the concentration profiles of both inlet and outlet pulses are
known. Equation 6.103 implies that the variance of a system does not depend on the shape
of the incoming pulse: in other words, the change in variance across a system is constant.
Consider a “sloppy” pulse injection into the vessel, which has a variance o7, and a “mean
residence time” t,, ;.. This latter value would be computed from the first moment of the
injected curve. The outlet variance and “mean residence time” o4, and t,, ., respectively,
are also computed. The Peclet number can then be computed from the difference between
the two variances, as follows:

Oou=On_ A0y 2 6104
(tm,out - tm,in )2 Ati ¥ Pe ( . )

For larger axial dispersion (Pe < 100), the preceding simplifications are not valid.

Example 6.4

Consider the vessel with the RTD as shown in Example 6.1. Calculate the Peclet number
that would be used with the axial dispersion model.

SOLUTION

The Peclet number is computed from the variance. From Example 6.2 03 = 0.232; therefore

2 2
ol = po " perll- exp(-Pe)] = 0232

This equation can be solved by iteration to give a value of Pe = 7.47. Note that because
the Peclet number is <100 (large amount of dispersion present) the approximate solution
of Equation 6.95 would not be valid.

When chemical reaction is included in the dispersion model, a numerical solution is usu-
ally required for the resulting differential equation, even at steady state. Consider a reac-
tion with a single reactant A and a simple power law rate expression. Equation 6.94 becomes

9°Ca aCa
A S o 6.105
a2 oz A ( )

Dy

Introducing the dimensionless length coordinate, the Peclet number and the mean resi-
dence time (see Equation 6.98), we can write

oA TRkt Ch = 0 (6:106)
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In terms of the fractional conversion

— OO Ak, Ci (1= XA) =0

295

6.107)

The fractional conversion is therefore governed by the magnitude of three dimension-
less groups, PE, n, and kt, CiY. There is an analytical solution to this equation only for a

first-order reaction:

Ca _ (1 ~Xa) - 4aexp(Pe/2)
Cao A7 (1 + ay exp(aPe/2) - (1 - a)* exp(-aPe/2)
05
where a= (1 + 4kt"’)
Pe

When the Peclet number is greater than 100, the approximate solution is

[ P (A
Coo (1 XA) = expL kt, + Pe J
Substituting the variance from Equation 6.100 gives
CA { kzoz\
A _(1-X,) = -
C. ( A) eXPL kt, + Pe |

Recall that for a PFR, the mole balance equation is

dF dcC
A -Q A

- - kC
dv dv A

The solution expressed in terms of the mean residence time is

Ca

= (1 - XA) = exp(—ktm)
CAO

The effect of dispersion is clear on the solution.

6.5.4 Convection-Diffusion Equation for Tubular Reactors

(6.108)

(6.109)

(6.110)

6.111)

6.112)

(6.113)

The laminar flow tubular reactor with no diffusion was discussed in Section 6.5.2. In
that section, it was seen that the RTD function could be determined analytically. The
one-dimensional dispersion model discussed in Section 6.5.3 essentially imposes some
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axial dispersion on the plug flow model, which preserves the one-dimensional flow
profile. Radial concentration gradients are ignored in the axial dispersion model. In fact,
the dispersion model can be considered to be a special case of the general convection
diffusion equation. For flow in a tube of circular cross section with a one-dimensional
velocity profile (the velocity has only an axial component), the convection diffusion
equation can be written as a partial differential equation in cylindrical coordinates as
follows:

d dCp 19 dCp aCA aCA
—| D ~——|rD, - U, - (- = .
az( - 0z ) * r az(r 0z ) :(r) (-7) 6.114)

Note that the assumption of zero radial velocity is not strictly valid, especially if there
is an entry length in which the flow develops. Equation 6.114 can be applied to either
laminar or turbulent flow. In turbulent flow, D; and D, would be axial and radial disper-
sion coefficients, and would be a combination of molecular and eddy diffusivities. The
axial velocity in turbulent flow would be a time-averaged value. In laminar flow, D, and
D, are molecular diffusion coefficients (which, except in special cases, have the same
value, here denoted D,) and Equation 6.114 is simply the fundamental mole balance
equation.

For the laminar flow of a Newtonian fluid, the fully developed velocity profile is para-
bolic, and the convection diffusion equation becomes
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Introduce the dimensionless quantities:
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If the molecular diffusion coefficient is taken as constant, substitute the dimensionless
quantities into Equation 6.115 and rearrange:
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For many tubular reactors, the ratio L/R is very large and thus the axial diffusion term
is small compared to the scaled radial diffusion term. Thus, for laminar flow, axial diffu-
sion can often be ignored where the convection diffusion equation is used. Equation 6.117
reduces to
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Equation 6.118 must be solved numerically.
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6.5.4.1 Taylor-Aris Dispersion

An interesting result for laminar flow was developed by Aris (1956) and Taylor (1953), who
showed that the two-dimensional convection diffusion equation for laminar flow could be
reduced to a one-dimensional form similar to the 1D dispersion model described in Section
5.5.3. Thus, for laminar flow, the dispersion model is

(DL)aZCA aCyu b (=) = aCa

-—- 6119
WL (6119)

0z? 9z

The axial dispersion coefficient accounts for the radial diffusion, and depends on the
velocity. It is given by the formula

unR?
D, =D = 6.120
ST TN 6120
This result is valid provided that the following condition is true:
L 016R (6.121)
R A

The boundary conditions for this model are the same as for the dispersion model dis-
cussed in Section 6.5.3.

6.5.5 Summary of RTD

The previous sections have introduced the concept of the RTD and shows a variety of mod-
els for it. Certainly, the wide variety of choices available can lead to confusion when it is
time to make a decision as to how to model a deviation from nonideality. It must be empha-
sized that there are no hard-and-fast rules that govern such a choice, and much is left to the
discretion of the designer. For example, the tanks-in-series model and the dispersion
model can give essentially identical results, provided that the number of tanks or the Peclet
number is selected appropriately, and the choice between the two is a matter of personal
preference and computational convenience. In general, when selecting a model, it is prefer-
able to select one that approximates as closely as possible the physical reality. Thus, for a
tubular reactor where there is some axial dispersion, the dispersion model might be cho-
sen. For a CSTR with a stagnant region, a crossflow model might be appropriate.

It is important to realize that the RTD function is not necessarily sufficient to describe reac-
tor performance. Many vessel models will give the same RTD, but, when used to calculate
conversion in reactors, will lead to different results. This idea is pursed in detail in the next
section: suffice to say in summary that the use of the RTD to model reactor behavior is an area
that is subject to potential error, and requires a certain amount of experience to use correctly.

6.6 Mixing in Chemical Reactors

The RTD is a key governing factor in the analysis of chemical reactors. However, it is rela-
tively easy to demonstrate that the RTD is, in itself, not sufficient to define uniquely a flow
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FIGURE 6.25
The fractional tubularity model gives the same RTD function regardless of the order of the reactions. For any
reaction other than first order, the conversion from the two reactor systems will be different.

system in which a chemical reaction occurs, except in limited circumstances. Consider, for
example, the fractional tubularity model as shown in Figure 6.25. The RTD function is the
same regardless of the order in which the PFR and the CSTR are placed. It was seen in
Chapter 3 that, for a first-order isothermal reaction occurring in a reactor system com-
prised of a PFR and a CSTR in series, with a constant-density fluid, the conversion was
independent of the reactor order. However, if the reaction is not first order, the conversion
will not be the same for the different reactor combinations. The fractional tubularity model
is not the only example of a system in which the building blocks of the model can be
arranged in different fashions without changing the RTD. Indeed, for any given RTD func-
tion it is possible to propose more than one set of vessels that will reproduce exactly the
RTD function. For nonlinear reaction kinetics, the RTD is not sufficient to predict the yield
and conversion of a chemical reaction. In such cases, it is necessary to consider the degree
and intensity of segregation experienced by fluid elements.

Mixing in vessels is a complex subject, especially for multiphase systems, fluids of high
viscosity, or reactors in which the reactants enter in separate feed streams. Mixing phe-
nomena in chemical reactors may be considered from the point of view of fluid mechanics
using the theory of turbulence, and from a systems approach of macro- and micromixing
theory. Both approaches are influenced by turbulence because turbulent mixing affects
chemical reactions depending on the kinetics involved, as well as the way in which reac-
tants are transported to the reaction zone.

Mixing is a loose term that encompasses many definitions, depending mainly on the
definition of the term mixture. A mixture is a combination of two or more ingredients that
retain their separate identities however thoroughly comingled. In essence, the extent of
mixing refers to the distribution of each species in the mixture with respect to the others.
The extent of mixing depends on the scale of view. If the scale of view is very large, then
even a very coarse mixture with large clusters of each species may appear to be homoge-
neous, and only the mixing of large fluid elements must be considered. On the other hand,
if the extent of mixing is to be judged on a very small scale, it is necessary to consider mix-
ing by the smallest fluid elements in conjunction with molecular processes. Typically, in
chemical reactors, the mixing is important at the molecular level because, except for uni-
molecular reactions, different reactant molecules must be in physical contact before reac-
tion can occur.

The term diffusion refers to the act of spreading out. When this spreading out is caused
by relative molecular motion, it is called molecular diffusion. In turbulent flow, there is bulk
motion of large groups of molecules or eddies. This gives rises to material transport called
eddy diffusion. When the material transport does not involve molecular or eddy diffusion,
it is called bulk diffusion or dispersion. Bulk diffusion is usually considered to be a result of
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specific convection mechanisms or large-scale motions that cause dispersion. It is the com-
bination of molecular, eddy, and bulk or convection effects that are best described by the
term mixing.

The rate of at which molecular diffusion occurs depends on the relative molecular
motion of the diffusing species. In any fluid where there are two or more kinds of mole-
cules, these molecules will intermingle and form a uniform mixture on a submicroscopic
level if sufficient time is allowed to elapse. This view is consistent with the definition of a
mixture because, at a molecular scale, we can still observe individual molecules of the two
kinds; these molecules would always retain their identities. The ultimate in any mixing
process would be this submicroscopic homogeneity where the molecules are distributed
over the field; however, the molecular diffusion process alone is generally not fast enough
for most reaction engineering applications. In some systems, molecular diffusion is
so slow as to be completely negligible in any reasonably finite time—for example, in
high-molecular-weight polymer processing. Other means must be found to ensure
good mixing.

6.6.1 Laminar and Turbulent Mixing

If turbulence can be generated, the eddy-diffusion effects can be used to aid the mixing
process. For some cases, however, the generation of high degrees of turbulence might not
be practical, for example, solutions of very high viscosity would require very large power
inputs to the vessel. Furthermore, some systems may undergo product deterioration under
high-energy inputs. In such instances, mechanical means of stretching and folding of
intermaterial surfaces are usually employed to promote mixing.

In turbulent flow, the ultimate mixing at the molecular level is achieved by small-scale
turbulent eddies, whose size and intensity depend on the local energy dissipation rate.
This phenomenon becomes important particularly in the case of multiple simultaneous
reactions where it can affect the selectivity of a desired product.

Turbulence is important in fluid mixing operations because it determines to a large
extent the microscale or molecular-scale mixing that takes place within the fluid.
Turbulence accelerates reaction and promotes uniformity by ensuring that small-scale
homogeneity is achieved. It also influences the rate at which chemical reactions occur, and
can contribute to the distribution of reaction products formed.

6.6.2 Mixing Process: Micromixing and Macromixing

The process of mixing of two streams of miscible liquid can be described from either the
Eulerian or Lagrangian points of view. In the classical Eulerian frame, the observer remains
fixed in space, and the contents of the vessel at a single point are described. In the
Lagrangian frame perspective, mixing is considered in time, whereby the history of a fluid
element is followed as it moves through the vessel, thus allowing the identification and
description of elementary processes that constitute mixing. The main concept in this
approach is that of the division of mixing into two processes namely, macromixing and
micromixing.

6.6.2.1 Macromixing and Macrofluids

Macromixing refers to the large-scale flow characteristics, for example, convection and
turbulent dispersion that are responsible for large-scale distributions in the system. Large-scale
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distributions are characterized by such features as the RTD or age distribution of particles
in the vessel. Macromixing depends on the flow pattern in the vessel, which, for a stirred
tank, would depend on such factors as the power input. Because the eddies involved in
turbulent motion are relative large on the molecular scale, a macrofluid can be viewed as
consisting of clusters of molecules circulating in the vessel which tend to retain their iden-
tities. An analysis of the concentration distribution of different molecules in the vessel
could indicate a perfectly mixed system when the sample size selected is larger than the
eddy size.

6.6.2.2 Micromixing and Microfluids

Micromixing is concerned with all features of mixing that help achieve homogeneity at the
molecular level. Mixing occurs in three successive or simultaneous stages: (1) inertial-con-
vective disintegration of large eddies that lead to reduction of segregation scale, (2) a vis-
cous—convective process of formation of laminated structures within energy-dissipating
vortices caused by fluid engulfment, and (3) molecular diffusion within the deforming-
laminated structures. In a microfluid, the individual molecules are free to move and mix
in an unrestrained fashion.

6.6.2.3 Mixing and RTD

The RTD is a measure of the level of macromixing; therefore, systems with the same RTD
(same level of macromixing) can show different conversions if the level of micromixing is
different. The modeling and prediction of the extent of micromixing that can be achieved
in a given vessel remains a complex topic in which much research continues to be done.
The relationship between RTD, macromixing, micromixing, and conversion in a chemical
reaction is illustrated in the following sections for some limiting cases of micromixing. As
a first step in constructing a methodology, we introduce a new reactor, the segregated tank
reactor.

6.6.3 Segregated Tank Reactor

In Chapter 3, the mole balance equation for the perfectly mixed CSTR was developed. In
that analysis, it is implicitly assumed that the perfect mixing extended to the molecular
level, that is, perfect micromixing was assumed. We now consider a stirred tank reactor
with a different set of assumptions. Following on from the concept of a macrofluid, take
the feed to this reactor as being comprised of packages of fluid, packages that are small in
comparison to the size of the reactor but, at the same time contain a significantly large
number of reactant molecules. These packages could be envisaged as, for example, small
hollow spheres containing fluid. When the packages are admitted to a stirred tank, we can
envisage two scenarios that involve perfect mixing: one with perfect mixing at the mac-
roscale, and the other with perfect mixing at the microscale. These two scenarios are
shown in Figure 6.26.

If the packages are admitted to a stirred tank in which there is a sufficient level of mix-
ing, then the packages of fluid can be perfectly mixed at the macroscale. This process can
be viewed as a perfect mixing of the turbulent eddies. However, if we consider the fluid
particles as “capsules” of fluid, mass transfer among the different capsules is not allowed.
In other words, there is no mixing between fluid elements that have different residence
times. The capsules or eddies of fluid will follow the normal RTD for a perfectly mixed
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FIGURE 6.26

Different levels of mixing in a stirred tank. (a) The “packages” of fluid are perfectly mixed in the vessel, but each
package maintains its integrity as it flows through the vessel. (b) Each package is broken up and mixed with the
vessel contents. The RTD for each vessel is the same.

stirred tank, and thus a probe placed on the effluent from such a system would record the
exponential function that was developed in Section 6.2. Indeed, provided that the fluid in
the tank is perfectly mixed as a macrofluid, the RTD is the same for any level of micromix-
ing. In other words, the RTD can tell us nothing about the level of micromixing that occurs
in a system.

A stirred tank reactor that has perfect macromixing but no micromixing is known as a
segregated tank reactor. Except for a unimolecular reaction, the conversion in a segregated
tank reactor will be different from that obtained in a stirred tank reactor with perfect
micromixing. Because the mole balance equations developed in Chapter 3 for the CSTR
only apply to a vessel with perfect micromixing, another method must be found for calcu-
lating the conversion in the segregated tank reactor.

6.6.3.1 Conversion in Segregated Tank Reactor

The conversion in a segregated tank reactor can be calculated using the batch reactor mole
balance and the RTD. Because each package moves through the reactor without intermin-
gling with the fluid in other packages, each package can be seen as a small batch reactor.
The time that the “batch reactor” spends in the stirred tank determines its outlet conver-
sion, and this time is given by the RTD. The initial concentration of reactants in the pack-
age is the same as the inlet concentration to the stirred tank. The outlet concentration from
the tank is the average of the concentration of reactants in all of the exiting packages,
which is calculated using the batch reactor mole balance. Consider, for example, a simple
second-order reaction occurring in a batch reactor. The batch reactor mole balance is

dC,
dt

(=1a) = kC3 = - (6.122)

Integration of Equation 6.122 gives the concentration of A as a function of time:

-1

Ca(t) = [kt + cl} 6.123)

A0
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Therefore, the concentration in any packet is known provided that the residence time of
the packet is known. The distribution of concentrations among all of the exiting packages
is determined by the RTD. The average outlet concentration of A in the vessel effluent is
then computed by adding together the concentrations of all of the packages leaving the
reactor at different times, which is obtained by integrating over the entire RTD curve

Car = [ Ca(Hf (1) dt (6.124)

Substitute Equation 6.123 and the RTD curve for a CSTR into Equation 6.124:

° -1

Car = f [kt + Cle] exp(=(t/t,))dt (6.125)

Integration of Equation 6.125 gives the outlet concentration of A. Note that although the
upper limit on the integral is infinite, in practice the integration is continued as long as the
RTD function has a nonzero value.

Example 6.5

Compare the conversion obtained in a CSTR when it is operated with segregated flow to
that obtained with perfect micromixing. The reaction is second order:

(-1a) = kC3 (6.126)
Compare the performance for the cases where ¢,, k C,, equals 5, 10, and 20.

SOLUTION

We first calculate the conversion using the segregated flow model. For a stirred tank
with perfect macromixing, the outlet concentration for a second-order reaction is given
by Equation 6.125. We can introduce the normalized residence time and rearrange the
equation to the form

e -1

1
Car = | [Kkt,.0 + —

Substitute for the first case where t,, k C,, =5 and rearrange

exp(-0)do (6.127)

Cae _ f( eXP(-e)) 46— 1- Xor (6.128)

The integral must be evaluated numerically. The integral can be computed with
increasingly large upper limits until the integral remains essentially unchanged by fur-
ther increases in the upper limit. For the value t,, k C,, =5, we find the fraction conver-
sion of A to be 0.701.
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The outlet conversion from the perfectly micromixed CSTR is found using the mole
balance equation developed in Chapter 3. For a constant-density system (where the
space time equals the mean residence time), the mole balance is

Cao = Cae — tukCip = 0 (6.129)

Rearranging and substitution of ¢, k C,, =5 gives

2
1 Car _ 5(%) -0 (6.130)
CAO CAO

The quadratic equation can easily be solved, and thus the outlet conversion com-
puted to be equal to 0.642, which is lower than the value for the segregated tank reactor.
Repeating for calculations for the different operating conditions yields the following

results:
£,k Cag 5 10 20
X p segregated tank (perfect macromixing) 0.701 0.798 0.870
X g CSTR (perfect micromixing) 0.642 0.730 0.800

Comparison of the concentrations at the outlet of the two systems shows that there
is indeed a difference in conversion. For “normal” kinetics, the conversion from the
segregated flow reactor will be higher than that from the CSTR with perfect micromix-
ing. Recall from the comparison of the PFR and the CSTR in Chapter 3 that back mixing
reduces the conversion for normal kinetics.

6.6.4 General Segregated Flow Model

The segregated flow model used for the development of the segregated stirred tank can be
generalized for any given RTD. The segregation model represents one extreme of micro-
mixing, thatis, the extreme of zero micromixing. In this model, there is no mixing between
fluid elements of different ages. A PFR is an example of a perfectly segregated reactor
because every particle in it has exactly the same residence time. Although there is perfect
radial mixing in the PFR, all radial elements have the same residence time. There is no
mixing in the axial direction in this system. The RTD for a PFR was developed in Section 6.4
and the desire here is to extend the segregated flow pattern of a PFR to a vessel with an
arbitrary RTD, in an analogous manner to that used for the stirred tank. To illustrate how
this can be done, we can envisage the vessel as a PFR in which all of the feed enters the
reactor at the inlet, but various side streams are taken from the reactor. The positions of the
side streams, and the flow rate of fluid at each one, are adjusted as required to give the RTD
curve determined for the vessel in question. This arrangement is shown in Figure 6.27.
Note that this arrangement is equivalent to a system of parallel PFR of differing lengths.
The fluid taken out of the side streams is transported to the reactor exit, where it is mixed
with all of the other fluid from the side streams and the reactor effluent. This behavior is
also known as late mixing because fluid elements of different residence times are mixed as
late as possible in the vessel, in this case at the reactor outlet. The outlet concentration can
be determined from the batch reactor kinetics and the RTD function, as done for the seg-
regated stirred tank. That is, the outlet concentration is given by
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FIGURE 6.27
The segregated flow model for mixing can be envisaged as a plug flow reactor with multiple outlet streams. All
the fluid enters at the reactor inlet, and then outlet side streams are added to match the observed residence time
distribution.

Car = f Ca(t) f(£) dt (6.131)

Equation 6.131 is the same as used to calculate the outlet concentration from the segre-
gated tank reactor, as illustrated in Example 6.5. However, in the general model, the RTD
function used in the solution is the one that is observed in the reactor that is to be ana-
lyzed. A numerical integration of the resulting equation is required.

The general segregated flow model can be applied to any vessel, provided that the RTD
is known. The integration is usually performed numerically, especially if the RTD function
is given as a set of discrete data points.

6.6.5 Maximum Mixedness Model

The segregation model is one extreme of zero micromixing, with no interaction between
fluid packets of differing ages. The other extreme of maximum micromixing occurs when
the fluid packages of differing residence times are mixed as early as possible in the flow
system that is consistent with the observed RTD. The model for this type of behavior is
called the maximum mixedness model, or early mixing model. This behavior can be mod-
eled using a PFR with inlet side streams, as shown in Figure 6.28. The feed flow rate is
distributed among the side streams in such a way so as to match the required RTD func-
tion. It can be seen that in this arrangement, fluid entering the reactor in a given side
stream, which has a residence time of zero, will mix with fluid already present in the reac-
tor, that is, fluid that has a finite residence time. Mixing of fluid elements with different
ages thus occurs as early as possible. The conversion in a maximum mixedness model can
be calculated by performing a mole balance that considers all of the side streams. We start
by defining an alternative variable, A, which is defined as the residual life, or the residence
time remaining for an entering particle. Particles that enter at the reactor exit have a resid-
ual life of zero. The residual life is nothing more than the residence time for the entering
side stream particles. All particles at a given A have the same time left in the reactor, but

NENERNNEE
—t) )—

A=oo A

0

FIGURE 6.28

The maximum mixedness flow model for mixing can be envisaged as a plug flow reactor with multiple inlet
streams. The fluid enters at specified inlet side streams, whose positions are added to match the observed resi-
dence time distribution.
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FIGURE 6.29
Control volume used to develop the mole balance for the maximum mixedness model.

they may have different ages. The concentration at the reactor outlet can be derived from a
mole balance equation. Take a small control volume of the reactor, as shown in Figure 6.29.
The mole balance over the discrete volume element is

GCaA(h + AN) + AgCag — AV (-14) = (9 + A9)Ca (M) (6.132)

Particles with a residual life of A have a residence time equal to or greater than A. The
washout function gives the fraction of the fluid in the reactor that has a residence time
equal to or greater than A. Therefore, for a given value of A (at a specified location in the
reactor), the flow rate in the reactor at that point can be related to the total feed flow rate
using the washout function

1 _wo
0 \) (6.133)

All the fluid that enters a side stream (the incremental flow rate at that point) has the
same residence time; therefore, the flow rate of this stream can be expressed in terms of the
RTD (density) function

‘%f = FO)AN (6.134)

Dividing Equation 6.134 by Equation 6.133 eliminates the total feed flow rate and gives a
relationship between the incremental flow rate and the reactor flow rate at any point in
terms of the RTD:

Ag _ FO)AN
q

Wy (6.135)

The control volume size can be related to the incremental residual life. The incremental
residual life is the time it takes for a fluid to pass through the control volume; therefore, we
may write

AV
7 = AL (6.136)
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Equation 6.132 can be rearranged

Ca(h+ AN) + ﬂCAO - ﬂ(—rA) = /1 + ﬂ\ Ca(n) (6.137)
q q k q J

Substitute the terms from Equations 6.135 and 6.136 to give

Caln+ AN+ T8N 0 ) = (1 NPAQLTATN (6138)

W) W) )

Rearrange and take the limit as the control volume tends to the differential element

% + fo(&))(cm -Ca)=(-ma) =0 (6.139)

Equation 6.139 is solved to determine the concentration at the reactor outlet. The equa-
tion usually requires a numerical solution. An initial condition is also required. In this
case, what is known is the inlet concentration at A = . From a practical perspective, the
solution is started by selecting an arbitrarily large value of A and integrating numerically
until A = 0 is reached. The solution of the maximum mixedness model with an exponential
RTD curve gives the same solution as the perfectly mixed CSTR. A comparison of the seg-
regated flow and maximum mixedness models is given in the next section.

6.6.6 Bounding Mixing Regions

Two different models for mixing have been considered in the previous sections and the
question naturally arises as to the situation prevailing in a given reactor. Although it may
not be possible to determine the amount of mixing in a reactor and hence obtain an exact
prediction of conversion, it is often possible at least to determine the bounds on the expected
conversion. For any given RTD, the completely segregated flow model and the maximum
mixedness model give bounds to the level of micromixing in the reactor. This bounding
may be represented by the diagram shown in Figure 6.30. The horizontal axis represents
the extent of macromixing as defined by the RTD. The vertical axis represents the amount
of micromixing, which can vary from zero (segregated flow reactor) to perfect mixing
(maximum mixedness model). A plug flow reactor is always a segregated flow reactor while
a stirred tank can vary between perfect mixing and segregated flow. The normal region
bounds the conversion that can be expected in a real reactor operating without bypassing.

The effect of varying levels of mixing can be illustrated by considering the RTD for the
tanks-in-series model. See Zwietering (1959) for more details on this illustration and the
maximum mixedness model in general. We shall take the case of second-order kinetics,
as used in Example 6.5. The segregated flow model is applied by substituting the tanks-
in-series RTD and the batch reactor concentration from Equation 6.123 into Equation 6.131
to give

p 17" NNy t
Car=||kt+—| ———~+ -N—|dt .
v [ +CAO] - (Vi) (6140
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FIGURE 6.30

The bounding of the micro- and macromixing regions are shown. For flow without bypassing, the conversion
is bounded by a region delineated by the PFR, the perfectly mixed CSTR, and the segregated tank reactor.
(Adapted from Nauman, E.B. and B.A. Buffham, Mixing in Continuous Flow Systems, 1983, New York, Copyright
Wiley-VCH Verlag GmbH & Co. KGaA.)

Equation 6.140 can be written in dimensionless form using the normalized residence
time, which after rearrangement gives

N INN
ﬂCAOkt 0+1] (N wexp(—NB)dB (6.141)

As in Example 6.5, we characterize the system by the value of t,, k C,,. For example, for a
value of 10, Equation 6.141 becomes

Car _ N 0¥ (-N6)de 6.142
Cho (N-1)!{[1oe+1]eXp } (6142

Finally, the number of tanks in series is specified and the integral expression can be
integrated numerically to determine the outlet concentration and hence the fractional
conversion. This operation is repeated for any desired value of ¢, k C,, and number of

tanks.
To apply the maximum mixedness model to this system, we first write Equation 6.139 in

terms of the normalized residence time. Note that

t.f(V) = £(6), WQ.) = W), di =t,de (6.143)

Equation 6.139 is then written as

dCh . fO)

r a6 T W) (Cao =Ca)=(-1a) =0 (6.144)
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Now substitute the RTD and the washout functions into Equation 6.144 to obtain
dcs  (6V'NY/(N - 1)t)exp(-N6)

+ A
vy, exp(—NB)E (owiy

(Cao - Ca)=(-1a) = 0 (6.145)

The second-order rate expression and the fractional conversion can be introduced
directly into Equation 6.145 to give, after simplification

N-17z7N
dXA _ (e N /(N - Dl)XA + kCAO tm(l _ XA)Z -0 (6146)

do E Z:(e’N"/iz)

Equation 6.146 must be integrated numerically for a specified number of tanks and value
of t,, k Cyo. Select an arbitrarily large value for 6, for which the conversion is zero. Then
integrate the equation numerically until a value of 8 = 0, at which point the conversion will
correspond to the outlet conversion.

Finally, we can calculate the conversion that would be obtained from a series of equal-
sized tanks with perfect micromixing in each tank using the mole balance equations from
Chapter 3 for a CSTR. The conversion from the three types of system is shown below for
two and three tanks in series (results taken from Zwietering, 1959).

Two Tanks in Series Three Tanks in Series

t, k Cyp 5 10 20 30 5 10 20 30

Complete segregation ~ 0.768  0.860 0920 0944 0791 0878 0933 0.954
Maximum mixedness 0713 0804 0.868 0.896 0.748 0.834 0.894 0.919
CSTR in series 0725 0814 0878 0906 0.758 0.845 0.904 0.929

Note that the system of two perfectly micromixed reactors gives a higher conversion
than the maximum mixedness model, and less than the segregation model. This result
shows that the physical limit on micromixing that can be achieved in CSTR in series is less
than the maximum mixedness state. To achieve maximum mixedness with the tanks in
series RTD, another reactor configuration must be selected, for example, a plug flow reac-
tor with side entrances.

The effect of micromixing on the conversion is often small. In order for micromixing to
have a strong effect, the conversion must be relatively high, the kinetics must be nonlinear
and the flow pattern must deviate significantly from plug flow. Most gas-phase systems
and liquid systems of low viscosity operate near the limit of maximum mixedness, and in
such systems, the RTD may be sufficient to quantify the effects of nonideal behavior.

6.7 Summary

The analysis of nonideal reactors is one of the more challenging aspects of chemical reac-
tion engineering. The material presented in this chapter represents an introduction to this
area, and more detail can be found in the references cited. In some cases, the RTD can be
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used as a tool for the diagnosis of nonideal behavior, and can be combined with a mixing
model to estimate reactor conversion. The approaches discussed are most appropriate for
flowing systems in turbulent flow where the feed is mixed prior to entering the reactor
vessel. In cases such as a fed batch reactor, the RTD approach is not very useful, and in
situations where mixing is important, more sophisticated models must be used.

PROBLEMS

6.1 Consider a system of two perfectly mixed tanks connected as shown in Figure 6.P1.
Determine the RTD for the system by assuming that a pulse is injected into the
first tank.

6.2 Consider a system of three perfectly mixed tanks of volumes V,, V,, and V; con-
nected as shown in Figure 6.P2. The total volumetric flow rate to the system is
denoted Q. The fraction of the total flow rate that flows into vessel 2 is given by
o.. Calculate the residence time distribution function, f(t), for the system in terms
of the space times for the tanks. The three space times are given by

4 Va Vs
=, To=—~, T3=_—
Q aQ (1-a)Q
3 |
vl
1-a)Q

“? Vzob

FIGURE 6.P1
Arrangement of tanks and flows for Problem 6.1.

e—3 1
Vl

(1-0)Q

aQ

FIGURE 6.P2
Arrangement of tanks and flows for Problem 6.2.
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6.3 The data shown below are the concentration response to a pulse input to a ves-
sel. Compute the RTD function and compare its values to a CSTR that has the
same mean residence time.

t(s) 0 01 02 1 2 5 10 30
C(mol/L) 050 040 034 030 025 014 004 0.002

64 For the system shown in Problem 6.1, calculate the conversion obtained for a
second-order reaction with f,, k C,, =10 when both reactors are the same size
and o = 0.25. Compare the results obtained using the segregated flow model to
that found assuming that each CSTR is perfectly micromixed.

6.5 For the system shown in Problem 6.2, calculate the conversion obtained for a
second-order reaction with ¢, k C,, =10 when reactor one is 50% of the total
volume and the other two reactors are the same size and o = 0.25. Compare the
results obtained using the segregated flow model to that found assuming that
each CSTR is perfectly micromixed.

6.6 The response to a pulse input to a packed bed reactor is given in the table below.
Compute the Peclet number for the system and the number of tanks in series
that would be used to model this reactor.

t C t C

7.5 0.0 30.0 11.8
10.0 1.2 325 8.5
12.5 4.5 35.0 6.0
15.0 14.2 37.5 4.1
17.5 40.7 40.0 2.6
20.0 46.4 42.5 1.5
22.5 329 45.0 0.8
25.0 23.5 47.5 0.4
27.5 16.6 50.0 0.0

6.7 Consider the reactor with the residence time distribution given in Example 6.1.
Assume that a second-order reaction in a constant-density system takes place in
such a reactor. Calculate the outlet fractional conversion obtained and compare
the results for

a. The standard tanks-in-series model
b. The fractional tanks model
c. The segregated flow model
d. The maximum mixedness model
Use a value of kt,, C,, =10 in your calculations.

6.8 Consider a column with a cross-sectional area of 0.5 m? filled with spherical
particles to form a packed bed. The porosity (void fraction) of the bed is 0.4 (i.e.,
40% of the column volume is available for fluid flow). Liquid of density 1000 kg/m?
flows through the bed with a mass flow rate of 6 kg/s. A tracer is used to mea-
sure the extent of dispersion in the system. Two probes are placed 180 cm apart
in the bed to record the response of the system to a step change. The first probe
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records that the variance of the RTD curve at that point is 39 s? and the second
probe records that the variance of the RTD curve at that point is 64 s2. Compute
the Peclet number for the system based on these numbers. State and discuss any
assumptions that you make.

6.9 A chemical spill of benzene was recently reported in the North Saskatchewan
river. The progress of the pulse of chemical was recorded at two Environment
Canada monitoring stations located along the river. At the first station, the pulse
was observed to take about 10 h to pass. At the second station, located 170 km
downstream from the first one, the pulse arrived 24 h later and took about 15 h
to pass by. Estimate how far upstream of the first monitoring station the dis-
charge of benzene occurred. State clearly all of your assumptions.

6.10 Two different vessels of 1 m?® volume have a fluid flowing through it at a volu-
metric flow rate of 1 m®/min. An RTD for each of the vessels is obtained by
allowing a pulse of tracer to flow into the vessel and measuring the outlet
response. The outlet concentrations plotted as a function of time for the two dif-
ferent cases are shown in Figure 6.P10a,b, respectively. For each case, propose a
flow system model (that is, specify a combination of tanks and columns) that
would generate the same RTD as the one shown. Calculate the size of each tank
and/or column and specify the flow rates through them.

(@)
20

Concentration

20/e

Time, s

Area = 24
Area =16

Concentration

15 90
Time, s

FIGURE 6.P10
Outlet RTD curves for the vessels in Problem 6.10.
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7

Introduction to Catalysis

In Chapters 3 and 4, we briefly considered some catalytic systems, especially in the example
problems, without going into very much, if any, detail. The remainder of this book is
devoted to catalytic systems, with the goal of providing the reader with a solid foundation
for further study.

In Chapter 1, the plethora of possible products that could be made from a stream of natural
gas was discussed (see Figure 1.1). Although not emphasized in that chapter, it is important
to state that most of the reactors shown in Figure 1.1 require the presence of a catalyst for
optimal efficiency. Indeed, if one were to undertake a survey of all industrial reactors cur-
rently used to manufacture useful products, it would be apparent that the vast majority of
reactions are conducted in the presence of a catalyst. For most reactions of industrial signifi-
cance, the noncatalyzed reaction either is not sufficiently speedy or produces an abundance
of unwanted side reactions. Indeed, many reactions are simply not feasible without the
presence of a catalyst.

To give the simplest definition, a catalyst is a substance that increases the rate of reaction
by providing reaction pathways that have an activation energy that is lower than the one
for the noncatalytic reaction. Note here that we have specifically stated that a catalyst
increases the reaction rate. Although it is actually possible for a catalyst to decrease the
reaction rate (the so-called negative catalyst), such catalysts are of little practical interest,
and for all intents and purposes, we are interested in increasing reaction rates.

The purpose of this chapter is to provide a general introduction to the field of catalysis,
provide some historical perspective, and to show the versatility of catalytic systems. It is
also intended to give a somewhat brief overview of some of the complexities of catalytic
systems. For more detailed discussion of many of these topics, refer to the books given in
the list of suggested reading at the beginning of this book. Subsequent chapters discuss
the heat and mass transfer effects that are significant in catalysis, the development of rate
expressions, as well as some reactor analysis and modeling methodology.

7.1 Origins of Catalysis: Historical Perspectives

Although, strictly speaking, it may not be considered necessary to know the history of
catalysis, it adds somewhat to the appreciation of this field to have some understanding of
its origins and the impact of catalytic processes on the modern lifestyle. Indeed, very few
of the products that we take for granted today would be possible without catalysis, includ-
ing the level of food production, most transportation fuels, plastics, and so on. The list is
almost endless.

The term “catalysis” was coined in 1835 by Berzelius in a review of some of the pioneers of
the area, namely Edmund Davy, ]. W. Dobereiner, and several others. Although this is the first
use of the actual term, the use of catalysis (usually in an unknowing way) has a history that
dates back to prehistorical times. Many of the well-known figures in science have played a
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part in the development of catalysis over the past nearly 200 years, including Faraday, Nernst,
Kirchoff, Ostwald, and many others. Some of these works pre-dated the use of the term “catal-
ysis.” For example, Kirchoff observed that acids could promote the hydrolysis of starch, which
is an early example of homogeneous catalysis. A classic observation was that of Humphrey
Davy, who noted that a platinum wire could sustain a combustion reaction between air and
coal gas. Platinum also featured in the later work of Faraday on the combustion of hydrogen
and oxygen, and some years later platinum was used as a catalyst in the oxidation of sulfur
dioxide to sulfur trioxide, as a first step in the manufacture of sulfuric acid. This reaction was
one of the first catalytic processes of industrial significance. Today, platinum is the key ingre-
dient in most automotive catalytic converters, discussed shortly.

Another extremely important reaction, hydrogenation, which involves the addition of
hydrogen to molecules, was developed in the late 1800s by Sabatier and Normann. The
invention of the process to make a butter substitute, margarine, is considered to be a
milestone in the development of hydrogenation processes that have contributed to the
production of food and other products.

One of the most important developments in catalysis was the synthesis of ammonia
from nitrogen and hydrogen, discovered in 1909 by Fritz Haber. The process was commer-
cialized by BASF in the following years, and this process permitted the production of low-
cost fertilizer, which ultimately allowed for the plentiful production of inexpensive food.
Other important reactions developed around this time included the Fischer-Tropsch
process, in which synthesis gas could be converted into hydrocarbons and alcohols. This
process is commercially practiced by SASOL in South Africa today, and is the subject of
renewed interest today.

Given the importance of the automobile in today’s economy and society in general, it is
pertinent to observe that catalysis has played a significant role in the development of
transportation fuels. Catalytic cracking appeared in 1937. In this process, large hydrocarbon
molecules are broken into smaller ones suitable for inclusion in gasoline and diesel fuel.
This reaction uses an acid-based catalyst. Reforming, in which straight-chain hydrocarbons
are turned into cyclic ones and dehydrogenated to form aromatics, appeared prior to World
War 1II, and was developed extensively in the 1950s and afterwards. This reaction became
especially important in the production of high-octane gasoline after the use of lead-containing
additives was banned from gasoline in the 1970s. Over the last few decades, the use of
higher-sulfur-content crude oils has become commonplace, which has seen the extensive
development of hydrodesulfurization processes, in which the sulfur is reacted with hydro-
gen to produce hydrogen sulfide, which is easily separated from the reactor effluent.

During the 1960s, concern over air pollution became increasingly prevalent, especially
emissions from automobiles in large population centers. Incomplete combustion resulted
in large amounts of hydrocarbons and carbon monoxide being emitted, as well as oxides
of nitrogen formed by the oxidation of nitrogen present in the combustion air. In what
must be considered one of the great triumphs of catalytic reaction engineering, catalytic
converters were developed that were able to eliminate virtually all of the unwanted emis-
sions from gasoline engines operated in stoichiometric mode. Lean burn engines, such as
the diesel engine, presented greater challenges, but today there are commercial converters
for these engines as well.

The preceding paragraphs give a very small sample of the significant catalytic systems
that are in use today, and further information can be found in some of the books suggested
for further reading.

A final observation to make in this section is that the study of catalysis, including the
development of new catalysts, draws upon a wide range of fields, and includes organic and
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surface chemistry, chemical kinetics, thermodynamics, materials science, and the emerg-
ing field of nanotechnology. Both scientists and engineers are involved in catalysis at the
fundamental and applied levels. Much of the early work in catalytic systems, and the
development of many catalytic processes, was done with a large amount of empirical work.
Although there is as of yet no single unified theory of catalysis, progress is being made
toward the fundamental design of catalysts for desired processes.

7.2 Definitions and Fundamental Concepts

This section introduces some of the main definitions and concepts that build a foundation
for the field of catalysis. Several of these concepts are expanded on in much greater detail
in subsequent chapters.

7.2.1 Classification by Number of Phases

The first half of this book focuses on homogeneous reactions, where the reactants and
products are all in the same phase. Heterogeneous reactions, such as the combustion of
coal, were mentioned but not considered in detail. In catalytic systems, the type of catalyst
used is classified according to the number of phases present. Thus, the distinction is made
between homogeneous, heterogeneous, and heterohomogeneous catalysts. In homoge-
neous catalysis, the reactants, products, and catalyst all have the same phase. An example
is a liquid-phase reaction that is catalyzed by an acid, where the acid is added in liquid
form (e.g., sulfuric acid). Today, there are few industrially significant reactions that use a
homogeneous catalyst, and such systems are not considered further in this book. The most
common form of a catalyst is a solid, with the reactants and products being liquids or gases
(or, infrequently, solids). This system is heterogeneous, and the reaction occurs at the
fluid—solid interface. The reaction proceeds through a series of mass transfer and adsorp-
tion steps, which are discussed in the following sections and subsequent chapters. A
hybrid catalytic system is the heterohomogeneous system. In this case, a solid catalyst can
play the role of generating species that promote the reaction in the fluid phase. An example
is catalytically stabilized combustion. Standard homogeneous combustion occurs in the
gas phase, and involves free radicals that may be formed when larger molecules are bro-
ken through collisions. If a solid catalyst is present, it may act to generate free radicals at a
lower temperature and pressure than the homogeneous state. These free radicals may
migrate from the solid surface to the gas phase and initiate reactions. The remainder of
this book is devoted to heterogeneous catalytic systems.

7.2.2 Catalyst Activity and Active Sites

The catalyst activity can be represented in a number of different ways, but it essentially
refers to the rate at which the reactants are turned into products. As such, it is related to
the reaction rate, which is used to analyze all reactive processes.

A heterogeneous catalytic reaction occurs on the solid surface and, in very simple terms,
involves a reaction between the surface and the reactants. This fact has the result that
catalytic reactions require specific locations on the surface, called active sites, at which the
chemical reaction proceeds. Surfaces at the molecular level are not uniform, and their
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properties at this scale depend on things such as local structure, density of atoms, orientation
of crystal faces, among others. Many catalysts (as discussed shortly) consist of a metal
spread out on a support, and the dispersion of these metal atoms has an effect on the number
and type of active site. The type of surface site and its electronic properties at the atomic
level determine its activity for various chemical reactions.

Because the number of active sites on the surface affects the activity, it is common in the
literature to quantify catalyst activity in terms of the active sites. Hence, the turnover
number (or turnover frequency) is defined as the number of molecules that react per active
site per unit of time. The drawback of this measure is that it can be difficult to determine
accurately the number of active sites present on the surface.

7.2.3 Adsorption

A necessary first step in a heterogeneous catalytic reaction is the adsorption of at least one
of the reactants on the catalyst surface. Adsorption can be defined as a concentration of
species at the fluid—solid interface as a result of unbalanced molecular forces. Adsorption
is divided into physical adsorption, which results primarily from low-strength forces, and
chemical adsorption (chemisorption), which is akin to a chemical reaction. Chemisorption
occurs only at the active sites, while physical adsorption is fairly indiscriminate. Adsorption
is discussed in detail in Chapter 8 because it represents such a fundamental role in the
catalytic process.

7.2.4 Selectivity and Functionality

If we return to our example of the reactions involving synthesis gas (a mixture of CO and
H,), we will recall that many different products are possible. The actual product distribu-
tion will depend on the catalyst used, as well as the operating temperature and pressure.
The selectivity of the catalyst is a measure of its ability to promote one reaction pathway
over another, and thus determine the product distribution. A major benefit of using a
catalyst is its ability to change the selectivity of a reaction. When selecting a catalyst for a
process, the selectivity and activity will both be important, and in some cases activity will
be sacrificed to achieve better selectivity. It is also important to note that selectivity may
change with temperature and pressure.

A related concept to the selectivity is the functionality of the catalyst. The functionality,
in a general sense, describes the role that the active site plays in the reaction. For example,
some reaction mechanisms proceed through steps that involve the formation of intermedi-
ate products. These intermediates may be formed on one type of site, and then require
another type to advance to the final product. One example is the production of dimethyl
ether (DME) from synthesis gas. This reaction may be carried out on a single bifunctional
catalyst. The synthesis gas is first reacted to form methanol using a metal active site, and
then the methanol undergoes further reaction to form DME and water on an acidic site.

7.3 Thermodynamics

A catalyst provides a lower-energy pathway for the reaction than the homogeneous case. A
typical potential energy plot for a catalytic reaction is shown in Figure 71, which is similar in
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FIGURE 7.1
Energy plot for a heterogeneous catalytic reaction. The catalyst lowers the energy barrier for reaction, compared
to the noncatalytic reaction, and thus increases the reaction rate.

concept to the one discussed in Chapter 5. In Figure 71, the overall energy barrier for the
catalytic reaction is lower than the corresponding barrier for the homogeneous reaction. Thus,
for a given energy distribution among reactant molecules, a higher proportion will have
enough energy to react, and thus the rate of reaction is increased. The activation energy for
both the forward and the reverse reactions is lowered; therefore, the rates of both forward and
reverse reactions are affected. The equilibrium position is thus not changed. Another differ-
ence for the energy plot associated with the catalytic reaction is the small energy minima that
correspond to the adsorbed species. We start with the gas-phase reactants at a given energy
level. Then, as mentioned in the previous section, the reactant molecules adsorb on the sur-
face. The adsorbed molecules generally have a lower energy state than the gas-phase mole-
cules. The reactants then must cross the energy barrier to form adsorbed products, which are
then desorbed to gas-phase products. As with the adsorbed reactants, the adsorbed products
typically have a lower energy state than the gas-phase products.

It should also be emphasized again that the equilibrium for a catalytic reaction should
be considered to be a constrained equilibrium, in as much as the product distribution is
constrained by the reactions that are promoted by the catalyst. Thus, to compute the equi-
librium composition, the list of possible products must be known. Not all catalyst will
promote all possible reactions equally; thus, this information is important. Indeed, one of
the significant properties of a given catalyst formulation is its ability to promote desired
over undesired reactions.

7.4 Catalyst Types and Basic Structure
7.4.1 Basic Catalyst Structure

Heterogeneous catalysts can assume a variety of forms, and the purpose of this section is
to give an overview of the more common types. The structure of the catalyst is important
because it determines, among other things, the nature of the mass and energy transport
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that occurs in the reaction. The primary structure types that must be understood include
supported and unsupported catalysts, and porous and nonporous catalysts.

Prior to expanding on these terms, we discuss briefly the porous structure of materials.
Many natural and man-made materials have a significant fraction of void space contained
within the solid. In other words, the material consists of a solid matrix containing pores,
which are void space typically filled with fluid. For a given volume of material, a porous
one will clearly have a larger fluid /solid interfacial surface area than a nonporous one. For
example, a cube of nonporous material measuring 1 cm on a side would have a surface
area of 6 cm?. If the same cube of material had a porosity of 50% which was composed of
pores of 10 nm in diameter, then the surface area can stretch into the hundreds of m?2.
Because heterogeneous catalysis is primarily a surface phenomenon, such a high surface
area will tend to make the catalyst more active, although the final activity is determined
by the number of active sites on the surface. In catalytic systems, a distinction is often
made between the external surface of the catalyst particle, which corresponds to the mac-
roscopic boundary between the particle and the fluid, and the internal surface, which is
the fluid-solid interface on the surface of the pores.

Porous microstructures can exist in many forms, and some examples are shown in
Figure 7.2. In Figure 7.2a, the structure is in the form of capillaries arranged in a somewhat
random way. In Figure 7.2b, the structure that could arise from the use of a selection of
spherical microparticles to form structure is shown. This method of formation is quite
common in catalysis. In some cases, the spherical microparticles have a porosity of their
own. The consequences on the catalytic behavior, specifically the mass transfer within the
catalyst, are discussed in Chapter 9. Finally, Figure 7.2c shows a porous structure that con-
tains dead-end pores.

In catalysts that employ relatively high surface area supports, the surface area (measured
by physical adsorption; see Chapter 11) is typically of the order of 10-200 m?/g, although
areas up to 1000 m?/g are possible. This high surface area is achieved by using small pores
in the catalyst support. Typically, catalyst pores are divided into micropores, mesopores,
and macropores. Micropores have a diameter <2 nm, mesopores have a diameter between
2 and 50 nm, while macropores have a diameter >50 nm. Other classifications are used,
and some care should be exercised.

Many common catalysts have a narrow size distribution centered around 5-10 nm.
Some other catalysts show a bimodal type of pore size distribution with mesopores and
macropores. Such catalysts are often made by pressing together small particles of catalyst
into a larger pellet (see Figure 7.2a). In this case, the mesopores correspond to the porosity
of the particles, while the macroporosity results from the voidage left by pressing the
particles together. The pore size distribution is often plotted as a function of [1V/[]1In(r),

FIGURE 7.2
Examples of typical porous structures. (a) A structure of random capillaries; (b) spheres of different sizes fused
together; and (c) a structure of irregular pores with dead-end volume.



Introduction to Catalysis 319

AV
Aln(r)
1 10 100 1000
r (nm)
AV
Aln(r)
1 10 100 1000
r (nm)

FIGURE 7.3
A typical bimodal pore size distribution.

where AV is the fraction of void volume in the incremental radius, []In(r). Typical uni-
modal and bimodal size distributions are shown in Figure 7.3. The porosity is defined as
e = p,V,, where p, = pellet density and V.= void volume. The surface area, pore volume,
and pore size distribution can be obtained experimentally, as described in Chapter 11.

7.4.2 Supported Catalysts

Many catalytically useful materials do not have a significant porous structure. An example
is metals (discussed in the next section), which are very often used as catalysts, as discussed
in the following section. When the catalytic material to be used does not have a porous
structure, and a high surface area is desired, then the active material may be spread out on
the surface of a porous support material. This method is commonly employed for metal
catalysts. Such catalysts are called supported catalysts, and the nature and design of the
support is often a critical factor in the effectiveness of a catalyst.

7.4.3 Metal Catalysts

Metals comprise some of the most commonly used catalytic materials, and as such they
warrant some discussion. They are particularly useful in reactions that involve hydrogen,
but they are used in a wide variety of industrial systems. Some of these reactions will be
discussed shortly. In some cases, the metal may be used in massive form, for example, as
wires or metal gauzes. This type of catalyst would have a relatively low surface area to
volume ratio, and thus a low number of active sites. When the catalytic material is used
alone to form the catalytic structure, then the catalyst is said to be unsupported.
Unsupported catalysts are often used when a very high activity is not desired, or there are
serious mass and heat transfer issues involved in the reaction. These issues are further
discussed in Chapters 9 and 10.
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It is much more common when using metal catalysts to employ a porous support
material, as discussed in Section 7.4.2. When metals are supported in this manner, they
may be very finely spread out on the support surface. In the most extreme case, all of the
metal atoms used in the catalyst will lie on the support surface. The general term for the
fraction of the metal that is exposed at the surface is called the dispersion, and the higher
the dispersion the more metal will lie on the surface. The degree of dispersion can be one
of the significant factors that determine the catalyst activity. Other factors include the
crystal structure of the exposed metal atoms, and the interaction between the metal and
the support. Some reactions involve single atoms of metal on the surface, while others may
require that metal atoms be grouped on the surface with a specific spacing. The methods
of catalyst manufacture can be instrumental in determining the ultimate activity. Not
surprisingly, the recipes for many industrial catalysts are closely guarded secrets.

7.4.4 Deactivation

It is an unfortunate fact that most catalysts lose their activity with time on stream, which
is called deactivation. Deactivation processes may occur in a matter of seconds of reaction
time (e.g., catalytic cracking) or over many years. The time scale of deactivation is an
important consideration for reactor design.

Catalyst deactivation can be caused by a variety of factors. Poisoning of the active sites
can result when an impurity in the feed adsorbs on the active sites, rendering them
inactive. Sulfur compounds, for example, are a common poison for many catalysts, espe-
cially platinum and other noble metals. Fouling of the catalyst surface occurs when active
sites are physically blocked or isolated. An example is when the surface is covered by
carbon deposits caused by side reactions. This deposit occurs, for example, in catalytic
cracking reactions. Other reasons for deactivation include a physical degradation of
the catalyst surface, or a change in the chemical composition, rendering the active sites
less active.

Deactivated catalysts may in some cases be reactivated by appropriate treatments. For
example, catalytic cracking catalysts are reactivated by burning off the carbon that
accumulates on the surface. In other cases, deactivated catalysts must be replaced.

